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Summary 
 
Fluid bed coating is a flexible and versatile process commonly used in the manufacture of 
pharmaceutical and biotechnological products. Fluid beds have important advantages over 
other types of granulators including good heat and mass transfer, temperature homogeneity, 
mechanical simplicity and one-pot processing capabilities. The basic principle is to atomise a 
liquid into a bed of fluidised particles. The liquid spray typically consists of a solute which 
acts as a coating medium, and a solvent in which the solute is dissolved or dispersed. By 
contacting the core particles the liquid droplets spread and partly penetrate into the core pores. 
The warm fluidisation air evaporates the solvent, leaving a coating layer of solute on the 
particle surfaces. Particle growth can occur by either inter-particle agglomeration or by 
surface coating. Agglomeration occurs when liquid bridges of coating solution form between 
colliding particles. If the liquid bridge is strong enough to prevent subsequent particle 
separation, the liquid bridge solidifies resulting in a permanent agglomerate. In coating 
processes, agglomeration is generally unwanted and a number of other potential problems 
associated with the process include: spray drying loss of atomised coating droplets, attrition 
and breakage of the core particles and coating layer, deactivation of the active ingredient due 
to high temperature/humidity exposure and more. By constituting the boundaries these 
potential problems in all define the fluid bed coating process optimisation problem, and the 
engineering challenge is to navigate in between these often narrow borderlines. 
 
Industrial enzyme products are often subjected to fluid bed coating processes because product 
handling is easier and the enzyme storage stability is better in a dry granule than in a liquid 
formulation. Furthermore, it is important that the enzyme products are produced with a 
constant high quality. Consequently, the choice of process conditions and formulation 
ingredients become critical and preferably rely on a detailed insight into the various 
phenomena and processes occurring during fluid bed coating. 
 
The objectives of this thesis are to investigate particle- and process-related phenomena 
influencing the top-spray batch fluid bed coating process, primarily in terms of agglomeration 
tendency and coating layer properties such as mechanical strength and morphology. In 
continuation of this, the focus is on obtaining a fundamental understanding of fluid bed 
coating process scale-up. Taking its origin in industrial enzyme fluid bed coating processes, 
the research work is focussed on the two most common types of coating processes being 
coating with aqueous inorganic salt solutions (exemplified in terms of aqueous solutions of 
sodium sulphate) and coating with aqueous solutions of polymers (exemplified in terms of 
aqueous solutions of polyvinyl alcohol (PVA) with dispersed TiO2 particles). Placebo coating 
experiments are carried out in three top-spray pilot-scale fluid beds ranging in capacity from a 
core particle bed load of 0.5 kg, 4 kg and 24 kg.   
 
Initially, two statistical data-driven models are derived from a double unreplicated 24-1 
fractional factor design applied in order to investigate the influence of the fluidisation 
velocity, atomisation air pressure, coating solution dry-matter concentration and bed 
temperature on two response parameters being; agglomeration tendency and impact strength 
of salt coated sodium sulphate cores. The agglomeration model indicates decreasing 
agglomeration tendency with increasing coating solution dry-matter concentration and 
atomisation air pressure, whereas the impact strength model indicate increasing impact 
strength with increasing coating solution dry-matter concentration, atomisation air pressure 
and bed temperature. The observed impact strength tendencies are concluded to be closely 
associated with a high extent of coating solution droplet penetration into the Na2SO4 cores.  
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Furthermore, two simple scale-up principles are tested on the salt coating process being the 
Flux Number and the combined Relative Droplet Size/Drying Force principles. Neither of the 
two scale-up principles specifies all the variables involved in the process, and both of the 
scale-up principles are dependent on proper choices of e.g. the inlet fluidisation air 
temperature, which is an unfortunate feature. With qualified choices of certain process 
variables, however, it is demonstrated for both scale-up principles that it is possible to 
maintain a low tendency of agglomeration and match the particle size distribution across the 
three pilot-scale fluid beds. With the Flux Number approach this is, nevertheless, only 
achieved for a very slow coating process with significant spray drying loss of the coating 
solution. It is observed how two coating processes with identical Flux Number values may 
result in completely different agglomeration tendencies based on the choice of the variables 
constituting the Flux Number. This is concluded to result from the broad process variable 
guidelines provided by the inventors of the Flux Number leading to too many possible process 
variable combinations for the same Flux Number value. New boundaries are suggested in the 
present work that are narrower than the ones presented in the original patent, but even so, the 
Flux Number scale-up approach is concluded to be a too simple approach to be used as a 
generic scale-up principle. With the qualified choices for the variables constituting the 
Relative Droplet size and Drying Force parameters, results from similar salt coating 
experiments indicate that it is possible to keep the agglomeration tendency low and at the 
same time match the particle size distribution across the three pilot-scale fluid beds. For the 
scale-up in terms of the combined Relative Droplet Size/Drying Force principle, impact and 
attrition tests indicate that it is possible to produce granules with similar attrition and impact 
strength across fluid bed scale, and that the two types of properties are inversely related.    
   
Following the experimental studies of the top-spray inorganic salt fluid bed coating process a 
lumped-region dynamic heat and mass transfer model is developed, enabling the calculation 
of the fluidisation air temperature and humidity as well as particle moisture contents and 
temperature. The model results are in good agreement with steady state experimental data for 
important variables such as the fluidisation air outlet temperature and humidity as well as the 
bed temperature. Simulations reveal that the three pilot-scale fluid beds are not significantly 
different with respect to steady state in-bed conditions. As long as the atomisation air 
pressure, liquid spray rate and fluidisation air velocity (in m/s) are all above certain values, 
similar inlet fluidisation air temperatures in the three scales will lead to similar low tendencies 
of agglomeration while the process intensity is maintained. This is because such process 
conditions give similar vertical temperature, humidity and Drying Force profiles again leading 
to similar particle liquid layer thicknesses which in turn cause similar tendency of 
agglomeration as verified using the viscous Stokes theory. Simulations of a 900 kg RICA-
TEC production-scale fluid bed reveal that the vertical temperature and humidity gradients 
increase significantly with respect to the pilot-scales, meaning that the error of measuring a 
representative bed temperature at one location (as typically done industrially) becomes much 
larger. The previously tested simple scale-up principles are concluded not to be useful when 
transferring the coating process from pilot-scale into production-scale fluid beds. 
Furthermore, it is observed that if the inlet temperature is fixed across scale then the spray 
intensity must be decreased the larger the fluid bed scale in order to avoid agglomeration. 
This is a consequence of the poor mixing and longer particle circulation times the higher the 
fluidised bed is. For similar process intensity the coating process becomes increasingly 
sensitive towards the tendency of agglomeration the larger the fluid bed scale. It is concluded 
that scale-up of the top-spray fluid bed coating process should be done with the support from 
a mathematical model as the one developed. It hereby becomes possible to simulate and 
optimise the coating process individually at each scale. 
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The PVA/TiO2 coating process is studied next in the pursuit of finding the causes why 
polymer and inorganic salt solutions cannot be processed under similar fluid bed process 
condition without resulting in significantly different agglomeration tendencies. Fluid bed 
coating experiments with different values of the Drying Force and the liquid spray rate 
indicate that the PVA/TiO2 coating process is much more sensitive towards agglomeration 
under similar thermodynamic and spray operating conditions. Detailed studies show that such 
differences do not arise solely from differences in coating solution bulk viscosity or from 
differences in mean droplet diameters. Rather, the different behaviour results from differences 
in stickiness (tack) measured in terms of a probe tack tester developed for the purpose. 
Realising that the PVA/TiO2 coating solution is a colloidal dispersion of TiO2 particles this is 
made use of to suppress the tendency of agglomeration by substituting some of the PVA/TiO2 
with lubricant and plasticizer in the form of Neodol 23-6.5, and further reduce pH to a value 
far from the isoelectric point. In terms of this it is possible to arrive at an agglomeration 
tendency within range of the agglomeration tendency for a salt coating process processed 
under similar conditions.  
 
For the polymer fluid bed coating process a tack Stokes number is introduced as a better 
measure of the agglomeration tendency in comparison with the traditional viscous Stokes 
theory. This new number is based on the work needed to reach maximum tack (above which 
breakage occurs) in the probe tack test instead of the viscous dissipation energy. The new tack 
Stokes number correlates well with observed levels of agglomeration, and as a promising 
feature, proportionality is observed between the agglomeration weight percentage and the new 
tack Stokes number. The reason for the better performance of the tack Stokes number is 
concluded to be influenced by the liquid layer thickness. It is argued that in the polymer fluid 
bed coating process the coating liquid layer is very thin and sticky, meaning that any 
agglomeration tendency is due to liquid surface phenomena rather than due to bulk viscous 
phenomena. Such surface phenomena are concluded to be well predicted by the developed 
probe tack test. Results from the polymer coating study illustrate that the optimisation of a 
fluid bed coating process should focus also on the coating solution formulation besides 
focussing on process-related variables. 
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Resumé (Summary in Danish) 
 
Coating af partikler i et fluidiseret leje er en fleksibel og alsidig proces, der finder udbredt 
anvendelse i fremstillingen af farmaceutiske og bioteknologiske produkter. Fluidiseretleje-
granulatorer har en række vigtige fordele i forhold til andre typer af granulatorer såsom gode 
varme- og masseovergangsegenskaber, temperaturhomogenitet, designsimplicitet og 
muligheden for at foretage flere typer af processer i det samme udstyr. Basalt set handler 
fluidiseretlejecoating om at forstøve en væske ned på et leje af fluidiserede partikler. Den 
væskeholdige forstøvning består typisk af et fastformigt stof, der udgør coatingsmediet, og et 
solvent, i hvilken det fastformige stof er opløst eller dispergeret. Ved kontakt mellem de våde 
dråber og partiklerne i lejet spredes dråberne ud på partikeloverfladerne og trænger delvist ind 
i partiklernes porer. Den varme fluidiseringsluft fordamper solventet, hvorved der gradvist 
dannes et coatingslag på hver partikeloverflade. De fluidiserede partikler kan vokse i størrelse 
enten pga. overfladecoating eller pga. partikel-partikel agglomerering. Agglomerering opstår, 
når våde væskebroer dannes mellem kolliderende partikler. Hvis denne væskebro er stærk nok 
til at modstå efterfølgende partikelseparation, vil væskebroen størkne og et permanent 
agglomerat hermed være dannet. I coatingsprocesser er agglomerering typisk uønsket, og en 
række andre problemer i processen inkluderer spraytørringstab af de forstøvede væskedråber, 
slitage og brud af partikler og af coatingslaget, deaktivering af den aktive komponent pga. høj 
leje-temperatur og/eller høj fugtighed i lejet etc. Disse potentielle problemer forbundet med 
coating i et fluidiseret leje udgør det samlede optimeringsproblem, og den ingeniørmæssige 
udfordring består i at navigere indenfor disse ofte snævre grænser. 
 
Industrielle enzymprodukter involverer ofte coating i et fluidiseret leje, idet produkt-
håndtering er lettere og enzymets opbevaringsstabilitet bedre i et tørt granulat end i en 
flydende formulering. Endvidere er det vigtigt, at enzymprodukter produceres med en 
konstant høj kvalitet. Som en konsekvens af dette er valg af proces- og formulerings-
betingelser særdeles vigtige, hvilket igen kræver detaljeret viden og indsigt i de mange 
forskelligartede fænomener, der optræder i en coatingsprocess i et fluidiseret leje. 
 
Formålet med denne afhandling er at undersøge partikel- og procesrelaterede fænomener, der 
influerer coatingsprocesser med topforstøvning i et fluidiseret leje – dette primært med fokus 
på agglomereringstendens og egenskaber i coatingslaget såsom mekaniske egenskaber og 
morfologi. I fortsættelse af dette er fokus rettet mod at opnå en fundamental forståelse for 
opskalering af coatingsprocesser i fluidiserede lejer. Med udgangspunkt i industrielle 
enzymgranulater har forskningsarbejdet omdrejningspunkt i de to mest almindelige 
coatingsprocesser i fluidiseretleje: coating med vandige uorganiske saltopløsninger 
(eksemplificeret ved vandige opløsninger af natriumsulfat) og coating med vandige 
opløsninger af polymerer (eksemplificeret ved vandige opløsninger af polyvinylalkohol 
(PVA) med dispergerede TiO2 partikler). Placebocoatingseksperimenter er udført i tre 
fluidiserede lejer med topforstøvning i pilotskala spændende i partikelkapacitet fra 0,5 kg,      
4 kg og til 24 kg. 
 
To statistiske datadrevne modeller er udledt fra et dobbelt ikke-gentaget 24-1 fraktioneret 
faktordesign anvendt på saltcoatingsprocessen af natriumsulfatkerner for herigennem at 
undersøge indflydelsen af fluidiseringshastigheden, atomiseringsluftens dysetryk, coatings-
opløsningens tørstofindhold og lejets temperatur på to responsparametre; agglomererings-
tendens under coating og slagstyrke af de færdige granulater. Den udledte agglomererings-
model indikerer faldende agglomereringstendens med stigende tørstofindhold af coatings-
opløsningen såvel som med stigende dysetryk af atomiseringsluften. Tilsvarende indikerer 
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slagstyrkemodellen stigende slagstyrke med stigende tørstofindhold af coatingsopløsningen, 
dysetryk af atomiseringsluften samt temperaturen i lejet. De observerede slagstyrketendenser 
konkluderes at være tæt forbundne med høje grader af dråbeindtrængning ind i natrium-
sulfatkernerne. 
 
Endvidere testes to simple opskaleringsprincipper på saltcoatingsprocessen: Fluxtallet og det 
kombinerede relative dråbestørrelse/lejets tørringskraft. Ingen af de to principper specificerer 
alle variable involveret i processen, og begge principper er afhængige af behørige valg af 
eksempelvis fluidiseringsluftens indgangstemperatur, hvilket er upraktisk. Med kvalificerede 
valg af bestemte procesvariable demonstreres det dog for begge skaleringsprincipper, at det er 
muligt at opretholde en lav agglomereringsgrad og samtidig matche partikelstørrelses-
fordelingen henover de tre udstyrsskalaer. Dette er dog for fluxtalsprincippet kun opnåeligt 
under en langsom coatingsprocess med et betydeligt spraytørringstab til følge. Det observeres, 
hvordan to coatingsprocesser med identiske fluxtal kan lede til markant forskellige 
agglomereringstendenser ud fra valget af de variable, der udgør fluxtallet. Dette konkluderes 
at stamme fra de meget brede variabelretningslinjer, som er givet af opfinderne af fluxtallet, 
hvilket leder til for mange mulige kombinationer af procesvariable for den samme værdi af 
fluxtallet. Nye og mere strikse retningslinjer foreslås i det nærværende arbejde, men på trods 
af dette konkluderes fluxtalsskaleringsprincippet at være en for simpel tilgang til coating i 
fluidiseretleje til at kunne anvendes som et generisk opskaleringsprincip. Med kvalificerede 
valg for de variable, der udgør den relative dråbestørrelse og lejets tørringskraft, demonstreres 
det for tilsvarende saltcoatingseksperimenter, at det er muligt at holde agglomererings-
tendensen lav og på samme tid matche partikelstørrelsesfordelingen henover skala. For 
opskalering ved hjælp af det kombineret relative dråbstørrelse/lejets tørringskraftprincip vises 
det endvidere, at det er muligt at producere granulater med samme slid- og slagstyrke henover 
udstyrsskala, og at de to typer af mekaniske egenskaber er omvendt relaterede. 
 
På baggrund af de eksperimentelle studier af coatingsprocessen med topforstøvning af 
uorganiske saltopløsninger udvikles en dynamisk varme- og masseovergangsmodel for det 
fluidiserede leje. Denne model gør det muligt at udregne fluidiseringsluftens temperatur og 
fugtindhold samt fugtindholdet på partiklerne og partiklernes temperatur. Resultater opnået 
med modellen viser god overensstemmelse mellem eksperimentelle ligevægtsdata for vigtige 
variable såsom fluidiseringsluftens udgangstemperatur og udgangsfugt samt lejets temperatur. 
Simuleringer afslører, at de tre fluidiserede lejer i pilotskala ikke er afgørende forskellige med 
hensyn til ligevægtsbetingelser inde i lejet. Så længe atomiseringsluftens dysetryk, 
coatingsopløsningens forstøvningshastighed og fluidiseringsluftens hastighed (i m/s) alle er 
over bestemte grænser, vil samme indgangstemperaturer for fluidiseringsluften i de tre skalaer 
lede til samme lave agglomereringstendenser, mens procesintensiteten bibeholdes henover 
skala. Dette skyldes, at sådanne betingelser giver tilsvarende samme vertikale temperatur- 
fugt- og tørringskraftsprofiler, hvilket igen leder til samme væskelags-tykkelse på partiklerne 
og derved til samme agglomereringstendenser som verificeret ved hjælp af den viskøse 
stokesteori. Simuleringer af et 900 kg RICA-TEC fluidiseret leje i produktionsskala afslører, 
at de vertikale temperatur- og fugtgradienter vokser markant i forhold til pilotskalaerne. Dette 
betyder, at fejlen ved at måle én repræsentativ temperatur på ét sted i lejet (som det typisk 
gøres i industrien) bliver væsentlig større. De førnævnte testede simple skaleringsprincipper 
konkluderes ikke at være brugbare, når coatingsprocessen skal overføres fra pilotskala og til 
produktionsskala. Endvidere observeres det, at hvis indgangstemperaturen på fluidiserings-
luften fastholdes på samme niveau i hver skala, så skal forstøvningsintensiteten reduceres jo 
større skala, såfremt agglomerering skal undgås. Dette er en konsekvens af ringere opblanding 
og længere partikelcyklustider, desto højere det fluidiserede leje er. Dette illustrerer, at for 
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den samme procesintensitet bliver coatingsprocessen mere følsom overfor agglomerering, jo 
større skala det fluidiserede leje er i. Det konkluderes, at opskalering af den 
fluidiseretlejecoatingsproces med topforstøvning bør ske med hjælp fra en matematisk model 
som den, der præsenteres i nærværende arbejde. Ved brug af en sådan model bliver det herved 
muligt at simulere og optimere hver skala for sig. 
 
PVA/TiO2-coatingsprocessen studeres med fokus på at finde årsagerne til, at polymer- og 
saltopløsninger ikke kan coates under samme betingelser i et fluidiseret leje uden at forårsage 
signifikant forskellige agglomereringstendenser. Coatingseksperimenter udført under 
betingelser med forskellige tørringskraft- og forstøvningsniveauer indikerer, at PVA/TiO2-
coatingsprocessen er langt den mest følsomme overfor agglomerering under givne 
termodynamiske og forstøvningsmæssige forhold. Detaljerede studier viser, at sådanne 
forskelle mellem de to typer af coatingsopløsninger ikke alene skyldes forskelle i 
opløsningernes startviskositet eller forskelle i de gennemsnitlige dråbediametre. Forskellene 
skyldes i højere grad betydelige forskelle i klisterevne, hvilket måles ved hjælp af en speciel 
klisterevnetest udviklet i nærværende forskning. Det faktum, at PVA/TiO2-opløsningen er et 
kolloidsystem, udnyttes til at undertrykke agglomereringstendensen, idet en del af 
opløsningens indhold af PVA/TiO2 udskiftes med smøre- og blødgøringsmidlet Neodol      
23-6,5 i kombination med, at pH sænkes til en værdi langt fra det isoelektriske punkt. 
Gennem denne modificering bliver det muligt at opnå en agglomereringstendens tæt på den, 
der fremkommer under en saltcoatingsprocess udført ved samme betingelser.  
 
Til brug for polymercoatingsprocessen introduceres et klisterstokestal foreslået som en bedre 
indikation af agglomerering i forhold til det traditionelle viskøse stokestal. Dette nye tal er 
baseret på det arbejde, der kræves for at nå til maksimal vedhæftningsevne (målt i den 
førnævnte klisterevnetest), hvorimod det viskøse stokestal baserer sig på viskøs sprednings-
energi. Det nye klisterstokestal korrelerer udmærket med de observerede grader af 
agglomerering, og en lovende detalje er, at der observeres proportionalitet mellem klister-
stokestallet og agglomereringsgraden i vægtprocent. Årsagen til denne forbedring 
konkluderes at være influeret af væskelagstykkelsen på partiklerne under coating. På 
baggrund af en række forhold sandsynliggøres det, at coatingslagets tykkelse i en polymer-
coatingsproces er meget lille og samtidigt meget klistret, hvilket igen betyder, at en mulig 
agglomerering skyldes overfladefænomener på coatingslaget snarere end viskøse fænomener 
inde i selve væskelaget. Sådanne overfladefænomener konkluderes at kunne forudsiges med 
god præcision i den udviklede klisterevnetest. Resultater fra polymercoatingsprocessen 
illustrerer således, at optimeringen af en coatingsproces i et fluidiseret leje bør fokusere på 
coatingsopløsningens formulering såvel som på procesrelaterede forhold.  
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Chapter 1. General introduction 
 
 
Chapter introduction 
 
The first chapter contains a general introduction to the Ph.D. thesis. The background and 
concepts of fluid bed coating is briefly presented followed by an outline of the present 
challenges and common problems associated with the process. The industrial use of fluid bed 
granulation processes is briefly touched, outlining the industrial process challenges and needs 
in light of enzyme containing particles. The research objectives of the thesis are presented and 
the chapter ends with a short presentation of the structure of the thesis. 
 
1. General introduction 
 
Fluid bed particle coating is a process where coatings are applied to particles. The basic 
principle is to atomise a liquid into a bed of fluidised particles. The liquid spray typically 
consists of a solute, which acts as a coating medium, and a solvent in which the solute is 
dissolved or dispersed. By contacting the core particles the liquid droplets spread and partly 
penetrate into the core pores. The warm fluidisation air evaporates the solvent, leaving a layer 
of solute on the surface of the particle. Particle growth can occur by either inter-particle 
agglomeration or surface layering, commonly known as coating. Agglomeration occurs when 
liquid bridges of coating solution form between colliding particles. If the liquid bridge is 
strong enough to prevent subsequent particle separation, the liquid bridge solidifies resulting 
in a permanent agglomerate. In coating processes, agglomeration is generally an unwanted 
phenomenon, but it may be desired in certain fluid bed processes. Fluid bed coating is 
explained in further detail in chapter two. 
 
Fluid bed coating is a very flexible process being suitable for many types of cores (including 
crystals and particles with wide size distributions) and coating materials (i.e. water soluble 
coatings, suspensions, emulsions, molten waxes, fats etc.) (Jones, 1985 & 1994). The 
fluidised bed unit is a versatile equipment enabling different unit operations such as drying, 
cooling, coating or agglomeration to be carried out in the same vessel in a one-step process. 
Furthermore, the process facilitates some control of final granule properties such as size, bulk 
density, sphericity and mechanical strength (Ronsse, 2006). 
 
1.1. Common problems encountered in fluid bed processing  
 
With respect to fluidised bed coating, a multitude of problems and side-effects are often 
encountered of which particle agglomeration perhaps is the most troublesome from an 
industrial perspective. When wet particles collide during the coating process, a liquid bridge 
may be formed between them. Depending on the liquid bridge strength and the kinetic energy 
of the colliding particles, these bridges may persist beyond the point of solidification or 
drying, and consequently, dry permanent agglomerates are formed (Smith and Nienow, 1983 
and Saleh et al., 1999). Depending on the process variables, granule growth due to 
agglomeration can accelerate beyond a point at which these larger agglomerates can no longer 
be fluidised. This phenomenon is termed wet quenching and should be avoided at all costs. To 
avoid the side-effect of agglomeration, process operators could increase the kinetic energy of 
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the fluidised particles, decrease the liquid spray rate or increase the drying capacity of the 
fluidisation air. However, these measures decrease the overall energy efficiency and increase 
production time (i.e. if the liquid spray rate is decreased) and hence production costs (Kage et 
al., 1998, Ronsse, 2006 and Dewettinck & Huyghebaert, 1999). 
 
A second and sometimes serious problem is the issue of spray drying of the coating solution. 
The exhaust air of a fluid bed coating process is usually not saturated, and consequently 
premature droplet evaporation is likely to occur before the coating solution droplet adheres 
onto the core particle surface (Jones, 1985 and Hemati et al., 2003). Depending on the size 
and the density of the produced fines, the spray-dried coating material could be entrained with 
the fluidisation air and subsequently collected by the exhaust filter system. In case of heavier 
dry fines, the spray dried coating material remains in the fluidised bed and is either 
agglomerated or entrapped within the coating film, resulting in coating imperfections (Smith 
and Nienow, 1983). Furthermore, the droplets that successfully manage to impinge on the 
surface of the core particles may have increased viscosity at the moment of impingement due 
to the high degree of solvent evaporation. As a result, droplet spreading and film-forming 
abilities are impaired, resulting in improper or raspberry-like coatings characterised by a large 
number of pores (Link & Schlünder, 1997). Besides the reduced coating quality, spray drying 
losses increase production costs due to the loss in coating material and the increased 
processing time required to reach a certain degree of coating (i.e. a certain coating layer 
thickness) (Gouin, 2005 and Ronsse, 2006). 
 
Premature droplet evaporation is the result of complex interactions between several factors 
including the evaporative capacity of the fluidisation air within the spraying region, the mean 
droplet travel distance and velocity, the droplet impingement efficiency and the droplet 
adhesion probability (Dewettinck & Huyghebaert, 1998 and Heinrich et al., 2003). One of the 
major factors in controlling the degree of spray drying losses is the reduction of the droplet 
path length, usually by positioning the nozzle at the surface of the expanded fluidised bed (or 
even within the fluidised particle bed) in case of top-spray coating processes (see chapter two) 
(Jones, 1994). Spray drying losses and agglomeration are two side effects occurring at 
opposite ends of the bed’s drying capacity range, which implies that fluidised bed coating is 
often characterised by a narrow operational regime (Ronsse, 2006). 
 
A third problem commonly encountered in fluid bed coating is attrition and breakage of the 
coating layers and core particles. The combined fragmentation of core particles and the 
crumbling of the coating layer by attrition is the result of interparticle and particle-to-wall 
collisions. Elutriation of the resulting dust debris gives rise to reduced process yields. 
Furthermore, dust-like particles easily agglomerate with the wet intact core particles, resulting 
in an end-product with altered properties (Guignon et al., 2002). Attrition depends on the 
kinetic energy of the particles and on the friability of both the core material and the coating. 
For example, crystalline materials are more prone to attrition compared to amorphous solids 
(Liu & Litster, 1993 and Guignon et al., 2003).  
 
Besides the problems resulting from the aforementioned phenomena, a fourth common 
problem concerns the granule components. Elevated temperatures and humidities often have 
negative effects on the stability of active biological ingredients (such as enzymes) meaning 
that loss of product activity during fluid bed coating is a common problem. When applying 
fluid bed coating to such heat and/or moisture-sensitive products (being in the core and/or in 
the coating layer), the primary aim is often to keep the product temperature and particle 
moisture contents below certain threshold values. This schism often conflicts with the nature 
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of the coating process where liquid is sprayed onto particles and solvent evaporated at high 
temperatures. With products designed for controlled-release applications a further issue 
concerns the coating layer thickness. Narrow distributions of the coating layer thicknesses are 
often required, because small deviations typically alter the release properties (Watano et al., 
1995 and Abe et al., 1998). 
 
1.2. Industrial production of enzyme granular products 
 
Originally, fluid bed particle coating was established in the pharmaceutical, food and 
cosmetic industries, which are able to compensate for the cost of the process by the high price 
of their final product (Teunou & Poncelet, 2002). Later, other biotech industries such as the 
enzyme industry began to make use of fluid bed coating processes in larger scales. In 
industries with high-grade products produced in small batches, the objective will often focus 
primarily on avoiding agglomeration during coating, and otherwise optimise the granule 
properties with little attention to the coating process itself. However, in industries with lower 
grades of bulk granular products produced in several tonnes per hour, other issue such as 
process intensity, spray drying loss, attrition and breakage may additionally become important 
issues. Although based on specially-designed high-grade gene-modified organisms, the 
enzyme industry is an example of an industry with much focus on production cost-cutting. 
Enzymes are biological catalysts in the form of globular proteins that accelerate chemical 
reactions, and they are used for many different purposes in a variety of industries. The largest 
user measured in quantity is the detergent industry followed by the dairy, brewing, baking and 
agricultural industry (Novozymes, 2004).  
 
Now-a-days enzyme granules are being produced in large plants with coating capacities of 
several tonnes per hour. Being almost a bulk industry there is a constant pressure on costs and 
production capacity making all the common problems encountered in fluid bed coating 
processes relevant. Besides the low-cost requirements for the granulation materials, solid 
enzyme formulation is further limited by the fact that enzymes are sensitive biological 
products. The complex enzyme molecules typically lose their structure and thereby their 
catalytic activity when exposed to high temperature and/or moisture, setting certain 
boundaries for the fluid bed process conditions as well as for the post-process treatment. The 
fact that human exposure to enzymatic active dust can result in allergic reactions further sets 
harsh requirements with respect to granule processing. Industrial enzymes are usually 
produced by fermentation thereby being in liquid solution, but certain applications and 
customer traditions require solid enzyme products. Enzymes are formulated into solid 
products, mainly because the enzyme storage stability is better if the enzyme is in a dry state 
rather than in a liquid formulation. Enzymes are further incorporated into granules to make 
them both safer and more convenient to store and use in further mixing with other products 
such as e.g. detergent granules (Novozymes, 2004). There are several principles in which 
enzymes can be incorporated into a granule, but basically the enzyme is either incorporated 
into the granule core or coated onto a spherical filler core. Additional coating is in either case 
needed to enhance the mechanical properties, colour, density and to improve the storage 
stability as well as to secure proper release properties when the granule is used.  
 
The most common types of fluid bed coating processes with respect to enzyme granules may 
be divided into two general categories: Coating with aqueous solutions of inorganic salts 
(with or without active ingredients) and coating with aqueous solutions of film-forming 
water-soluble polymers (with or without additional compounds). These types of coating 
processes have been treated in a number of industrial patents filed by some of the large 
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enzyme companies such as Genencor International/Danisco (Arnold et al., 1993, Dale et al., 
1999 and Becker et al., 2005), Kao Corporation (Kiuchi et al., 1998), Novozymes 
(Markussen, 1986 & 2002 and Simonsen, 2002), Procter & Gamble (Foley et al., 2003) and 
Henkel (Paartz et al., 1998).  
 
Salt coatings are typically added together with the enzyme or preferably between the enzyme 
core/layer and an outer polymer coating layer. The salt layer provides a protective layer 
towards moisture and bleach components when the enzyme granules are stored in a bleach 
containing detergent. In one of the first Genencor patents by Arnold et al. (1993) a chlorine 
scavenger layer such as ammonium sulphate was preferred as the ammonium ion is able to 
react with chlorine from detergent granules, thereby protecting the enzyme during storage by 
actively neutralising oxidants. However, due to possible smell of ammonia, modern enzyme 
granules typically use low-cost compounds as magnesium sulphate or sodium sulphate even 
though they do not function as chlorine scavengers. These compounds do, however, resemble 
similar water and H2O2 barrier properties, and, furthermore, help to reduce the formation of 
enzymatic-active dust (Markussen, 2002). 
 
A polymer layer is typically added as the final outer layer in order to provide simultaneous 
benefits of low dust, colour appearance, moisture barrier properties and controlled release of 
the enzyme. Typically, water-soluble polymers are used and numerous polymers are 
commercially applied in enzyme granule coatings including most often polyvinyl alcohol 
(PVA), polyethylene glycol (PEG), methylcellulose (MC) and methylhydroxy-propyl 
cellulose (MHPC or HMPC). With only few exceptions, a range of other components are 
typically added to the aqueous polymer solution including plasticizers, lubricants and 
pigments functioning as anti-agglomerating agents (van Ee et al., 1997 and McGinity, 1997). 
More information about the polymer and salt coating processes may be found in chapter ten. 
 
A typical enzyme granule has a diameter of 300 to 1200 µm with an average diameter around 
500 µm and a coating layer thickness usually in the range of 5 to 20 µm (Novozymes, 2004 
and Jørgensen, 2002). Figure 1.1 and 1.2 show some typical structures of commercial enzyme 
granules with both main types of coating layers. Whereas the Enzoguard® granule in figure 
1.1 is made solely by successive fluid bed coatings on inactive sugar or starch cores, the 
enzyme-containing inner core in the Novozymes granule in figure 1.2 is made in a high shear 
mixer followed by successive fluid bed coatings. 
 
 
 
Figure 1.1: The structure of a commercial Danisco/Genencor Enzoguard® granule (Dale et al., 1999). 
Figure not to scale. 
PVA + TiO2  
+ 
MgSO4 
Enzyme + PVA 
Sugar / Starch + PVA 
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Figure 1.2: The structure of a commercial Novozymes granule (Simonsen, 2002 and Markussen, 1986 & 
2002). Figure not to scale. 
 
The enzyme content of commercial granules typically varies between 1 and 10 w/w%, 
meaning that the major part of an enzyme granule consists of inactive filler, binder and 
coating materials (Kringelum, 2002 and Härkonen, et al., 1993). The binder material is often a 
water-soluble polymer, but also starch is commonly used. Salts, clay, cellulose fibres, sugar, 
starch and other materials can be used as fillers in amounts of up to 50 w/w% (Härkonen, et 
al., 1993). Inactive filler cores usually consist of sugar, salts or starch (Jørgensen, 2002). A 
variety of materials can be used for coatings including gums, carbohydrates, celluloses, lipids, 
proteins, inorganic salts and polymers (Jackson & Lee, 1991). The coating material is 
generally dissolved in water at a low concentration prior to the coating process to form a 
coating solution of typically 0.5 to 30 w/w% (Teunou & Poncelet, 2002). Because of 
environmental concerns regarding the use of organic solvents, water is used extensively as 
solvent even though it might not be the optimal choice in a chemical or energy consumption 
sense (Rubino, 1999). 
 
1.3. Fluid bed coating objectives and challenges in the enzyme industry 
 
The engineering exercise in the enzyme industry is often to optimise the process and 
formulation conditions to the best possible trade-off between the desired target parameters. 
The general objectives in fluid bed coating processes are mainly focussed on the ability to be 
able to:  
 
• Perform the coating process (at the unit-operation-level) in a fast (high-intensity), 
well-controlled (high-yield), reproducible and low-cost manner. 
• Avoid/control the tendency of agglomeration during the coating process. 
• Avoid/reduce premature coating solution droplet drying. 
• Avoid/reduce attrition and breakage of the core particles and coating layers. 
• Maintain as much of the original enzyme concentrate activity as possible during 
processing. 
• Encapsulate the coated granules (at the particle-level) homogenously in order to obtain 
granules with even coating, good appearance, storage stability (long shelf life), 
mechanical properties and controlled-release/dissolution properties.  
 
Enzyme 
Na2SO4 + Kaolin  
+ Cellulose fibres  
+ Starch 
Na2SO4  
PEG + TiO2 
+ MHPC  
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These objectives are not easily all met at once, and inevitably there is a trade-off between 
these performance indicators, because e.g. high yield, low production costs and short 
production times are only ideal optimums. The actual optimum will vary based on the product 
and its application. For example, the continuous focus on low-cost products will necessitate 
cheaper raw materials and higher product throughputs. This is likely to compromise some 
aspects of product quality.  
 
Fluid bed coating has been slow to develop in the enzyme industry. This is not surprising 
given the economic constraints for low-cost ingredients and low-cost, high volume processing 
where every cent of additional cost per kilogram of product is important. This, however, 
means that only limited and application-specific information regarding specific fluid bed 
coating techniques, including optimum processing conditions, are available in the literature. 
To a large extent, process control of fluid bed systems is still empirically based. There is still 
a lack of quantitative understanding of the mechanisms in fluid bed coating, and one of the 
problems is the missing link between the particle-level (also known as the micro-level) and 
the unit-operation-level (also known as the macro-level) of the coating process, i.e. there is a 
limited understanding of how process changes at the unit-operation-level (e.g. a change in 
nozzle pressure or in fluidisation velocity) affect the coating system at the level of the 
individual particles (e.g. agglomeration tendency or coating layer morphology). This is 
mainly due to the fact that particle processing is a difficult unit-operation. To some extent, 
particles may be considered as a fourth state of matter as they are able to take on the 
behaviours of one or more of the other states. Depending on size, particles may e.g. develop 
cohesive strength and transfer shear stresses among the particles as a true solid. Likewise will 
most particles demonstrate significant compressibility like a gas and behave liquid-like when 
being fluidised. What further adds to the complexity of particle processing is the fact that the 
final granule properties are dependent on any of the events that the granule has ever 
experienced (Merrow, 2000 and Bell, 2005). Furthermore, the composition inside a fluid bed 
is heterogeneous as particle mixing is chaotic and non-uniform. This means that if a small 
element of the fluidised bed at an arbitrary point is considered, vital variables such as: 
fluidisation air temperature and humidity, particle temperature, particle moisture contents and 
particle size distribution remain unknown or difficult to measure. Fluid bed systems are 
thereby hard to understand and model, and thereby to fully characterise. 
 
The gap in understanding between the unit-operation-level and the particle-level also become 
pronounced in a scale-up context. Proper scale-up from laboratory-scale to full production-
scale is still the major industrial challenge. Often, the behaviour of large-scale fluid beds 
differs significantly from the lab-scale behaviour, which is an obstacle for the testing and 
development of industrial applications. One example is the faster rise of bubbles in large-scale 
fluid beds, which results in less exchange with the particle phase and poor particle mixing. 
Due to this scale dependence, the study of pilot-scale trials is often required as an 
intermediate step between lab- and production-scale. This additional step serves to avoid 
unexpected effects at the large-scale as direct scaling from lab-scale to industrial scale is still 
very risky.  
 
With respect to fluid bed coating processes in the enzyme industry, the most important 
challenges may be summed up as: 
 
• Be able to predict a-priori the tendency of agglomeration based on process and coating 
formulation conditions. 
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• Be able to predict a-priori the mechanical properties of the final coating layer based on 
process and coating formulation conditions. 
• Be able to scale-up the fluid bed coating process correctly in order to maintain particle 
properties (especially a low agglomeration tendency and good mechanical properties) 
as well as match unit-operation-level variables such as process intensity and coating 
mass yield across scale. 
• Develop a useful modelling approach that will make it possible to gain further insight 
into the fluid bed coating process preferably making it possible to simulate the 
process, and thereby to a lesser extent be dependent on experimental data. 
 
1.4. Research objectives  
 
The focus of this Ph.D. thesis is on the fluid bed coating process in terms of scale-up and 
process optimisation. The aim is to contribute to the fundamental understanding of the coating 
process hereby indentifying the important variables and parameters being involved. The main 
objectives of the research work are: 
  
• Identification, characterisation and classification of particle- and process-related 
phenomena influencing fluid bed coating process up-scaling from small-scale to 
production-scale fluid beds. This is done with special focus on being able to avoid 
agglomeration, and at the same time be able to reproduce the particle size distribution 
and granule mechanical properties across scale during the salt coating process. 
 
• Conduct a survey of available mathematical modelling methods (e.g. black-box 
models, Population Balance models and Discrete Element Models (DEM)) in order to 
explore the usefulness of such model approaches in the perspective of industrial fluid 
bed coating processes. 
 
• Apply and study selected mathematical models and approaches by holding them up 
against experimental data thereby providing quantitative as well as qualitative 
experience and knowledge of their applicability and validity. 
 
• Provide suggestions and general guidelines for fluid bed coating process optimisation 
and scale-up. 
 
Through research in all of the above mentioned subjects the overall aim of the Ph.D. thesis is 
to achieve a better understanding - qualitatively as well as quantitatively - of the different 
phenomena influencing fluid bed coating processes. A combined experimental and theoretical 
approach to the investigations is taken, and although working solely with placebo enzyme 
granules, the research work has a clear connection to commercial enzyme granules. Emphasis 
is put on attaining results that may have academic interest, but also may be exploited 
industrially. 
 
1.5. Outline of the thesis 
 
The thesis consists of twelve consecutive chapters. Chapter two, three and four are literature 
studies treating, respectively; fluid bed coating and fluidisation fundamentals, granulation 
modelling approaches, and scale-up of the fluid bed granulation process. The experienced 
reader may consider to skip these chapters or simply to read the summaries at the end of each 
chapter. 
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Chapter five concerns the materials and equipment used in the research work, and chapter six 
to ten present experimental and modelling results from the conducted research. The five 
experimental chapters are based on the original manuscripts from scientific papers being 
either already published in scientific journals or currently under review. In order to get a 
quick overview of the research work, the reader may consider reading the original abstracts 
and conclusions at, respectively, the beginning and end of each of the five chapters. Chapter 
eleven contains the final overall conclusion of the thesis. The thesis ends in chapter twelve 
with a presentation of general engineering guidelines and considerations relevant for future 
process optimisation and scale-up. Some suggestions for future work are furthermore stated. 
 
As there is no uniform agreement in the scientific literature it is necessary to clarify the use of 
certain terms in the present thesis. The term particle refers loosely to a solid material of 
uniform or non-uniform composition of a certain size. If the particles have sizes in the range 
of a few microns the term powder may additionally be used. The term granule is on the other 
hand used more firmly to characterise a particle that has undergone some sort of treatment so 
that is has a non-uniform composition, e.g. by consisting of different coating layers. The term 
is thereby used as a generic term for both coated particles and agglomerates. Likewise is 
granulation used throughout this thesis as a joint designation for both coating and 
agglomeration processes.    
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Chapter introduction  
 
Fundamentals of fluidisation and fluid bed coating are the subjects for chapter two. First, the 
working principle of fluid bed coating and types of fluid beds are introduced. Next the 
spraying of liquid using two-fluid nozzles is presented with focus of nozzle operations both in 
theory and practice. Finally, fluidisation of particles is presented by introducing both 
fundamental parameters and basic principles of heat and mass transfer in fluid beds. All of 
these subjects are prerequisites for understanding the nature of the fluid bed coating process. 
The subjects covered in this chapter are large scientific fields with many years of theoretical 
and practical development. This thesis does not allow an in-depth historical review. Instead it 
has been the aim to present relevant theories, which will form the background for the 
following chapters where more advanced theories and principles are treated.  
 
The first part of the chapter is mainly based on the paper: Two-fluid atomisation and 
pneumatic nozzles for fluid bed coating purposes: a review (referred to as Hede et al., 2008c) 
published as a peer-reviewed scientific paper in the journal Chemical Engineering Science, 
Vol. 63, No.14, pp. 3821-3842, 2008, whereas the last part of the chapter is mainly based on 
the paper: Batch top-spray fluid bed coating: Scale-up insight using dynamic heat and mass 
transfer modelling published as a peer-reviewed scientific paper in the journal Chemical 
Engineering Science, Vol. 64, No.6, pp. 1293-1317, 2009 (referred to as Hede et al., 2008g). 
Both papers are authored by Peter Dybdahl Hede (Technical University of Denmark), Poul 
Bach (Novozymes A/S) and Anker D. Jensen (Technical University of Denmark).  
 
2. Fluid bed coating and fluidisation fundamentals 
 
Fluidised bed coating is often referred to as a one-step enclosed system as the elementary 
steps of the process occur in the same chamber. Fluidisation and mixing of the solid bulk are 
provided by an upward hot airflow causing the fluidised bed of particles. Each of the particles 
forming the bed will experience a vertical cyclic transport as the particles are lifted by the 
fluidisation air to a certain height, after which the particles lose velocity and fall back into the 
upward air stream (see figure 2.3). Fine droplets of coating liquid are simultaneously 
distributed by the nozzle and sprayed onto the particle bed. Typically, only a minor fraction of 
the particle bed is exposed to the spray meaning that each particle, during its vertical transport 
cycle, will experience a period of wetting (in the spray zone) and period of drying (outside the 
spray zone). With time this will result in a gradual deposition of coating material on the 
particle surface in the end leading to a complete encapsulation of the particle core in a shell-
layer structure. This principle of fluid bed coating is visualised in figure 2.1. 
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Figure 2.1: The principle of fluid bed coating (Glatt, 2008). 
 
During the formation of the coating layer there is a certain probability that two wetted 
particles may collide. Upon collision a liquid bridge can be built between the particles. 
Depending on the properties of the droplet and fluidisation conditions among other things, 
this coalescence may either be temporary or permanent. If the liquid bridge is strong enough 
to resist the particle motion, the subsequent drying caused by the hot fluidisation air will turn 
the liquid bridge into a solid bridge, which typically is mechanically much stronger than the 
liquid bridge (Iveson et al., 2001a). In that case, an agglomerate is formed and more particles 
may be added as the agglomerate is wetted by new droplets. Agglomeration may continue 
until a point where growth is counteracted by breakage due to insufficient liquid bridge 
strength (Turchiuli et al., 2005 and Iveson et al., 2001a). Agglomeration is unwanted in a 
coating situation, but may be exploited in other fluid bed operations where typically particles 
of smaller or similar sizes to those of the droplets are agglomerated into larger granules. The 
principle of fluid bed agglomeration is visualised in figure 2.2.  
 
 
Figure 2.2: The principle of fluid bed agglomeration (Glatt, 2008). 
 
Whether or not the fluid bed granulation process will result in agglomeration, such as in 
figure 2.2, or in a pure coating situation, such as in figure 2.1, depends on a variety of 
equipment design, operation and physical/chemical parameters and properties. Hede (2005) 
has listed more than 40 parameters that all, one way or the other, are involved in the outcome 
of the fluid bed granulation process. Knowledge about the nature of particle fluidisation as 
well as the production and behaviour of coating droplets are essential parts in the 
understanding of the underlying phenomena involved the process, and the complex way in 
which these numerous parameters interact. Before these subjects are presented, a brief 
introduction to fluid bed coating equipment will be given.  
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2.1. Types of fluid bed coating equipment 
 
The concept of coating and/or agglomerating small particles is not limited to fluidisation of 
the particles. According to Salman et al. (2007), there are two other main types of wet-
granulation equipment besides fluid beds being: tumbling granulators (drum or pan 
granulators) and high shear mixer granulators. This classification is based on the way the 
particles are agitated. In high shear mixing, the motion of particles is brought about by 
agitators rotating at low or high speed, ranging from 50 – 3000 revolutions per minute, on a 
vertical or horizontal axis (Rhodes, 1998). Due to the high mechanical impact on the material, 
high shear mixer granulators are typically used for sticky materials as they can spread viscous 
liquids and produce small high-density granules. When high shear mixing is used for coating 
purposes, the resulting granules consist of a matrix of the coating material rather than of an 
outer coating layer. In tumbling drum and pan granulators the particles undergo rolling 
motion in and out of the spray zone by continuously rotating the equipment. Whereas pan 
coating typically is a batch process, drum granulation may be operated continuously hereby 
becoming capable of handling large throughputs. The tumbling motion gives rise to a natural 
classification of the contents according to size, and problems with particle-size-dependent 
coating distribution is a typical problem with tumbling granulators. Tumbling granulators are 
typically used for bulk chemicals such as fertilizer and iron ore, as the principle gives product 
variances too large for the pharmaceutical and food industries. As neither the high shear 
mixer nor the tumbling granulators offer the same heating (drying) and cooling capabilities as 
the fluid bed, granules produced in either of the two equipments are often post-processed in a 
fluid bed. Further information about the alternative main types of granulation equipment may 
be found in Rhodes (1998) and Salman et al. (2007). 
 
Fluid bed granulation is in many ways different from other types of granulators because the 
particles are set in motion by an upward flowing gas, which is also responsible for the coating 
solvent evaporation and heating of the particles. The advantages over the other types of 
granulators include good heat and mass transfer, temperature homogeneity, mechanical 
simplicity and the fact that all the stages of granulation (heating, coating, drying, cooling) can 
be performed in the same equipment, hereby saving time, particle transfer losses and labour 
costs (Summers & Aulton, 2002). Another advantage is that the particle size distribution of 
the final granules typically is more narrow and easier to control in fluid beds compared to 
other types of granulators. This means that granules can be tailor-made to a large extent 
(Salman et al., 2007).  
 
Fluid beds used for agglomerating or coating are classified according to the nozzle position 
(top, bottom or side) and to the operating conditions (continuous or batch) (Guignon et al., 
2002). Batch fluid bed granulators typically have a cylindrical or conical shape. Fluidisation 
air is distributed upwards through a bottom grid with an adequate distribution and size of 
holes. Small-scale fluid beds typically have only a single nozzle, but larger production–scale 
fluid beds can have more than a few dozen nozzles (Guignon et al., 2002). In general, there 
are four basic types of batch fluid bed granulation systems as sketched in figure 2.3. 
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Figure 2.3: Different basic types of batch fluid beds: a) Top-spray, b) Bottom-spray, c) Wurster type,  
d) Rotor with tangential spray (Teunou & Poncelet, 2002). 
 
Top-spraying is the oldest and simplest technique with the nozzle placed at the top of the 
chamber thus spraying counter-currently onto the fluidised particles. Particles as small as   
100 µm have been coated in top-spray systems. However, controlling the distance the droplets 
travel before impacting the core particles is difficult due to the vigorous and random particle 
fluidisation (Jones, 1988a,b and Ronsse, 2006). Consequently, premature droplet evaporation 
can be severe leading potentially to spray drying loss of the coating solution. Generally, 
granules prepared by top-spray have a looser structure and are more porous than granules 
prepared from other types of fluid beds (Rubino, 1999). The top-spray system is still widely 
used for protective coatings and to a larger extent for agglomeration purposes, but for high-
quality controlled-release coating it is now often replaced by bottom-spray or the Wurster 
type (Teunou & Poncelet, 2002).  
 
The chance of collision between particles and liquid droplets are considerably increased with 
the use of the bottom-spray type. Introducing liquid from the bottom gives a shorter distance 
between the nozzle outlet and the particle bed, thereby reducing the risk of premature droplet 
drying. This leads in general to a larger coating efficiency. This type of fluid bed is very 
efficient for coating processes, but the risk of unwanted agglomeration during coating is 
higher than in a top-spray due to the higher concentration of wet particles in the spray zone 
(Teunou & Poncelet, 2002). Bottom-spray systems are seldom used without the hollow-
cylinder insert known as the Wurster-type (Rubino, 1999).  
 
Work by Wurster in the fifties led to an improvement of the bottom spray bed known as the 
Wurster system. By inserting a fixed hollow cylinder into the chamber, the circulation of the 
particles is better controlled and the drying rate increased, reducing the risk of agglomeration. 
The coating chamber contains an unbaffled, open-end cylinder known as the partition. 
Typically, the size of the gap between the partition and the air distributor plate is adjustable. 
Whereas the simple top-spray and bottom-spray typically have holes of similar sizes 
distributed equally over the distributor plate area, the inner section of the air distributor plate 
in the Wurster set-up, corresponding to the cross-sectional area of the partition projected onto 
the plate, is provided with large-diameter holes compared to the outer section of the plate. 
Consequently, a higher portion of the volumetric fluidisation airflow goes through the 
partition. Particles entering the central partition are hereby pneumatically transported through 
the partition (Jones, 1988a and Ronsse, 2006). Once the particles have exited the central 
partition they fall back along the outer section of the fluidisation chamber, where the 
fluidisation airflow rate is much lower due to the design of the air distributor plate. The 
particles hereby experience a cyclic pattern of movement. The contact between droplets and 
particles is established in the partition by placing the nozzle in the centre of the air distributor 
plate spraying concurrently to the particles (Ronsse, 2006). Originally designed to coat 
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pharmaceutical tablets, this fluid bed type is particularly suited for coating particles as small 
as 50 µm (Teunou & Poncelet, 2002). Compared to the top-spray fluid bed, the Wurster fluid 
bed produces coating films of greater uniformity and with fewer imperfections. Often very 
dense and homogenous coating films are made by Wurster coating. This is explained by the 
fact that the particle motion is controlled to a higher extent, i.e. the number of vertical cycles 
and the time spent during each passage through the spray zone, as opposed to the top-spray 
configuration where particle motions are more random and uncontrolled. Furthermore, 
droplets are deposited concurrently, assuring a minimum droplet travel distance and thereby 
an almost absence of premature droplet drying (Ronsse, 2006). 
 
A fourth type of fluid bed is known as the rotor system. The chamber consists of a disc 
rotating in the bottom of the fluidisation chamber, and the coating solution is sprayed 
tangentially and concurrently from one of several nozzles. A narrow gap exists between the 
chamber wall and the rotating disc through which the fluidisation air is introduced. The 
particle motion pattern results from the combination of the lift force created by the upward 
flowing fluidisation air, gravity, and the friction force created by the rotating disc. The 
combination of rotation and bottom-up airflow provides specific particle properties such as a 
high degree of spherical shape and high density of the coated particles. This type of fluid bed 
system is mainly used for coating, although the coating quality is similar to that obtainable 
with the Wurster type (Teunou & Poncelet, 2002 and Jones, 1988b).   
 
Batch fluid beds are used industrially in various scales ranging from bed load capacities of  
0.1 kg up to several tonnes. Mainly due to high investment costs, the simplest top-spray 
design is still in use for modern granular products, and optimisation of the top-spray fluid bed 
coating process is still ongoing. In an attempt to automate the coating process, the ever-
growing need to cut production costs and to increase the capacity throughput has prompted 
the design of continuous fluidised bed coating systems of which the horizontal design is the 
most common as shown in figure 2.4 (Rümpler & Jacob, 1998). Particles in this design are 
admitted to the chamber at one end from which they move slowly through the chamber until 
the particles exit at the other end. Some horizontal fluid beds for particle agglomeration are 
vibrating fluid beds with a conveying belt, whereas the particle transport is provided solely by 
fluidisation air in other designs (Teunou & Poncelet, 2002). 
 
 
Figure 2.4: The principle of a horizontal continuous fluid bed coater (Based on Ronsse, 2006 and 
Rümpler & Jacob, 1998).  
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Compared to batch fluidised beds there is an additional difficulty of continuous fluidised bed 
coaters in terms of coating uniformity, and the fact that the coating layer thickness depends on 
the residence time of the particle in the bed. This problem is especially aggravating when 
dealing with polydisperse particles. Typically several meters of length are required to allow 
the necessary residence time to obtain a proper coating. To overcome some of this, vertical 
baffles are sometimes inserted into the fluidisation chamber to increase or to improve control 
of the particle residence time, and thus to reduce the required length of the horizontal 
fluidised bed (Teunou and Poncelet, 2002). The continuous fluid bed system may in principle 
be built into a single unit capable of heating, coating and afterwards drying the particles. It 
further offers the advantage of being able to successively coat particles with multiple coating 
materials in different zones in one continuous step. Continuous fluid bed operations require 
large throughputs, such as in the food and diary industries, in order to be economically 
feasible. For high-grade fluid bed granulated products in the biotech industries, batch fluid 
bed systems are still the preferred choice. Other issues concerning the use of continuous fluid 
bed systems have been reviewed by Teunou & Poncelelet (2002). 
 
2.2. Two-fluid atomisation 
 
Besides the position of the nozzle in the fluidisation chamber, the type of atomisation 
characteristic is a vital part for the fluid bed coating process. Atomisation is the principle of 
producing droplets by impacting a bulk liquid with high velocity gas. The mechanism is that a 
high velocity gas creates high frictional forces over a liquid surface causing liquid 
disintegration into droplets. Liquid disintegration in the presence of gaseous flow involves 
complex situations of liquid instability, but the overall process can be considered to occur in 
two phases. The first phase involves the tearing of the liquid into filaments and large droplets. 
The second phase completes the atomisation by further breaking these liquid forms into 
smaller and smaller droplets. The entire process is influenced by the magnitude of the liquid 
properties such as surface tension, density and viscosity, and the gaseous flow properties such 
as velocity and density (Spray Drying Systems Co., 2000). Gaseous media used in pneumatic 
nozzle atomisation in the context of fluid beds is most often air, but steam may also be used 
(Masters, 1972). 
 
During atomisation a high relative velocity difference between liquid and air must be 
generated so that liquid is subjected to optimum frictional conditions. These conditions are 
generated by either expanding the air to sonic or super-sonic velocities prior to contacting the 
liquid, or by directing the airflow onto unstable thin liquid sheets formed within the nozzle. 
According to common nomenclature, the term liquid sheet is used both for a flat and for a thin 
cylindrical jet. (Lefebvre, 1989a). High velocity air can typically readily penetrate a low 
velocity liquid jet thereby causing the necessary turbulence and energy transfer to form a 
spray of narrow angle. However, at larger liquid feed rates even high velocity air cannot 
penetrate the thick liquid jets involved. In such case the connected jet of liquid is simply 
accelerated by the air so rapidly that the liquid acquires the air velocity, minimising the shear 
forces between liquid and air (Masters, 1972 and Schick, 2006). Atomisation is thus 
incomplete, and the result is a wide droplet size distribution. A high percentage of liquid 
remains in the center of the spray as a connected jet, and is ejected far into the particle bed, 
significantly increasing the chance of particle bed collapse due to the particle contact with 
partly or unatomised liquid. At such high liquid feed rates the liquid bulk must first be formed 
into thin sheets to assist liquid instability, effective air-liquid contact and break-down of 
liquid into ligament forms or individual droplets. Ineffective atomisation is the outcome 
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unless the sheet formation or liquid feed prefilming takes place even at extreme air velocities. 
The principle of the atomisation process may be seen from figure 2.5. 
 
 
Figure 2.5: The process of atomisation begins by forcing liquid through a nozzle and directing an 
atomisation airflow onto it. In this process, the liquid is typically formed into liquid sheets that will 
break up into ligaments. These ligaments then break up further into very small “entities”, which are 
usually called drops, droplets or liquid particles (Schick, 2006). 
 
2.2.1. Two-fluid nozzle designs 
 
There are various nozzle designs and sizes available to create optimum conditions of liquid-
air contact for atomisation. The types of interest to fluid bed granulation fall into a category 
commonly known as airblast atomisers (Lefebvre, 1989a). For the most commonly used 
designs, the contact between liquid and gas phase takes place at the nozzle exit. This principle 
is known as external mixing. In other airblast designs, the liquid is injected into the high-
velocity airstream in the form of one or more discrete jets. This principle is commonly known 
as plain jet or internal mixing atomisation (Ayres et al., 2001, Lefebvre, 1989a and Lefebvre, 
1996). The design principles of internal and external two-fluid nozzles may be seen from 
figure 2.6.  
 
Figure 2.6: Examples of two-fluid nozzle designs. Left: Simple external mixing nozzle.  
Right: Simple internal mixing nozzle (based on Salman et al., 2007).  
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Both internal and external mixing nozzles can be prefilming nozzles. The principle behind 
prefilming nozzles is that the liquid is first spread out into a thin continuous sheet and then 
subjected to the atomising air. This is known to give the best control of the droplet size 
distribution (Masters, 1972). In general, the atomisation performance of such prefilming 
nozzles (being internal or external mixing), is superior to that of simple designs, but they are 
only really effective when both sides of the liquid sheet are exposed to the gas stream. This 
requirement gives complications in the physical design, which is one of the reasons why there 
are numerous prefilming nozzle designs available, but only few being used commercially 
(Niro, 2007). 
 
There is some overlap with respect to performance for the internal and the external mixing 
two-fluid nozzles, and the choice between the two types is often based on several things. All 
two-fluid nozzles have either limited gas flow rates, high specific gas consumption, modest 
liquid capacities, a wide droplet size distribution or a combination of these limitations 
(Lefebvre, 1989a). Internal mixing nozzles require in general less air than external mixing 
nozzles in order to produce droplets with the same mean droplet diameter. This is due to a 
higher energy transfer between the air and the liquid as the atomisation takes place under 
pressure difference inside the mixing chamber, because the air and liquid pressures become 
equal first at the mixing chamber outlet (Hund, 1994). This is especially an advantage during 
nozzle scale-up where the required increase in gas-to-liquid flow rate with scale is much less 
than for external mixing nozzles (Lefebvre, 1989a,b). The downside is, however, that over 
time, the impact surface in the mixing zone becomes eroded and affects the spray droplet size 
pattern. The lifetime of an internal mixing nozzle can be very short if the liquid has solid 
impurities in it. Only few authors have used two-fluid nozzles with internal mixing in a fluid 
bed granulation context. In studies by Smith & Nienow (1982 & 1983) the nozzle was placed 
in the bottom of the bed and it was possible to avoid caking of the nozzle by spraying 
upwards, although collapse of the wet particle bed occurred at lower liquid feed rates 
compared to top-spraying. Other detailed fluid bed nozzle studies have been reviewed by 
Schaafsma (2000b). 
 
Although internal mixing nozzles are still used for fluid bed purposes, external mixing 
nozzles enable greater control of atomisation by independent control of both liquid and air 
streams, and for that reason, external mixing nozzles are typically preferred for fluid bed 
processes in general. The external mixing nozzle has the liquid supply in the centre and the 
atomising air is supplied concentrically. This type requires more air, but the advantage is that 
it is possible to atomise a liquid that otherwise would have evaporated inside the mixing 
chamber of an internal mixing nozzle (Spray Drying Systems Co., 2000). Another advantage 
is that it is possible to vary the droplet size independently of the liquid flow. Scaling this 
principle to larger liquid and gas flows shows typically an increasing gas-to-liquid rate for a 
given mean droplet diameter (Gretzinger & Marshall, 1961 and Lefebvre, 1989a). In practice 
however, this is seldom a problem (Niro, 2007). Being a somewhat simpler principle than the 
internal mixing nozzle, the external nozzle is not as sensitive towards erosion and attrition. 
Even so, the simplest external mixing nozzle designs are often used commercially (Salman et 
al., 2007). An example of a typical external mixing nozzle design used in commercial fluid 
beds of different scales may be seen from figure 2.7. In this configuration the position of the 
air cap as well as the liquid and atomisation airflow velocities are the only variables that can 
be varied. Most designs offer additionally the possibility to replace the liquid insert with 
others of different liquid orifice diameters. 
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Figure 2.7: The principle of a simple external mixing nozzle design used in commercial 
fluid bed granulators (Ronsse, 2006). 
 
2.2.2. Variables affecting the mean droplet size 
 
The performance of a two-fluid nozzle is typically characterised and validated according to 
the mean droplet diameter. Two types of mean droplet diameters are commonly used, being 
the Sauter mean droplet diameter, d32, and the volume median diameter, dv0.5. The first is a 
means of expressing the fineness of a spray in terms of the droplet surface area produced by 
the spray, whereas the latter is a means of expressing the fineness of a spray in terms of 
droplet volume. The d32 is the diameter of a droplet having the same volume-to-surface area 
ratio as the total volume of all the droplets to the total surface area of all the droplets (Spray 
Drying Systems Co., 2000). Similarly, dv0.5 is the volume median diameter being found by 
dividing the total spray volume in half (50% of the total volume will have droplets of larger 
diameters and 50% will have droplets of smaller diameters). Calculations using the latter 
method give more consideration to the larger droplet sizes (Rhodes, 1998). The mass median 
diameter, dmmd, is defined analogously to dv0.5, but on the basis of mass instead of volume. 
 
Given the variety of nozzle designs and types, it may seem difficult to extract universal trends 
that can be used as a rule-of-thumb for any given nozzle. There are, however, a number of 
general and rough rules of thumb that are useful in understanding the factors that influence 
the mean droplet size. The mean droplet size and the uniformity of the droplet size 
distribution will in general vary based on several factors such as: characteristics and 
properties of the liquid, the nozzle design, the atomisation air and liquid flow rate through the 
nozzle and more (Schick, 2006 and Masters, 1972). A brief overview of some of the most 
important qualitative trends is presented below. 
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2.2.2.1. Design and operation 
 
The liquid flow rate has a direct influence on droplet size. An increase in liquid flow rate will 
typically increase the mean droplet size and vice-versa (Schick, 2006 and Spray Drying 
Systems Co., 2000). The atomisation air pressure (i.e. the airflow rate) has in general an 
inverse effect on the mean droplet size. An increase in atomisation air pressure will typically 
reduce the mean droplet size whereas a reduction in pressure will increase the droplet size. 
Similarly, the spray angle (adjusted in terms of the air cap) has an inverse relationship effect 
on droplet size (a zero spray angle is parallel to the jet). An increase in spray angle will 
typically reduce the mean droplet size, and a reduction in spray angle will increase the mean 
droplet size (Schick, 2006 and Lefebvre, 1989a).  
 
2.2.2.2. Liquid properties 
 
The liquid properties of importance with respect to two-fluid atomisation are: viscosity, 
density and surface tension. An increase in viscosity will typically increase the Sauter mean 
droplet diameter, d32, which is demonstrated in figure 2.8. Here d32 is plotted against viscosity 
for various levels of the atomisation air velocity (vair) at a constant liquid flow rate in a 
prefilming external mixing airblast atomiser (Rizkalla & Lefebvre, 1975). If, however, the 
atomisation takes place into high ambient air pressure, the increase in d32 with increasing 
viscosity is somewhat larger than what is illustrated in figure 2.8 (Lefebvre, 1996). 
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Figure 2.8: Variation in d32 with liquid viscosity for an external mixing prefilming airblast atomiser.  
T = 296 K, P = 1 bar, 
liq
m& = 15 g/s, ρliq = 995 kg/m
3
, γliq = 0.072 kg/s
2
 (Data adapted from Rizkalla & 
Lefebvre, 1975 and Lefebvre, 1989a). 
 
Further effects upon an increase in liquid viscosity are (Schick, 2006 and Lefebvre, 1989a): 
 
• Decrease in liquid flow rate. 
• Requirement of a higher minimum atomisation air pressure to maintain adequate spray 
angle/coverage. 
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Similarly, an increase in surface tension typically means an increase in d32, which is 
illustrated in figure 2.9. 
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Figure 2.9: Variation in d32 with surface tension for an external mixing prefilming airblast atomiser.   
T = 296 K, P = 1 bar, vair = 100 m/s, ρliq = 995 kg/m
3
, ηliq = 1.2 mPa·s (Data adapted from Rizkalla & 
Lefebvre, 1975 and Lefebvre, 1989a). 
 
Other effects of an increase in surface tension are (Schick, 2006 and Lefebvre, 1989a): 
 
• Decreasing spray angle. 
• Increase in the minimum operating atomisation air pressure at which atomisation takes 
place. 
 
The effect on d32 upon an increase in either the surface tension or the viscosity is due to an 
increase in the amount of energy required to atomise the liquid. The result is fewer, but larger 
droplets (Lefebvre, 1989a). 
 
Liquid density affects the droplet size in a complex manner. E.g. with prefilming atomisers, 
the distance to which the coherent liquid sheet extends downstream of the atomising lip 
increases with density, so that ligament formation occurs later and under conditions of lower 
relative velocity between the air and the liquid (at this increased distance, the velocity of the 
atomisation air has decreased). Furthermore, for any given flow rate, an increase in liquid 
density produces a more compact spray that is less exposed to the atomising action of the 
high-velocity air. These two effects combine to increase the mean droplet size. However, an 
increase in liquid density can also improve atomisation by reducing the thickness of the liquid 
sheet produced at the atomising lip in prefilming nozzles, and by increasing the relative 
velocity for plain jet nozzles. The net effect of these conflicting factors is that the influence of 
liquid density on d32 is fairly small as illustrated for a prefilming airblast atomiser in figure 
2.10 (Lefebvre, 1989a and Rizkalla & Lefebvre, 1975).  
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Figure 2.10: Variation in d32 with liquid density for an external mixing prefilming airblast atomiser.   
T = 296 K, 
liq
m& = 15 g/s, P = 1 bar, γliq = 0.072 kg/s
2
, ηliq = 1.2 mPa·s (Data adapted from Rizkalla & 
Lefebvre, 1975). 
 
2.2.2.3. Atomisation air properties 
 
Of all the factors influencing the mean droplet size, the atomisation air velocity is 
undoubtedly the most important. This trend becomes clear from inspection of figure 2.8 - 
2.11. For low-viscosity liquids, d32 is roughly inversely proportional to the air velocity, which 
underlines the importance of a nozzle design which ensures that the liquid is exposed to the 
highest possible air velocity (Lefebvre, 1989a).  
 
 
Figure 2.11: Variation in d32 with air/liquid mass ratio for a prefilming airblast atomiser.  
T = 296 K, P = 1 bar, γliq = 0.072 kg/s
2
, ρliq = 995 kg/m
3
, ηliq = 1.2 mPa·s (Lefebvre, 1980).   
 
The effects of atomisation air pressure (used to accelerate the airflow thus being the gauge 
pressure) and temperature on d32 are illustrated in figure 2.12 and figure 2.13, respectively. 
These results taken together suggest that for prefilming nozzles, d32 is proportional to the air 
density to the power of -0.6 (Lefebvre, 1989a).     
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Figure 2.12: Variation in d32 with atomisation air (gauge) pressure for an external mixing prefilming 
airblast atomiser.  T = 296 K, ρliq = 995 kg/m
3
, γliq = 0.072 kg/s
2
, ηliq = 1.2 mPa·s (Data adapted from 
Rizkalla & Lefebvre, 1975).   
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Figure 2.13: Variation in d32 with atomisation air temperature for an external mixing prefilming 
airblast atomiser.  P = 1 bar, ρliq = 995 kg/m
3
, γliq = 0.072 kg/s
2
, ηliq = 1.2 mPa·s (Data adapted from 
Rizkalla & Lefebvre, 1975).   
 
2.2.3. External mixing droplet size correlations 
 
Measuring the mean droplet diameter produced from a given nozzle is a difficult exercise 
although different techniques are commercially available as presented by Schick (2006). In 
that perspective it is desirable to obtain a correlation that allows the prediction of the mean 
droplet diameter based on the nozzle design and operations. Literature on droplet size 
correlations is nevertheless sparse. Pneumatic two-fluid nozzles have received attention from 
many authors through the last 60 years, but the authors have often developed their own type 
of nozzle and developed an empirical correlation for the mean droplet size for this particular 
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nozzle. Droplet size correlations are often limited to a narrow parameter range, but 
nonetheless often cited without stating the associated parameter intervals or droplet size 
distributions. Here, only the most relevant equations are presented. For a thorough review of 
droplet size correlations, Lefebvre (1980) and Hede et al. (2008c) should be consulted.  
 
In the work by Kim & Marshall (1971) studies were made on a simple convergent external 
mixing type of nozzle similar to the one presented in figure 2.7. Droplet size measurements 
were carried out on melts of wax mixtures over a range of liquid viscosities from 0.001 to 
0.050 kg/m s, relative velocities from 75 to 393 m/s, air/liquid flow mass ratios of 0.06 to 40, 
liquid densities of 800 to 960 kg/m3 and air densities of 0.93 to 2.4 kg/m3 (all evaluated at the 
nozzle entrance prior to expansion). Based on experimental data, the empirical equation 2.1 
was derived expressing the mass median diameter, dmmd, in terms of nozzle dimensions and 
operating conditions. For more information concerning the range of validity for equation 2.1, 
Hede et al. (2008c) should be consulted. 
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and dmmd is the mass median droplet diameter in µm and Aannulus is the area of the air annulus 
in in2. The units of ηliq, γliq, vrel and ρliq are centipoise, dynes/cm, ft/sec, lb/ft
3, respectively. 
The discontinuity due to the parameter m is an unfortunate feature of equation 2.1 as the 
influence of the exact value of m for the prediction of dmmd is significant. Furthermore, the 
correlation is applicable only to simple external mixing designs operating with Newtonian 
liquids. For comparison of data obtained with equation 2.1 with alternative correlations 
involving the Sauter mean diameter d32, the following relation is suggested in accordance with 
Simmons (1976) (Kim & Marshall, 1971): 
 
mmd32 d0.83d ⋅=  (2.2) 
 
Although determined empirically, equation 2.2 has proven to fit excellent with theoretical 
considerations concerning the Rosin-Rammler droplet size distribution, which will be 
presented in section 2.2.4. 
 
In certain types of fluid bed granulation processes the coating/binder liquid is a suspension or 
a slurry rather than a solution. This is e.g. the case in polymer fluid bed coating processes 
where dry-matter in the form of e.g. TiO2 particles is often added to the aqueous polymer 
solution in order to reduce the stickiness of the coating layer. In contrast to atomisation of 
pure liquids or homogenous solutions, atomisation of suspensions is a rather new field with 
only a few papers published so far. Schütz et al. (2004) recently published some numerical 
investigations with suspensions providing a mathematical-physical model capable of 
calculating the aerodynamically induced atomisation. The boundary conditions for this model 
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at the nozzle orifice were determined by CFD codes calculating the state variables inside the 
nozzle. The resulting d32 was determined by considering the nozzle geometry, operating 
conditions and fluid properties. Comparison of the experimental data from a simple hollow-
cone nozzle with measured droplet sizes via laser diffraction showed good agreement, 
although model predictions are clearly limited by the necessary model assumptions. 
Following previous authors, some correlations for suspension droplet sizes produced from 
internal mixing two-fluid nozzles are published in Shirley & Truc (1987) and Glaser (1989). 
Only recently, Mulhem et al. (2003 & 2006) have published an empirical correlation for 
suspension droplet sizes generated by an external mixing two-fluid nozzle according to 
equation 2.3. Droplet size measurements were carried out on water, glycerol, various kaolin 
suspensions and CMC-water mixtures over a range of liquid viscosities from 0.001 to      
0.080 kg/m·s, relative velocities less than 250 m/s, air/liquid flow mass ratios of 2 to 100, 
liquid densities of 1000 to 1130 kg/m3 and atomisation air densities of 0.8 to 3 kg/m3 (all 
evaluated at the nozzle entrance prior to expansion). For more information concerning the 
range of validity for equation 2.3, Hede et al. (2008c) should be consulted. 
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where the ratio of the atomisation air dynamic pressure ( air
2
air ρv ⋅ ) to liquid capillary pressure 
(γliq/dorifice) at the outset of the process is the gas-Weber number given by equation 2.4 
(Walzel, 1993). 
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and Oh is the so-called Ohnesorge number that relates surface tension and viscosity according 
to equation 2.5 (Lefebvre, 1989a). 
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Equation 2.3 has shown good agreement with suspensions containing small particles with 
diameters in the range of 6 – 10 µm and for d32 values ranging from 5 – 100 µm. Apparently, 
the atomisation process is not affected significantly by the presence of the tested particles in 
the suspension, and equation 2.3 has shown adequate precision with pure water droplets 
(Mulhem et al., 2003). However, Mulhem et al. (2006) also showed that as the particles in the 
suspension increase in size up to the diameter of the liquid droplets, the solid particles and the 
liquid will become more and more separated. This is indicated by a bimodal droplet size 
distribution. 
 
2.2.4. Droplet size distributions 
 
Due to the heterogeneous nature of the atomisation process, the liquid threads and ligaments 
formed by the various mechanisms of jet and liquid sheet disintegration vary widely in 
diameter, and the resulting main droplets typically vary in size. Practical nozzles do therefore 
not produce sprays of uniform droplet size at any given operating condition. Instead the spray 
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may be regarded as a spectrum of droplet sizes distributed about some arbitrarily defined 
mean value (Lefebvre, 1989b). Thus, in addition to the mean droplet size, another parameter 
of importance in the definition of a spray is the distribution of droplet sizes. As no complete 
theory has yet been developed to describe the hydrodynamic and aerodynamic processes 
involved when jet and sheet disintegration occurs under normal atomisation conditions, a 
number of functions have been proposed. These are based on either probability or purely 
empirical considerations that allow the mathematical representation of measured droplet size 
distributions. Those include most importanly: normal, log-normal, Nukiyama-Tanasawa, 
Rosin-Rammler and upper-limit distributions (Lefebvre, 1989b and Nukiyama & Tanasawa, 
1939 & 1940). Comparison of these distributions reveals that all of them have deficiencies of 
one kind or another. So far, no single distribution has emerged that has a clear advantage over 
the others. For any given application the best distribution function is obviously one that 
provides the best fit to the experimental data. The most widely used expression for droplet 
size distributions is one that was originally developed for particles being the Rosin-Rammler 
distribution given by equation 2.6. 
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where Q is the fraction of the total volume (or total mass) contained in droplets of diameters 
less than ddr, and X and q are constants. The Rosin-Rammler relationship thus describes the 
droplet size distribution in terms of two parameters X and q. The exponent q represents the 
spread of droplet sizes. The higher the value of q, the more uniform the spray becomes (Rosin 
& Rammler, 1933). Modern nozzles typically operate with q values in the range of 1.5 – 2.9 
(Niro, 2007).  
 
Although the Rosin-Rammler distribution assumes an infinite range of droplet sizes the 
distribution has a virtue of simplicity. Furthermore, it permits data to be extrapolated into the 
range of very fine droplets, where measurements are often difficult and least accurate. 
Another useful advantage of the Rosin-Rammler distribution is that all the representative 
droplet distribution diameters are uniquely related to each other via the distribution parameter 
q. This makes it possible to express certain spray properties in terms of the parameters q and 
thereby deduce one characteristic diameter from another if one of them is known. Lefebvre 
(1989b) and Chin & Lefebvre (1987) presented some of the most important expressions 
according to equation 2.7 – 2.11.  
 
1/q
mmd
v0.1 (0.152)
d
d
=  (2.7) 
 
where dv0.1 is the droplet diameter such that 10 % of the total liquid volume is in droplets of 
smaller diameter. 
 
1
d
d
mmd
v0.5 =  (2.8) 
 
where dv0.5 is the droplet diameter such that 50 % of the total liquid volume is in droplets of 
smaller diameter. Equation 2.8 is obvious as dv0.5 is related to dmmd via the liquid density. 
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where dv0.9 is the droplet diameter such that 90 % of the total liquid volume is in droplets of 
smaller diameter. 
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where dv0.999 is the droplet diameter such that 99.9 % of the total liquid volume is in droplets 
of smaller diameter. 
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where Γ is the gamma function known from mathematics as the extension of the factorial 
function to real and complex numbers. Interestingly, for sprays with a narrow size 
distribution, where q approaches a value of at least 2.5, equation 2.11 predicts a value of the 
dmmd/d32 fraction close to 1.2 which is close to the result found experimentally by Kim & 
Marshall (1971) and Simmons (1976) in equation 2.2. The relationships in equation 2.7 and 
2.9 – 2.11 are plotted as functions of the parameter q in figure 2.14. 
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Figure 2.14: Relationship between the Rosin-Rammler distribution parameter q and various spray 
characteristics. Data obtained from equation 2.7 and 2.9-2.11. 
 
From analysis of a considerable amount of droplet size data obtained with various nozzle 
types, Rizk & Lefebvre (1985) found that a better fit to the experimental data, especially for 
the larger droplet sizes, could be obtained by a modified Rosin-Rammler correlation 
according to equation 2.12. 
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These findings have, however, not been followed by other authors and a wide range of other 
statistical relationships have been suggested as reviewed by Lefebvre (1989a,b). Generally, 
little attention has been given in literature to the droplet size distribution in comparison with 
the mean droplet diameter. Although modern two-fluid nozzles have been designed to 
produce narrow droplet size distributions, it must be stressed that droplet size distributions are 
just as important for any practical nozzle application as are the mean droplet diameters 
(Schlick, 2007 and Spray Drying Systems Co., 2000). 
 
2.3. Fluidisation fundamentals 
 
Fluidisation occurs when a fluid (being gas, but applies in principle also to liquids) passes 
upwards through a bed of particles resulting in the particles assuming liquid-like properties 
(Rhodes, 1998 and Teunou & Poncelet, 2002). Due to frictional resistance, the pressure drop 
in the fluid increases with increasing fluid flow. At a certain point, where the upward drag 
force exerted by the fluid on the particles is equal to the apparent weight of the particles, the 
particles are lifted, and separation of the particles increase in all leading to fluidisation 
(Rhodes, 1998). This onset of fluidisation is known as the minimum fluidisation, and the 
corresponding velocity is called the minimum fluidisation velocity, vmf. From this point, a 
further increase in gas velocity results in instabilities, where a part of the gas bypasses the rest 
of the bed in the form of bubbles. The fluidisation velocity, at which bubbles are first 
observed, is known as the minimum bubbling velocity, vmbu. These bubbles tend to coalesce 
and thereby grow in size as they rise through the bed. The migration of these bubbles through 
the bed displaces the particles in a highly agitated fashion as the bubbles burst. For the 
fluidisation of certain types of particles, increasing the gas flow rate even further results in 
larger bubbles up to a point where the gas bubble diameter is equal to the chamber diameter. 
This result in a regime called slugging fluidisation. At a further increase in the gas velocity to 
a point close to the terminal velocity, the fluidisation behaviour drastically changes into what 
is known as turbulent fluidisation. This type of fluidisation is characterised by turbulent 
clusters of particles and gas voids of varying shape and size, as a distinct bubble phase is no 
longer present (Bi et al., 2000, Kunii & Levenspiel, 1991). At gas velocities equal to or 
beyond the terminal particle velocity the bed is entrained into a disperse or dilute phase, 
which gives rise to pneumatic transport out of the reactor. The different types of fluidisation 
regimes are visualised in figure 2.15. 
 
 
  
Figure 2.15: A schematic representation of different flow modes in a fluidised bed. a) Fixed bed,  
b) Bed at minimum fluidisation, c) Bubbling fluidised bed, d) Slugging bed, e) Turbulent  
fluidised bed, e) Pneumatic transport (based on Kunii & Levenspiel, 1991 and Ronsse, 2006).  
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2.3.1. Minimum fluidisation velocity 
 
At a gas velocity at the onset of fluidisation, the drag force by the upward moving gas equals 
the weight of the particles. This gas velocity is known as the minimum fluidisation velocity. 
There are many empirical correlations available for the calculation of vmf based on particle 
and fluidisation properties, as reviewed by Kunii & Levenspiel (1991). One of the standard 
equations is known as the Ergun equation suggested by Ergun (1952) according to: 
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where ηa is the gas viscosity, ρa the gas density, dp the diameter of particles and βE1 and βE2 
are the Ergun parameters depending on the particle sphericity and the bed voidage at incipient 
fluidisation, εmf. Ar is the Archimedes number (also sometimes referred to as the Galileo 
number) defined as (Kunii & Levenspiel, 1991): 
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where ρp is the particle density and g being gravity. 
 
For particles above 100 µm the Ergun expression can be approximated by (Wen & Yu, 1966 
and Teunou & Poncelet, 2002): 
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2.3.2. Terminal velocity 
 
The terminal velocity, vt, is the air velocity over which transportation by dragging or 
pneumatic conveying occurs. Above this high velocity the fluidisation will stop and the 
particles will be transported out of the bed. In a fluid bed context it is thereby desired to 
operate at a gas flow velocity between vmf and vt to avoid carryover of particles (Kunii & 
Levenspiel, 1991). Rules of thumb state that a proper fluidisation velocity should be found in 
the range of 0.2 to 0.5 times of vt, and that vt is at least ten times larger than vmf (Niro, 1992). 
Kunii & Levenspiel (1991) suggest the following equation for the estimation of vt: 
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in which CD is an experimentally determined drag coefficient for spherical particles given as 
(Kunii & Levenspiel, 1991): 
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where Rep is the particle Reynolds number defined as (Kunii & Levenspiel, 1991): 
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where va is the velocity of the fluidisation gas.  
 
For non-spherical particles, vt may be found as (Kunii & Levenspiel, 1991): 
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where *tv  is the dimensionless terminal velocity approximated by (Kunii & Levenspiel, 1991): 
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where ψp is the particle shape factor (also known as the particle sphericity), which accounts 
for the non-spherical particle shape. The sphericity is defined as the surface of a sphere 
divided by the surface of an irregular particle both having the same volume (Kunii & 
Levenspiel, 1991). Thus a perfect sphere has ψp = 1. The parameter 
*
pd  is the dimensionless 
particle diameter determined by (Kunii & Levenspiel, 1991): 
 
1/3*
p Ard =  (2.21) 
 
It can be seen from equation 2.13 and 2.14 that besides the gas properties, it is the size and 
density of the particles that determine the fluidisation velocity needed to obtain a 
homogenously fluidised bed. The larger and denser the particles are, the higher the 
fluidisation velocity must be to keep the particles fluidised (Guignon et al., 2002). During e.g. 
an agglomeration process, vmf will increase as the granule diameter increases. As a result, the 
excess gas velocity, ve, will decrease and so will the overall bed mixing (Schaafsma et al., 
1999). The excess gas velocity, ve, is the part of the fluidisation gas velocity above the 
minimum fluidisation velocity that is not necessary for fluidisation (Kunii & Levenspiel, 
1991).  
 
2.4. The Geldart classification of particles 
 
Recognizing the importance of particle size and density on fluidisation properties, Geldart 
(1973) has found four overall fluidisation modes and determined a general particle 
classification chart. For any particle of known density ρp and mean particle diameter pd , the 
Geldart chart indicates the type of fluidisation behaviour to be expected (Kunii & Levenspiel, 
1991). The Geldart chart can be seen in figure 2.16. 
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Figure 2.16: The Geldart classification of particles (Geldart, 1973 and Teunou & Poncelet, 2002).  
 
The Geldart (1973) chart is one of the oldest classification schemes and other authors have 
suggested alternative schemes – e.g. a dimensionless Geldart classification scheme proposed 
by Rietema (1984). In spite of this, the original scheme by Geldart (1973) is well recognised 
and still widely used in all fields of particle technology. Often particles are simply referred to 
as “Geldart A particles” etc. in the literature. The chart has proven useful at fluidisation 
conditions up to ten times vmf (Kunii & Levenspiel, 1991).  
 
Geldart (1973) divides particles according to particle size and particle density into four 
different groups. From the smallest to the largest particles, the four groups are: C, A, B and D. 
The group C particles are cohesive or very fine powders, which are often difficult to fluidise. 
Here attempts of fluidisation will result in bubbles or channelling. At higher air velocities the 
particles will be carried out of the bed. Starch, flour and cement are typical examples of group 
C particles. 
 
Materials having a small mean particle size and/or densities less than 1.4 g/cm3 are placed in 
group A. Particles from this group fluidise well, and velocities higher than vmf, but lower than 
the minimum bubbling velocity, vmbu, will cause a homogenous expansion of the bed. At 
higher gas velocities bubbles will form, but the bubbles will be of limited size at all velocities 
up to vt, where elutriation begins. All this helps to ensure both a large degree of mixing and a 
high extent of contact between the gas and particles, hence improving heat and mass transfer 
(Kunii & Levenspiel, 1991 and Geldart, 1973) 
 
The group B particles are sandlike particles with mean particle diameters roughly between 40 
and 500 µm and densities between 1.4 and 4 g/cm3. The fluidisation mode of this type of 
particles is highly affected by the formation of gas bubbles in the bed, and group B particles 
typically fluidise well. The difference from group A particles is that the particle bed will only 
experience a limited expansion when the gas flow rises above vmf. Furthermore, this regime 
has vmbu = vmf, which means that airflows larger than vmf result in bubbles, and not in a more 
porous bed. These bubbles have no maximal size, and will continue to grow when the airflow 
rate is increased. This will cause large pressure fluctuations, and while the large bubbles may 
increase the mixing of the bed, the bubbles will not improve heat and mass transfer to any 
significant degree (Rhodes, 1998 and Abrahamsen & Geldart, 1980). 
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Particles from group D are large and/or dense particles and often difficult to fluidise. As the 
airflow rate required to fluidise group D particles is high, group D particles are not normally 
processed in conventional fluid beds (Kunii & Levenspiel, 1991 and Teunou & Poncelet, 
2002). In this regime there is no upper limit to the size of the bubbles and high air velocities 
will easily result in very large slugs of gas (Rhodes, 1998). This will result in large pressure 
fluctuations with vertical distance and in all cause an inhomogeneous bed. As a result of this, 
Geldart D particles are typically handled in a spouted bed where a gas jet in the center creates 
a fountain of particles carried along from the bottom of the bed (Rhodes, 1998). 
 
Although the division of particles into the four Geldart groups may seem unambiguous and 
rigid, it is important to note that at operating conditions far above ambient temperature and 
pressure, a particle may appear in a different group from that it occupies at ambient 
conditions. This is due to the effect of gas properties in form of ρa in the classification chart in 
figure 2.16. As far as fluid bed processing is concerned, changes in ρa with respect to ambient 
conditions often occur and this must therefore be taken into consideration when using the 
Geldart chart (Rhodes, 1998). Furthermore, agglomeration will also typically change the 
mean particle diameter significantly, meaning that the particles may change their Geldart 
group during processing. 
 
2.5. Bubbling fluid beds 
 
In many practical applications, the performance of fluidised beds depends on the bubbling 
behaviour, in which the understanding of the gas-solid contacting is important (Kunii & 
Levenspiel, 1991). The earliest and simplest view of the bubbling bed is that all gas in excess 
of vmf (i.e. va-vmf) passes through the bed as bubbles, while the particle emulsion remains at 
minimum fluidisation conditions. This theory is commonly known as the two-phase theory 
originally suggested by Toomey & Johnstone (1952) and later expanded by Davidson & 
Harrison (1963) and Kunii & Levenspiel (1991). Although numerous studies have later 
proved that fluidisation in general is somewhat more complex than what is described by this 
theory, the two phase model is still widely used due to its intuitive simplicity, elegance and its 
well-validated equations (Rhodes, 1998 and Kunii & Levenspiel, 1991).   
  
2.5.1. Two-phase description of the bubbling fluid bed 
 
The two-phase theory considers the bubbling fluidized bed to be composed of two phases: 
The bubbling phase (the gas bubbles) and the emulsion phase. The emulsion phase refers to 
the suspended solid particles and the interstitial gas volume between the fluidized particles. 
The theory states that the gas flow through the emulsion phase is equal to the minimum 
fluidisation gas flow rate as indicated by figure 2.17. Any gas in excess of the minimum 
fluidisation gas flow rate will bypass the emulsion phase as bubbles expressed according to 
equation 2.22. 
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Figure 2.17: Gas flows inside the fluidised bed according to the two-phase theory 
(based on Ronsse, 2006 and Toomey & Johnstone, 1952).  
 
In practice, the original two-phase theory overestimates the volume of gas passing through the 
bed as bubbles due to two prevailing effects in the gas flow pattern being; a significant gas 
flow through the bubbles and larger interstitial gas flow in the emulsion phase. Rhodes (1998) 
suggests in accordance with Peters et al. (1982) that equation 2.22 should be modified 
according to: 
 
444 3444 214444444 34444444 21
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where Ybu is a variable expressing the reduction in gas flow through the bubble phase. For 
Geldart A and Geldart B particles, Ybu ranges between 0.8 - 1.0 and 0.6 - 0.8, respectively 
(Rhodes, 1998). 
 
2.5.2. Gas bubble size 
 
As observed by Rowe (1973), Davidson & Harrison (1963) and Kunii & Levenspiel (1991) 
among others, gas bubbles formed during fluidisation are not spherical, but rather 
hemispherical and vary greatly in size. This makes it difficult to characterise a mean bubble 
size, but for practical purposes a measure is often needed. It is common to define a spherical 
bubble diameter, dbu, based on the volumetric size of the gas bubbles in the bed (Kunii & 
Levenspiel, 1991).  
 
In fluid beds, having a rather small diameter (hbed > dbed), the diameter of the bubbles 
increases as they travel vertically through the bed due to bubble coalescence. To describe the 
relationship between bubble size and its position above the gas distributor, hbu, the empirical 
Mori & Wen (1975) correlation is often used for Geldart B and D particles according to: 
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where dbu,0 is the initial diameter of the bubbles as they are formed at the air distributor plate. 
The parameter thus depends on the type of gas distribution plate. For standard perforated plate 
distributors, the initial bubble size under high gas flow rates may be approximated by 
equation 2.25, whereas other correlations for lower gas flow rates and other types of 
distributor plates may be found in Kunii & Levenspiel (1991): 
 
( )2mfa0.2bu,0 vvg
2.78
d −=  (2.25) 
 
The parameter dbu,max in equation 2.24 is the largest bubble diameter attainable, i.e. when all 
the gas bubbles coalesce to form a single bubble. According to Kunii & Levenspiel (1991) it 
may be estimated as: 
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Another widely used correlation for Geldart B particles only, where the gas bubble diameter 
is correlated directly with the design of the distributor plate, is the correlation suggested by 
Darton et al. (1977): 
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where Nor is the total number of perforations (orifices) in the distributor plate. The term 
or
2
bed N/)2/d(π ⋅ represents the distributor plate area per orifice. In case the distributor plate is 
porous, correlation 2.27 can be used by approximating 03.0)N/)2/d((π4 5.0or
2
bed ≈⋅⋅  (Darton 
et al., 1977). 
 
2.5.3. Gas bubble rise velocity 
 
On the basis of the two-phase theory and experiments with single rising bubbles in a fluidised 
bed, Davidson & Harrison (1963) suggested that the rise velocity of a single bubble, in the 
absence of wall interactions, could be related to the bubble diameter according to: 
 
0.5
bubu )d(g0.711v ⋅⋅=  (2.28) 
 
In the practical case with multiple rising bubbles, the drag force exerted by the bed on the 
individual bubbles is reduced compared to a single rising bubble, because the bubbles carry 
each other through the particle bed. In the case with multiple bubbles, equation 2.28 is 
modified according to (Davidson & Harrison, 1963): 
 
0.5
bumfabu )d(g0.711vvv ⋅⋅+−=  (2.29) 
 
Experimental investigations of equation 2.29 have shown that the equation cannot be used for 
all Geldart particle types at any particle diameter. In order to come up with an equation that 
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covers different particle sizes, Kunii & Levenspiel (1991) have proposed the following 
equation for Geldart B particles, based on data by Werther (1978): 
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2.5.4. Particle bed expansion in bubbling fluid beds 
 
Following the two-phase theory, the total voidage of a bubbling fluidised bed, εbed, consists of 
two parts; the voidage created by the bubble phase, εbu, and the voidage in the emulsion 
phase. According to Toomey & Johnstone (1952), for Geldart B and D particles, the voidage 
in the emulsion phase is equal to the bed voidage at minimum fluidisation giving: 
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The bubble voidage (fraction of bubbles), εbu, may be found according to (Toomey & 
Johnstone, 1952): 
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where Abed is the bed surface area. The bed voidage at minimum fluidisation, εmf, may be 
found by the following equation suggested by Broadhurst & Becker (1975): 
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2.5.5. Particle transport and particle circulation time 
 
The existence of gas bubbles in the fluidised bed has a strong effect on the transport of 
particles. As a bubble travels vertically through the fluid bed, it drags a captive wake behind 
it, creating a mechanism for effective particle dispersion in bubbling beds. The gas phase of 
the bubble partly remains within the bubble, depending on the type of Geldart particles, 
although diffusion occurs within the emulsion phase at the bubble’s surface, and part of the 
bubble’s gas phase penetrates into the surrounding emulsion phase, creating a so-called cloud 
around the bubble (Kunii & Levenspiel, 1991). The structure of a rising bubble may be seen 
in figure 2.18. 
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Figure 2.18: Structure of a rising bubble (Ronsse, 2006 based on Rowe, 1973). 
 
Examinations by Rowe (1973) indicate that the upward fluidisation drift has a roughly conical 
shape with a volume of approximately 0.35 times the gas bubble volume, Vb, whereas the 
wake volume is approximately 0.25 times the bubble volume. Hence, each gas bubble 
displaces upwards a total volume of particles of approximately 0.6⋅Vb. Figure 2.19 illustrates 
the different volumes as well as the different types of motion occurring during the rise of a 
bubble. 
 
 
 
Figure 2.19: Model of particle movement due to the rise of a bubble in a bubbling fluidised bed  
(Based on Rowe, 1973). 
 
Based on the equations for the bubble rise velocity, Rowe (1973) suggested a widely used 
equation for the calculation of the average particle circulation time, τc, during fluidisation at 
moderate gas velocities:  
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According to Link & Schlünder (1997), τc should be less than a few seconds during a steady 
state coating process in order to keep the particle moisture contents low and hence reduce the 
chance of agglomeration. Abbott (2002) reports that the uniformity regarding size of coated 
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granules is highly affected by the value of τc in a batch fluid bed. If the average circulation 
time is too high, the number of time each particle will pass through the spray zone will vary 
from particle to particle. This will lead to significant variations in coating layer thicknesses 
and increase the chance of agglomeration even when the initial granule size distribution prior 
to coating is narrow (Teunou & Poncelet, 2002).  
 
2.6. Basic principles of heat and mass transfer in fluid beds 
 
Some of the clear advantages with fluid bed processing are the excellent heat and mass 
transfer potentials available, in particular the high transfer rate between the particles and the 
through-flowing fluidisation air (Kunii & Levenspiel, 1991). Heat may be transferred by three 
different mechanisms: conduction, convection and radiation, and in the context of fluid beds 
all three mechanisms are relevant. In the following subsections, a brief introduction to the 
basic principles of heat and mass transfer in fluid beds will be given. Only the general overall 
aspects are presented here as the specific equations are presented in association with the 
dynamic heat and mass transfer fluid bed model in chapter nine. For a thorough description of 
heat and mass transfer theory in fluid beds, literature such as Kunii & Levenspiel (1991) and 
Rohsenow et al. (1998) should be consulted. 
 
2.6.1. Conductive heat transfer 
 
The conduction mode of heat transfer involves energy transfer from regions of higher 
temperature to those with lower temperatures, but without any actual movement of material. 
The energy transfer occurs mainly through the contact of matter at a given point with adjacent 
matter. The rate of heat transfer by conduction can be described by Fouriers equation 
according to equation 2.35. Equation 2.35 is a general equation valid for gasses and solids as 
well as for liquids (Clement et al., 2004).  
 
Tλq cond ∇⋅−=  (2.35) 
 
For one-dimensional conductive heat transfer, equation 2.35 becomes: 
 
dx
dT
λq cond ⋅−=  (2.36) 
 
where λ is a proportionality factor known as the thermal conductivity being a material 
property and temperature dependent (Clement et al., 2004). The minus signs in equation 2.35 
and 2.36 are added in order to have a positive heat transport from a warmer to a colder body 
(Dewettinck, 1997). Equation 2.36 may be solved for a rectangular, cylindrical or spherical 
coordinate system depending on the geometrical shape of the object being studied. 
 
2.6.2. Convective heat transfer 
 
Convective heat transfer is the major mode of heat transfer between the surface of a solid 
material and the surrounding fluid (being air or liquid). The rate of convective heat transfer 
depends on the properties of the fluid and the fluid flow characteristics (Dewettinck, 1997). 
When a fluid is directed along a smooth surface, a boundary layer is developed which is 
illustrated in figure 2.20. 
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Figure 2.20: The laminar boundary layer for a forced laminar fluid flow flowing parallel to a solid 
surface (based on Ronsse, 2006 and Clement et al., 2004). 
 
At great distances from the surface the fluid may be considered inviscid, as there are no 
temperature or velocity gradients (Clement et al., 2004). However, in the region closest to the 
surface, the viscous forces are dominant, creating a velocity gradient dv/dz normal to the 
surface. This region is called the boundary layer having a thickness of δ, which in the so-
called film model is assumed to be very small compared to the diameter of the fluid bed 
chamber. This also means that the velocity and temperature in the core are almost identical to 
the mean value in the boundary layer (Clement et al., 2004). The fluid velocity is zero at the 
wall while the temperature is Tw meaning that when a surface is immersed in a fluid, the heat 
losses through the laminar boundary layer of thickness δ can be written according to equation 
2.37 (following from Fourier’s law and the assumptions in the film model). 
 
)T(T
δ
λ
q wa
a
conv −=  (2.37) 
 
where λa is the thermal conductivity of the gas and Ta is the temperature of the gas phase 
(Ronsse, 2006). Equation 2.37 is only valid for forced turbulent flow. For other types of flow, 
the equation can still be used although the boundary layer thickness δ should be considered as 
the thickness of an equivalent rather than the real laminar boundary layer. The ratio between 
the thermal conductivity and the boundary layer thickness is known as the convective heat 
transfer coefficient, αheat: 
 
δ
λ
α aheat =  (2.38) 
 
Based on equation 2.38 a so-called Nusselt number may be derived according to equation 
2.39. The Nusselt number is a dimensionless relationship that provides a basis for comparing 
the rate of convective heat loss from geometrically similar bodies immersed in a moving 
fluid.  
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The Nusselt number may thereby be defined as the ratio of the actual heat flux to the flux that 
would occur in a layer of motionless gas with thickness dbody, and with the same temperature 
difference across the gas layer (Ta - Tw) (Ronsse, 2006). Treating convective heat loss from 
fluid beds a distinction must be made between free (natural) and forced convection, as the 
empirical correlations typically have been derived for either of the two cases. A brief 
introduction to the two types of convection is presented below. 
 
2.6.2.1. Free or natural convection 
 
If the heat convection is caused only by temperature differences in the fluid resulting in a 
density gradient this is known as free or natural convection (Clement et al., 2004). For this 
type of heat transfer the Nusselt number may be described in general according to: 
 
bPr)(Gra Nu ⋅⋅=  (2.40) 
 
where a and b are constants depending on the geometry and the type of flow. For vertical 
cylinders and plates, values according to table 2-1 may be used: 
 
Table 2-1: Values for the constants a and b for the calculation of the Nusselt number.  
Valid for vertical plates and cylinders (Rohsenow et al., 1998) 
Gr·Pr a b 
< 104 (laminar) 1.36 1/5 
104 < Ga·Pr < 109 (transition) 0.59 1/4 
> 109 (turbulent) 0.13 1/3 
  
In equation 2.40 there are two further dimensionless parameters – the Grashof number, Gr, 
which approximates the ratio of the buoyancy to viscous force acting on a fluid, and the 
Prandtl number, Pr, approximating the ratio of momentum diffusivity (kinematic viscosity) 
and thermal diffusivity. The two parameters are given by: 
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where L is a characteristic length of the body, Cp the specific heat capacity of the fluid and βa 
is the thermal expansion coefficient of the fluidisation air being approximated as 3.0·10-3 K-1. 
All other physical properties in equation 2.41 and 2.42 should be evaluated at the film 
temperature being Tfilm = (Te + Tw)/2, where Te is the external air temperature. Hence, the 
subscript “film” in the parameters in the two equations (Ronsse, 2006 and Clement et al., 
2004). 
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2.6.2.2. Forced convection 
 
If the fluid motion is induced by a pump, a fan or a similar device, the convective heat 
transfer is termed forced convection (Rohsenow et al., 1998). The fluid flow past an immersed 
surface is related to the dimensionless Prandt and Reynolds number in forced convection. The 
Reynolds number is the ratio of the fluid’s inertial force to viscous forces being defined as: 
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As in other areas of the heat transfer theory there are many proposed empirical correlations 
between the Nusselt number and the Prandtl and Reynolds number for forced convection. For 
the present work, especially two correlations are important: 
 
For the calculation of the Nusselt number in vertical round pipes with turbulent flow and 
uniform temperature, the Dittus-Boelter equation may be used according to: 
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where Ltube is the length of the tube and dtube the diameter of the tube. For flow past a single 
sphere with constant surface temperature an approximation of the Whitaker equation may be 
used to relate the Nusselt number to pertinent flow variables:  
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It is hereby assumed that the ratio between the viscosity of the bulk fluid to the viscosity of 
the fluid near the submerged surface is unity. This is a good approximation when dealing with 
small temperature differences between the surface, Tw, and the bulk fluid, Ta (Ronsse, 2006). 
 
2.6.3. Radiative heat transfer 
 
The third mode of heat transfer is radiation. Radiative heat transfer takes place between two 
surfaces due to the emission and later absorption of electromagnetic radiation. (Dewettinck, 
1997). Contrary to conduction and convection, radiation requires no physical medium for its 
propagation. The energy emitted from a surface depends on the temperature and may be 
estimated in terms of the Stefan-Boltzmann law according to:  
  
4
emisrad TεAσq ⋅⋅⋅=  (2.46) 
 
Chapter 2. Fluid bed coating and fluidisation fundamentals 
41 
where Aemis is the area of the emissive surface, σ is the Stefan-Boltzmann constant being 
5.669·10-8 W m-2 K-4 and ε is the emissivity. When a body is exposed to thermal radiation a 
certain amount of the incoming energy is absorbed. The fraction of the incoming to the 
absorbed energy is the emissivity of the body. Hence, the emissivity describes the extent to 
which a surface is similar to a black body. In case of a perfect black body ε equals 1. 
Otherwise, ε ranges between 0 and 1. 
 
In case of a single surface or body temperature Tw, the heat radiated into the surroundings, 
having a uniform temperature of Te, may be estimated according to (Clement et al., 2004): 
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2.6.4. Heat and mass transfer analogy  
 
Between the convective heat and convective mass transfer exists a close analogy caused by 
the fact that conduction and diffusion in a fluid are governed by practical laws of identical 
form. Similar to the Nusselt number for heat transfer, a dimensionless Sherwood number, 
representing the ratio of length scale to the diffusive boundary layer thickness, is defined 
according to (Ronsse, 2006 and Clement et al., 2004): 
 
v
bodymass
D
d α
Sh
⋅
=  (2.48) 
 
where Dv is the molecular diffusion coefficient for water vapour in air and αmass is the mass 
transfer coefficient. 
 
While the Nusselt number for convection can be estimated using empirical correlations based 
on the Reynolds/Prandlt numbers or Grashof/Prandtl numbers in cases of free or natural 
convection, the Sherwoood number is likewise calculated using the same correlations, but 
based on dimensionless Reynolds and Schmidt numbers. Hence, as an example analogously to 
equation 2.45, the equivalent Whitaker equation for convective mass transfer, in case of e.g. 
evaporation from the surface of a sphere, is given by: 
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where the dimensionless Schmidt number, Sc, is the ratio of the momentum diffusivity (or 
viscosity) to the mass diffusivity given by: 
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The particle Sherwood number is given by (Clement et al., 2004): 
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2.7. Chapter summary 
 
The chapter has outlined the fundamental principles of fluid bed granulation. Initially, the 
basic concepts of agglomeration and coating were presented. Although these concepts are 
fairly simple in principle, the complexity in terms of process control, arising from possible 
interactions from numerous parameters and properties, was briefly outlined. The importance 
of especially fluidisation and nozzle-related conditions was highlighted hereby motivating the 
subjects of the following sections in the chapter. 
 
The types of fluid bed equipment were presented together with a brief presentation of other 
types of granulation equipment. The advantages of fluid beds over other types of granulators 
were emphasised including good heat and mass transfer, temperature homogeneity, 
mechanical simplicity and one-pot processing capabilities. Furthermore, the four basic types 
of batch fluid bed equipment were presented along with an introduction to the concepts of 
continuous fluid bed granulation. It was discussed how top-spray fluid beds are still in use 
industrially, although in terms of coating processes, the trend goes in the direction of more 
advanced bottom-spray batch fluid beds and to some extent into continuous fluid beds. 
 
Two-fluid atomisation was introduced including fundamentals, nozzle designs and variables 
affecting the mean droplet size. A number of droplet size correlations were presented and the 
section ended with an introduction to droplet size distributions. The section clearly indicated 
the complexity of two-fluid atomisation, and how the droplets produced by such nozzles are 
affected by numerous properties concerning both the liquid and the atomising air. 
 
The basic concepts of fluidisation were presented, and the fundamental parameters such as 
minimum fluidisation and terminal velocity were presented followed by the Geldart 
classification of particles and the two-phase description of the bubbling fluid bed. The two-
phase theory is still widely used for its intuitive simplicity and its well-validated equations, 
although being a simple approach. Some of the most relevant equations were presented for the 
use in subsequent chapters. Finally, an introduction to the basic principles of heat and mass 
transfer was given. Heat transfer in terms of three mechanisms was presented being: 
conduction, convection and radiation. The section introduced some of the basic equations, and 
a close analogy to heat and mass transfer in other areas of chemical engineering was observed 
for the equations relevant for fluid beds. The analogy between heat and mass transfer was 
further briefly highlighted.  
 
2.8. Table of symbols 
 
Symbols 
 
Unit 
a Constant in equation 2.40 Dimensionless 
Abed Bed surface area m
2 
Aemis Area of the emissive surface m
2 
Aannulus Area of the air annulus m
2 or in2 
Aplate Area of the air distributor plate m
2 
Ar Archimedes number Dimensionless 
b Constant in equation 2.40 Dimensionless 
Cp Specific heat capacity J/(kg · K) 
CD Drag coefficient Dimensionless 
d32 The Sauter mean droplet diameter µm 
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dbed Diameter of the particle bed m 
dbody Characteristic diameter of a given body m 
dbu Gas bubble diameter m 
dbu,0 Initial gas bubble diameter m 
dbu,max Largest gas bubble diameter attainable m 
ddr Mean droplet size µm 
dmmd
 Mass median droplet diameter µm 
dp Particle diameter µm 
*
pd
 
Dimensionless particle diameter Dimensionless 
pd  Mean particle diameter µm 
dorifice Diameter of the liquid orifice at the nozzle exit m 
dtube Diameter of a given tube m 
dv0.1 The droplet diameter such that 10 % of the total liquid 
volume is in droplets of smaller diameter. 
µm 
dv0.5 Volume median diameter µm 
dv0.9 The droplet diameter such that 90 % of the total liquid 
volume is in droplets of smaller diameter. 
µm 
dv0.999 The droplet diameter such that 99.9 % of the total liquid 
volume is in droplets of smaller diameter. 
µm 
Dv Molecular diffusion coefficient  m
2/s 
g Gravity m/s2 
Gr Grasshof number Dimensionless 
hbed Height of expanded particle bed m 
hbu Bubble position above the distributor plate m 
hmf Bed height at minimum fluidisation velocity m 
L Characteristic length of a given body m 
Ltube Length of a given tube m 
m Exponent for equation 2.1 Dimensionless 
airm&  Mass rate of atomisation air g/s 
liqm&  Mass rate of liquid g/s 
Nor Total number of orifices in the distributor plate Dimensionless 
Nu Nusselt number Dimensionless 
Nup Particle Nusselt number Dimensionless 
Oh Ohnesorge number Dimensionless 
P Pressure Pa 
Pr Prandtl number Dimensionless 
q Rosin-Rammler parameter Dimensionless 
qcond Heat flux by conduction J/(s·m
2) 
qconv Heat flux by convection  J/(s·m
2) 
qrad Heat flux by radiation J/(s·m
2) 
Q Fraction of the total volume contained in droplets of 
diameters less than ddr 
Dimensionless 
Re Reynolds number of gas phase Dimensionless 
Rep Particle Reynolds number Dimensionless 
Sc Schmidt number Dimensionless  
Sh Sherwood number Dimensionless  
Shp Particle Sherwood number Dimensionless  
T Temperature K 
Ta Temperature of the gas phase K 
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Te Temperature of the surroundings (externals) K 
Tw Temperature of the chamber wall K 
va Fluidisation air velocity m/s 
vair Atomisation air velocity m/s 
vbu Bubble rise velocity m/s 
ve Excess gas velocity m/s 
vliq Liquid velocity m/s 
vmbu Minimum bubbling velocity m/s 
vmf Minimum fluidisation velocity m/s 
vrel The difference between the nozzle atomisation air 
velocity and the liquid velocity at the nozzle exit 
m/s or ft/s 
vt Terminal velocity of a falling particle m/s 
*
tv
 Dimensionless terminal velocity of falling particle Dimensionless 
aV&  Volumetric fluidisation air velocity m
3/s 
Vbu Bubble volume m
3 
buV&  Volumetric fluidisation air velocity in the form of bubbles m
3/s 
mfV&  Volumetric fluidisation air velocity needed to reach vmf m
3/s 
Weair Air Weber number Dimensionless 
X Rosin-Rammler parameter Dimensionless 
Ybu Parameter expressing the reduction in gas flow through 
the bubble phase in equation 2.23 
Dimensionless 
z Length coordinate m 
   
Greek   
   
αheat Convective heat transfer coefficient J/(s·m
2·K) 
αmass Mass transfer coefficient m/s 
βa Thermal expansion coefficient of the fluidisation air K
-1 
βE1, βE2 Ergun parameters  Dimensionless 
γliq Liquid surface tension kg/s
2 or dynes/cm 
Γ Gamma function Dimensionless 
δ Laminar boundary layer thickness Dimensionless 
ε Emissivity Dimensionless 
εbu Voidage created by the bubble phase Dimensionless 
εbed Total voidage of a bubbling fluidised bed Dimensionless 
εmf Bed voidage at minimum fluidisation Dimensionless 
ηa Air viscosity Centipoises 
ηliq Liquid viscosity Centipoises 
λ Thermal conductivity J/(s·m·K) 
λa Thermal conductivity of air J/(s·m·K) 
π Pi  Dimensionless 
ρa Fluidisation air density kg/m
3, g/cm3 or lb/ft3 
ρair Atomisation air density kg/m
3, g/cm3 or lb/ft3 
ρliq Liquid density kg/m
3, g/cm3 or lb/ft3 
ρp Particle density kg/m
3 
σ Stefan-Boltzmann constant J/(s·m2·K4) 
τc Average particle circulation time  s 
ψp Particle sphericity Dimensionless 
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Chapter 3. Modelling approaches to the fluid bed gran. process 
 
 
Chapter introduction  
 
The second part of the literature study introduces different modelling approaches of the fluid 
bed coating process. An important part of the Ph.D. thesis involves the conduction of a survey 
of available models to describe the process of fluid bed coating, and this survey is presented 
in the present chapter. Here the most relevant modelling approaches are introduced and 
evaluated in terms of their potentials as industrial tools for process control and optimisation. 
The chapter is meant as a brief introduction to the modelling approaches and principles, and 
the aim is to outline the present boundaries of the Scientific Frontiers of modelling fluid bed 
particle coating processes, rather than being a thorough historical review. Such reviews may 
be found elsewhere in e.g. Iveson et al. (2001a), Hangos & Cameron (2001), Cameron et al. 
(2005), Salman et al. (2007) and Hede (2006). However, when relevant for the understanding 
and for the comming chapters, theories and equations are presented in detail. The chapter is 
concluded with an evaluation of the model approaches in the perspective of industrial users. 
 
The sections in chapter three are mainly based on the literature review: Towards Mathesis 
Universalis: Modern aspects of modelling batch fluid bed agglomeration and coating systems 
– a review (referred to as Hede, 2006) authored by Peter Dybdahl Hede (Technical University 
of Denmark). 
 
3. Modelling approaches to the fluid bed granulation process  
 
Fluid bed particle processing is a rapidly growing scientific field. Although the processing of 
particles in fluid beds as a unit operation is more than fifty years old, much of the quantitative 
understanding is yet to be developed (Pietsch, 2003). For long, process control of fluid bed 
systems has been empirically based, but within the last decade or so the quantitative 
understanding has been accelerating, and more than half of all available literature in the field 
of modelling fluid bed coating processes has been produced within the last ten to fifteen years 
(Scopus, 2008). The scientific development is currently in a phase of testing new and old 
modelling techniques and approaches. The final goal has nevertheless remained well-defined 
for many years: to be able to model coating systems as precisely as is needed in order to make 
it possible to optimise, control and design as well as predict the outcome of a process based 
on formulation, process and raw material parameters and properties.  
 
There are several approaches to model the fluid bed coating process. Each principle has its 
own advantages and disadvantages. At one extreme are the fully-mechanistic models that seek 
to incorporate fundamental physics and chemistry at all length scales into integrated models. 
Such so-called white-box models have not yet been developed and validated with satisfying 
results due to the complexity and limited fundamental knowledge about the fluid bed coating 
process (Hangos & Cameron, 2001). At the other extreme are the fully empirical so-called 
black-box models that are built by fitting an arbitrary function to input-output data. (Cameron, 
2005 and Hede, 2006). In between the black-box and white-box models are the so-called 
grey-box models that implement a certain degree of mechanistic process description, 
combined with empirical functions. The majority of the suggested fluid bed models fit into 
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this category (Ronsse, 2006). In the coming sections, the principles of some of the most used 
modelling approaches are presented. 
 
3.1. Black-box modelling 
 
Black-box models cover in principle all models where the fluid bed chamber is treated as a 
single perfectly well-mixed box. The term black-box refers to the fact that this model 
approach does not describe what is going on inside the fluid bed, but only considers in- and 
outlet streams. Early fluid bed coating models are typically black-box models consisting of a 
single heat and/or mass balance to describe the fluid bed coating process (Ronsse, 2006). 
Given the complexity of the fluid bed process, the black-box approach has often been chosen 
as a first rough model attempt. In general, such models seek to relate process and formulation 
parameters to either final granule product attributes or to coating process efficiencies, such as 
coating mass yield or agglomeration tendency. This is typically done in the simplest manner 
by balancing in- and outlet streams (Werner et al., 2007b).  
 
Black-box models have the disadvantage of not taking fluidised bed behaviour into account as 
the gas and solid phases are assumed to be perfectly mixed, which is a rough assumption. As 
a consequence, black-box models are less suited to predict dynamic behaviours of the bed, 
and therefore they are commonly applied to predict only the steady state thermodynamic 
operation point (Ronsse, 2006). The characterisation of the solid phase in terms of a single set 
of variables, i.e. moisture contents and temperature, is in contradiction with experimental 
results, e.g. by Maronga & Wnukowski (1997a), where large gradients have been observed. 
Phenomena such as agglomeration and loss of the coating solution due to spray drying are 
furthermore difficult to integrate into black-box models (Cameron et al, 2005 and Ronsse, 
2006). 
 
In general, black-box models are considered to be a rough approach and not suitable for any 
fundamental understanding of the fluid bed coating process at the particle-level. Black-box 
models are, however, still being developed, as the models are simple enough to be 
implemented into simple process control software. Dewettinck et al. (1999) have e.g. 
developed a black-box thermodynamic model to calculate the steady-state thermodynamic 
operation point of a fluid bed coating process. Although the model treats the fluid bed as a 
single well-mixed system, convective and radiative heat losses along with vaporisation 
efficiency are included in the model. It was demonstrated by Dewettinck et al. (1999) that 
inclusions of such phenomena clearly improve the performance of the model. 
 
More recently, Larsen et al. (2003) incorporated a dynamic black-box model into a process 
control strategy for aqueous film coating of pellets in a fluidised bed, while Gouin (2005) 
demonstrated a similar model for both aqueous and non-aqueous film coating processes. 
Other recent applications of black-box models in a process control context have been 
reviewed by Kerkhof (2000) and Ronsse (2006). 
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3.2. Statistical modelling 
 
Statistical models are in principle also black-box models although the modelling procedure is 
slightly different. Statistical models are fully posteriori models meaning that they are solely 
built upon data after the experiments are done, and further, that statistic probability plays an 
important role in the formation of the models. Also known as design of experiments (DOE) or 
factorial designs the principle is widely used in experiments involving multiple factors in 
which it is necessary to study single as well as joint effects of the factors on one or several 
response parameters (Montgomery, 1997, Hede, 2005 and Ronsse, 2006).  
 
A factorial experiment is an experiment where the design typically consists of two or more 
factors, each with discrete possible values known as levels, and where the experimental units 
take on all possible combinations of these levels across all of the factors. Such an experiment 
allows the study of the effect of each factor on the response variable, as well as the effects of 
interactions between factors on the response variable (Montgomery, 1997). For the majority 
of factorial designs, each factor has only two levels. If the number of experiments for a full 
factorial design is too high to be logistically feasible, a fractional factorial design may be 
done, in which some of the possible combinations (usually at least half) are omitted (Faure et 
al., 2001). This is also known as a screening experiment or screening test. In principle, a 
screening test will show the same tendencies as the full factorial design, although results from 
the screening test assume that certain high-order interactions are negligible. This is, 
nevertheless, most often the case in real-life experiments and screening tests are often used as 
a first quick and rough technique to sort out the most relevant factors (Montgomery, 1997).  
 
In the most common types of experimental designs, a number of input variables (Xi) are 
selected among the process conditions and material properties (e.g. nozzle pressure, coating 
solution dry-matter contents, bed temperature etc.). A number of output variables are also 
selected (the Yi parameters). In a fluid bed context usually the granule properties (e.g. 
agglomeration tendency, coating mass yield, coating layer quality etc.) are chosen. The goal is 
to determine a model for each Yi (linear or not) as a function of each variable Xi and the 
interactions between the variables. Variables and interactions which do not contribute 
significantly to the model, i.e. do not affect the response to an extent that would 
unmistakingly not be confused with response noise, are withdrawn from the model (Faure et 
al., 2001). By comparison of the Yi models, it is possible, using so-called response surface 
methodology, to optimize the different variables Xi to obtain a compromise between the 
results of the Yi parameters desired.   
 
The resulting models are obviously very dependent on the choice of the Xi parameters and the 
choice of the discrete test levels for each parameter. Selection of the input parameters is 
thereby not an easy task for a complex process as the fluid bed coating process. The nature of 
the factorial design makes the choice of input variables a potential problem in a fluid bed 
coating context. Ideally, the input variables should all be independent, and all input variables 
should exist in discrete levels. In the fluid bed coating process, where many phenomena and 
variables are interlinked, it is difficult to select independent input variables with sufficient 
relevance to be included into a model. This means that not all parameters involved in the 
coating process can be selected in the same test. In the fluid bed coating factorial design 
studies available in the literature, authors often choose to screen formulation as well as 
process parameters in the same test. Williams & Liu (2000) have e.g. chosen the coating 
liquid plasticizer level, fluidisation outlet temperature, spray rate and fluidisation velocity to 
be the factors to be analysed in order to reduce the drug release from a cellulose acetate 
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phthalate coating. Dewettinck & Huyghebaert (1998) have instead chosen to vary the nozzle 
pressure, inlet fluidisation air temperature, particle size and protein concentration in order to 
optimise the coating efficiency on weight basis.  
 
Models derived from experimental data from one type of equipment are further very specific 
for the particular type of equipment, and statistical models are not normally used for other 
scales than the one the model was developed for. In a scale-up situation, the experimental 
work necessary to generate the first model has to be repeated in the larger scale equipment 
before the models can be compared. New optimums for the variables Xi have to be found, and 
they may be quite different from scale to scale, depending on the choice of the range studied 
for each Xi (Faure et al., 2001). 
 
As with the thermodynamic black-box approach, the statistical modelling approach can be a 
powerful modelling tool if no detailed insight into the underlying physical principles is 
required. It may be time consuming, but it is simple and can lead to practical knowledge of 
the experimental domain studied (Faure et al., 2001). Consequently, the statistical models are 
relatively easy to implement into process control. If large amounts of process data are 
available or continuously being produced, the statistical models may be continuously updated 
and improved. Some examples of experimental designs for process control and/or 
optimization can be found in Wehrle et al. (1993), Ogawa et al. (1994), Vojnovic et al. (1995 
& 1996), Miyamoto et al., (1997 & 1998), Dewettinck et al. (1999), Rambali et al. (2001), 
Hede (2005) and Hede et al. (2007a). 
 
3.3. Particle-level modelling 
 
Also known as the micro-level, the particle-level modelling approach treats the granulation 
process at the most detailed level, often in the perspective of one or two particles. This 
approach only seldom results in a model that can be used to control the process at the unit-
operation scale, but rather leads to detailed models that treat isolated phenomena. Micro-level 
modelling is nevertheless a vital tool towards a complete engineering of the fluid bed coating 
process at all scales. If the particle-level mechanisms are not fully understood, a detailed 
modelling of the entire system at meso- or macro-scale does not have a fair chance of success. 
This section focuses on the particle-level modelling of some of the most important processes 
that may take place during fluid bed coating.  
 
The fluid bed agglomeration process has in modern literature been described as a combination 
of three sets of separate processes: Wetting and Nucleation, Consolidation and Coalescence, 
and Attrition and Breakage (Iveson et al., 2001a). The principle of this approach can be seen 
in figure 3.1, where small particles are wetted by larger droplets hereby agglomerating into 
large granules. In a fluid bed coating context, the situation is slightly different as particles are 
typically wetted by smaller droplets to give a gradual coating layer build-up. In that 
perspective, it is more reasonable to divide the fluid bed coating process into similar three sets 
of separate processes being: Wetting and possible droplet penetration into core particles, 
Coating and possible agglomeration, and Attrition and Breakage according to figure 3.2. 
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Figure 3.1: Modern description of the fluid bed agglomeration process at particle-level 
(Based on Iveson et al., 2001a,b).  
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Figure 3.2: New description of the fluid bed coating process at particle-level.   
 
By far, most of the available particle-level theory has treated the agglomeration situation of 
two small particles being wetted by a larger droplet. Even though fluid bed coated particles 
are not made by agglomeration, much of the developed theory behind the description of 
agglomeration has direct mechanistic parallels to the coating process. Agglomeration theory 
at particle-level has been treated recently in detail by Salman et al. (2007), Hede (2006) and 
Iveson et al. (2001a). Here only theory with interest to fluid bed coating will be presented. 
 
3.3.1. Particle wetting, drying and possible penetration into core particles 
 
The initial step in the fluid bed coating process is to bring the coating solution droplets into 
contact with the core particles. Initially, liquid droplets are formed at the nozzle outlet from 
which they fall and impact the particles visiting the spray zone. After the initial impact, the 
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droplets wet and possibly penetrate the core particles by capillary action. If a droplet is slow 
to penetrate the core particle, the droplet solvent may evaporate and the solid contents of the 
droplet will remain as a deposited coating layer on the core particle. If, on the other hand, it 
takes too long for the droplet to travel from the nozzle outlet to the particle, it may dry up 
before impact and become exhausted as a spray dried particle (Rubino, 1999 and Iveson et al., 
2001a).  
 
Whether or not the coating droplet wetting of the particle surface is energetically favourable is 
determined by thermodynamics, i.e. physical chemistry. Especially two aspects have been 
found to have major importance: firstly, the value of the contact angle between the solid 
particle and the liquid phase and secondly, the value of the spreading coefficient of the liquid 
phase over the solid phase (Iveson et al., 2001a). Both terms will be introduced below. 
Sufficient surface wetting and droplet spreading is necessary, since a non-wetting/non-
spreading coating liquid will either not adhere to the particles or only cover a very small area, 
thereby restricting the formation of a complete coating shell (Tardos et al., 1997). 
 
When a liquid droplet is placed in contact with a solid, three interfaces are present: The 
solid/liquid, the solid/vapour and the liquid/vapour interface. Each of these interfaces has their 
own interfacial energy, being γsl, γsv and γlv, respectively. The situation can be seen in figure 
3.3. Even though this theory is developed for a plane solid surface there is a complete analogy 
to the wetting of spherical particles (Marmur et al., 1992). For a droplet that partially wets a 
solid, the total interfacial energy is at a minimum when the horizontal components of the 
interfacial tensions are in equilibrium. This situation can be described by the Young equation 
(Goodwin, 2004). 
 
θ cosγγγθ cosγγγ lvslsvlvslsv ⋅=−⇔⋅+=  (3.1) 
 
where θ is the contact angle in degrees. The contact angle depends on the composition of the 
coating solution and the physical properties of the core particle, especially roughness, porosity 
and affinity for the coating solution (Guignon et al., 2002).  
 
The work of adhesion, WA, is the work required to separate an interface into two separate 
surfaces (Goodwin, 2004), and for a solid/liquid interface it is given by the Dupré equation 
(Goodwin, 2004): 
 
slsvlvA γγγW −+=  (3.2) 
 
Combination of the Young and the Dupré equation gives:  
 
θ) cos(1γW lvA +=  (3.3) 
 
Thus by the combination, a relation between the work of adhesion and the contact angle is 
achieved. Equation 3.3 shows that if the contact angle is large (a large contact angle indicates 
poor wetting) the work of adhesion is small. With a low value of WA the coating layer is 
expected to be loosely attached to the core particle resulting in poor mechanical properties of 
the coating layer. The direct connection between the solid-liquid contact angle and the 
properties of the final coated granule has been verified experimentally by Teipel & 
Mikonsaari (2004) among others (Iveson et al., 2001a).   
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Figure 3.3: The three interfaces present when a liquid droplet is in contact with a solid phase  
(Based on Teipel & Mikonsaari, 2004).  
 
In practice, the liquid-solid-vapour interface may not have sufficient time to reach its 
equilibrium state due to the interference from the agitation forces and drying occurring 
simultaneously in the fluid bed. Besides thermodynamics and wetting, there is also a potential 
chance that the liquid droplet may penetrate into the core particle depending on the surface 
porosity. Liquid penetration is driven by surface tension, contact angle and pore radius. The 
liquid will advance into the core particle by flowing into successively smaller pores (Hapgood 
et al., 2002). Prior to depletion of the liquid, the droplet has spread onto the bed surface. 
Denesuk et al. (1994) have showed that the spreading time, τs, is often far smaller than the 
time of droplet penetration (also known as the time of depletion), τdpen, indicating that as the 
droplet contacts the core surface, it will immediately spread to a semi-static configuration 
followed by a slower depletion process. Each of the time constants are viscosity dependent, 
but the ratio τs/τdpen has been proven not to depend on the liquid viscosity (Denesuk et al., 
1994). The time it will take for a liquid droplet to spread, penetrate and saturate the pores of a 
core particle is thereby in practice solely dependent on the droplet penetration time 
(Schaafsma et al., 1998). 
  
No models have yet been developed for the absorption of droplets into fluidised particles in 
motion, but a theory exists for the penetration of a single droplet into a porous surface. A first 
approach for the description of a theoretical droplet penetration time, τdpen, was suggested by 
Denesuk et al. (1993 & 1994) according to equation 3.4: 
 
θ cosγ
η
Rrεπ
2V
τ
lv
liq
pore
4
dr
2
pmsp
2
2
dr
dpen ⋅
⋅
⋅⋅⋅
=  (3.4) 
 
where Vdr is the total droplet volume, rdr the radius of the droplet, εpmsp is the porous media 
surface porosity, γlv is the liquid surface tension, ηliq is the liquid viscosity, θ is the solid-
liquid contact angle and Rpore is the effective pore radius based on the assumption of 
cylindrical parallel capillary pores in the porous solid structure given by the Kozeny 
approach: 
 
p0pmsp
pmsp
pore
ρs)ε(1
ε2
R
⋅−
⋅
=  (3.5) 
 
where s0 is the particle specific surface area expressed in m
2/kg and ρp is the particle density 
(Denesuk et al., 1993). 
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In characterising and determining the wetting behaviour of a solid, the droplet penetration 
time is a widely used parameter as it contains both a thermodynamic and kinetic dependence. 
The thermodynamic wetting dependence is represented by (γlv ⋅ cos θ) and the wetting kinetics 
by the viscosity ηliq and the pore radius Rpore (Iveson et al., 2001a). Hapgood et al. (2002) 
have showed that the Kozeny approach is only valid for low porosity solids with narrow pore 
size distributions. Pore radius and surface porosity values are typically determined 
experimentally with the given solid material in terms of e.g. mercury extrusion/intrusion 
experiments, and these values may be used instead of the Kozeny equation. 
 
Several authors have observed the problem of droplets drying before impact, which is 
particularly prevalent in top-spray fluid bed arrangements where droplets travel counter-
current to the fluidisation airflow (Link & Schlünder, 1997 and Werner et al., 2007a,b). 
Aronson and Tsaur (1993) noted from top-spray experiments that coating levels were 
significantly lower than the amount of coating material supplied to the system as a result of 
droplet pre-drying. However, because drying is occurring from the moment droplets are 
formed, some increase in droplet surface stickiness with drying is expected. This enhances the 
droplet–particle adherence and to some extent counteracts the glancing-off effect of pre-dried 
droplets. The simplest droplet drying problem is the evaporation of a pure liquid droplet in a 
quiescent gas stream. The drying time, τevap, can be estimated from equation 3.6 proposed by 
Marshall (1954). 
 
)T(Tλ8
d∆Hρ
τ
draa
2
drvapdr
evap −⋅⋅
⋅⋅
=  (3.6) 
 
where ρdr is the droplet density, ∆Hvap is the latent heat of vaporisation, ddr is the droplet 
diameter, λa is the thermal conductivity of air, Tdr is the droplet surface temperature and Ta is 
the fluidisation air temperature. 
  
As presented by Sloth (2007) slurries and coating solutions rarely show constant rate drying. 
Instead a falling rate period is usually observed from the outset of drying because transport of 
water to the surface of the drying substance is described in terms of diffusion, which can be 
regarded as the controlling mechanism in many drying processes (Sloth, 2007). Therefore, the 
time for a single droplet to dry was suggested by Crank (1956) to be estimated by the 
summation in equation 3.7 for diffusion in a solid, non-porous sphere with constant surface 
concentration.  
 
∑
∞
= 






 ⋅⋅⋅
−−=
1n
2
dr,0
w
22
22
eq
t
r
tDπn
exp
n
1
π
6
1
W
W
 (3.7) 
 
where Wt and Weq are the average moisture contents in kg H2O/kg dry solid at time t and at 
equilibrium, respectively. The parameter rdr,0 is the initial droplet radius and Dw is the 
constant binary diffusion coefficient.  
 
Although equation 3.7 is limited by numerous assumptions including: non-shrinking system, 
uniform initial moisture distribution, negligible external resistance to moisture transfer, 
constant diffusion coefficient, unidirectional moisture movement and isothermal process 
conditions, it may provide a first estimate of the drying time (Werner et al., 2007b). In order 
to achieve a better estimate of the drying time, precise estimates of the concentration-
dependent moisture diffusivities is needed. Unfortunately, only limited data are available on 
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the concentration dependent diffusivities for typical coating solutions, and their variation can 
be significant leading to some uncertainty in respect to drying time estimations (Adhikari, 
2002 and Sloth, 2007). 
 
On the particle-level, droplet drying time and droplet penetration time both have an important 
role regarding the morphology of the final coating layer, i.e. the appearance of the coating 
layer in respect to homogeneity and surface cracks etc. Studies by Link & Schlünder (1997) 
show that viscosity plays an important role, and that a high viscosity and short drying times 
often leads to raspberry-like coating layers with poor mechanical properties. Such raspberry-
like coating layers are typically quite porous. If drying happens very fast, the coated layer 
dries first at the surface to form a shell-structure containing unvaporised solvent inside. As the 
solvent inside the solid shell starts to evaporate, the volume inside the shell will decrease 
causing shrinkage and cracking in the surface shell-structure.  
 
Whether or not the coating layer forms crystals is of great importance. Besides influencing 
important properties, such as hygroscopicity and solubility, the mechanical properties of the 
coating layer is highly influenced by the extent of crystal formation. The formation of crystals 
will often lead to a stratified, porous and flaky coating layer with poor mechanical properties 
(Canselier, 1993). Guignon et al. (2002) report that the chance of a smooth and homogenous 
coating layer is improved if the core surface before coating is smooth and with few pores, 
although adhesion of the coating liquid is improved by surface roughness. Examples of SEM 
pictures of smooth, raspberry-like and crackled coatings can be seen in figure 3.4. Further 
issues on coating layer morphology may be found in a recent review by Werner et al. (2007a). 
 
 
Figure 3.4: SEM pictures of coated single aluminium spheres having a diameter of 1.3 mm. a) Smooth 
coating by aqueous solution of lactose. b) Smooth coating with cracks by aqueous solution of PVP.  
c) Raspberry-like structure by aqueous solution of NaCl (Link & Schlünder, 1997). 
 
Coating layer morphology and the time of droplet drying versus droplet penetration is closely 
related to droplet spreading, which is typically expressed in terms of a spreading coefficient. 
The spreading coefficient, λls, is a measure of the tendency of a liquid and a solid combination 
to spread over each other, and indicates whether spreading is thermodynamically favourable 
or not. It is given by the difference between the work of adhesion and the work of cohesion 
according to (York & Rowe, 1994):  
 
CLAls WWλ −=  (3.8) 
 
The work of cohesion, WC, is the work required to separate a unit cross-sectional area of a 
material from itself. For a solid WCS = 2γsv, and for a liquid WCL = 2γlv (Iveson et al., 2001a). 
In a coating situation there are two possibilities in spreading between a particle and a liquid: 
the liquid may spread over the core particle and create a surface film; or the liquid and particle 
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may both have high works of cohesion. The solid-liquid interfacial area will then be 
minimised or nonexistent (Iveson et al., 2001a).  
 
Spreading will occur spontaneously only when the spreading coefficient is positive. When λls 
is positive, the liquid will spread and form a film over the particle surface, and liquid bridges 
may form between contacting particles. Particles being coated under conditions with a 
positive spreading coefficient have a higher chance of having homogenous coating layers. A 
positive spreading coefficient may be seen as a prerequisite of a successful coating process 
(Iveson et al., 2001a). Several investigations confirm that differences in final granule 
properties can be correlated with the spreading coefficient (Rowe, 1989 and Zajic & Buckton, 
1990). 
 
3.3.2. Particle growth modelling – Class I and Class II models 
 
There are only few theoretical models available in the literature for predicting whether or not 
the collision of two wetted particles will either result in permanent agglomeration or in 
rebound. All models are associated with a number of assumptions and simplifications 
regarding the mechanical properties of the particles as well as the system in which the 
particles collide. Some of the first models were developed for predicting the sintering of 
fluidised beds used in the mining industry, but later models have been adapted to specifically 
describe the granulation process (Iveson et al., 2001a). Although being very different in 
nature, Iveson et al. (2001a) have divided the agglomeration models into two classes of which 
the distinct principles are sketched according to figure 3.5.  
 
 
Figure 3.5: Schematic diagram of the two general classes of coalescence models: Class I models: 
Rebound or stick, Class II models: Survival or separation (based on Iveson, 2001). 
 
Class I models assume that particles are free to move and that the elastic properties of the 
particle bodies are important. These models assume that initial coalescence occurs only if the 
kinetic energy of collision is entirely dissipated in the liquid layer. If not, the granules will 
rebound and move apart. Various combinations of energy dissipations have been considered 
by different authors including elastic losses, plastic deformation of the particles, viscous and 
capillary forces in the liquid layer and adhesion energies of the contact surfaces (Salman et 
al., 2007). In Class I models it is implicitly assumed that if the initial impact results in 
permanent agglomeration, none of the subsequent impacts will be able to break the two 
particles again. In other words this means that permanent agglomeration is assumed to occur 
whenever the two particles do not possess sufficient kinetic energy to rebound (Iveson et al., 
2001a). It further implies that all collisions at near-zero velocities will result in permanent 
coalescence (Iveson, 2001).  
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Class II models on the other hand assume that elastic effects are negligible during the initial 
collision, usually because it is assumed that the granules are plastic in nature or physically 
constrained by surrounding granules. This leads to the simplification that all colliding 
granules are in contact for a finite time, ∆t, during which a liquid bridge develops between 
them. Permanent agglomeration therefore occurs only if this liquid bridge is strong enough to 
resist subsequent collisions or shear forces. The strength of the binding bridge is assumed to 
be dependent on factors such as the initial amount of plastic deformation in the particle phase 
and the contact time of the two particles.  
 
Due to the simplicity of both model classes, a lot of relevant criticism is associated with both 
views on agglomeration modelling. The coalescence criteria in Class I models are typically 
criticised for being unreasonable for most fluid bed granulation applications, because this 
class of models neglects the effect of subsequent collisions. Two granules which initially stick 
together in terms of a liquid bridge may in reality be so weakly held together that they would 
quickly break apart. It is also unreasonable to assume that agglomeration is controlled solely 
by the initial collision energy, when in many applications, the particles are constrained in 
contact with one another for significant lengths of time, as it occurs in the quiescent zones of 
a fluid bed. In these cases there is no single and uniform collision event. Instead the granules 
are constantly in contact with several others (Iveson, 2001). This means in other words that 
although non-rebound is a necessary condition for permanent agglomeration, it is not 
necessarily the only condition. Not only do the particles need to stick together when they first 
collide, but they must also form a bond strong enough to resist being broken by subsequent 
impacts in the fluid bed. This is not accounted for in Class I models thereby being an obvious 
limitation.  
 
In all Class II models, only the first major separation event is considered and the magnitude of 
separation is usually approximated by some global average value. If the particle-particle 
bonding bridge survives this single event then it is considered to be a permanent 
agglomeration bond. However, in fluid beds the separation events may have a wide range of 
magnitudes and may further be distributed randomly in time. Therefore some criticisers (e.g. 
Iveson, 2001) state that it is inappropriate to model agglomeration by assuming a mean 
separation force, which occurs at regular intervals, and further; that the probability of the 
survival of a bonding bridge rather will depend on the history of impacts and the rate at which 
the binding bridges strengthens as they are kneaded together by a number of low-level 
impacts (Iveson, 2001).  
 
Class II models have generally been developed and optimised for high collision force 
granulation equipment such as high shear mixing or drum granulation. In such high agitative 
equipment it is necessary to account for deformability of the granules during collision as well 
as the rupture forces. A number of different Class II coalescence models have been presented 
by e.g. Ouchiyama & Tanaka (1975) for drum granulation. In fluid beds, however, the 
agitative forces and thereby the particle collision velocities are smaller. This implies that 
deformation of the particles upon collision may often be neglected with good approximation. 
The assumptions associated with Class I models have indeed proven to be more realistic than 
those associated with Class II models, and the latter type is almost never applied with fluid 
bed systems (Teunou & Poncelet, 2002). Hence, only Class I models will be presented here.  
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3.3.2.1. Class I models: Agglomeration of non-deformable granules  
 
Class I models treat the situation in which non-deformable particles collide and agglomerate. 
Under low-agitative conditions, as in the fluid bed, particles agglomerate by viscous 
dissipation in the surface liquid before contact with the core particle surfaces (Liu et al., 
2000). As the two particles approach each other, first contact is made by the outer liquid 
coating layer. The liquid will subsequently be squeezed away from the space between the 
particles to the point where the two solid surfaces will touch. A solid rebound depends on the 
elasticity of the surface, characterized by a coefficient of restitution e. The particles will start 
to move apart and coating liquid will be sucked into the interparticle gap up to the point 
where a liquid bridge will form. This bridge will either break due to further movement in the 
bed or solidify leading to permanent agglomeration (Tardos et al., 1997). There is only a 
chance of permanent particle agglomeration if there is a liquid layer present at the surface of 
the colliding particles. This growth principle continues until insufficient liquid is available at 
the surface to bind new particles (Schaafsma et al., 1998). The relative amount of liquid 
present at that stage is called the wetting saturation, Sw, and it depends on the contact angle of 
the coating liquid and the pore structure of the core particle (Tardos et al., 1997). The wetting 
saturation reflects the wettability and spreading of the droplet on the particle surface, and it is 
often approximated by the liquid droplet volume at a given time divided by the pore volume 
of a particle, under the assumption that no droplet drying occurs (Schaafsma et al., 2000).  
 
Ennis et al. (1991) have modelled the situation of agglomeration in a fluid bed by considering 
the impact of two solid non-deformable spheres each of which is covered by a thin viscous 
liquid layer of height hliq. The simplified situation can be seen in figure 3.6. 
 
 
Figure 3.6: Schematic drawing of two colliding particles each of which is covered by a viscous liquid 
layer of thickness hliq (Based on Ennis et al., 1991).   
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Being a typical Class I model, the model suggested by Ennis et al. (1991) assumes successful 
coalescence if the kinetic energy of impact is entirely dissipated by viscous dissipation in the 
liquid layer and only by elastic losses in the solid phase. The model predicts that collisions 
will result in permanent agglomeration when the viscous Stokes number (Stv) is less than a 
critical viscous Stokes number (Stv
*). The two numbers are given as (Ennis et al., 1991) 
(please refer to chapter ten for a full derivation): 
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where ηliq is the coating solution viscosity, e is the coefficient of restitution, ρg is the granule 
density, hliq is the thickness of the liquid surface layer, hasp is the characteristic height of the 
particle surface asperities and rharm is the harmonic mean granule radius of the two spheres 
given as (Iveson et al., 2001a): 
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u0 is the initial collision velocity, which is not easily obtainable due to the chaotic pattern of 
motion for the particles in fluid beds. A rough estimate based on the bubble rise velocity, vbu, 
has been presented by Ennis et al. (1991): 
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where dbu is the gas bubble diameter and δ the dimensionless bubble space, defined as the 
axial fluid bed bubble spacing divided by the fluidisation gas bubble radius. Whereas the gas 
bubble diameter and spacing can be estimated by the dimensions of the air distributor plate, or 
found by experiments, the bubble rise velocity can be found according to the Davidson & 
Harrison (1963) formula in equation 2.29 (see chapter two). 
 
The viscous Stokes number Stv can be seen as the ratio of kinetic energy to the viscous 
dissipation. During fluid bed batch granulation, Stv increases as the granules grow in size. 
This leads to three possible situations. The first so-called non-inertial regime occurs when           
Stv << Stv
*. All collisions result in successful agglomeration regardless of the size of the 
colliding granules, the granule kinetic energy or the coating liquid viscosity. As the granules 
grow larger the inertial regime occurs when Stv ≈ Stv
*. The likelihood of agglomeration now 
depends on the size of the colliding granules and their kinetic energy, and liquid viscosity 
begins to play a role (Iveson et al., 2001a and Abbott, 2002). It can be seen from equation 3.9 
and 3.11 that the collision between two small or one small and one large granule is more 
likely to succeed in permanent agglomeration than the collision between two large granules, 
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due to the size of rharm and thereby the size of Stv versus Stv
*. This is a convenient way to 
understand why small particles agglomerate into larger ones (Tardos et al., 1997). Eventually, 
the system enters the coating regime when Stv >> Stv
*. Here all collisions between granules 
are unsuccessful in terms of agglomeration, and any further increase in the Stv will maintain 
the size of the granules (Iveson et al., 2001a and Tardos et al., 1997). The existence of the 
three regimes has been proved experimentally in different types of granulators (Ennis et al., 
1991 and Achanta & Beimesch, 1998).  
 
Agglomeration is promoted by a low value of Stv and a high value of Stv
*. For instance, 
increasing the granule liquid content will increase the liquid layer thickness, hliq, which will 
increase Stv
* and hence increase the likelihood of successful agglomeration. The effect of the 
liquid viscosity is not easily predictable as an increase in the value of ηliq (lowering Stv) alters 
the coefficient of restitution e decreasing Stv
* as well (Iveson et al., 2001a).  
 
Although Stv and Stv
* are important parameters in the prediction of agglomeration they are 
only valid for predicting the maximum size of granules which can coalesce. The parameters 
state nothing about the rate of agglomeration. Different authors have, nevertheless, showed 
that fast growth rates are attributed to the non-inertial regime while a slower growth is 
attributed to values of Stv close to Stv
*. With fast growth rates, systems tend to be collision 
limited (Ennis et al. 1991 and Cryer, 1999). 
 
The model by Ennis et al. (1991) was a significant progress in the modelling of particle-level 
agglomeration in fluid beds, as it was the first model to consider dynamic affects such as 
viscous dissipation in the liquid layer. Results by e.g. Ennis et al. (1991), Achanta & 
Beimesch (1998) and Hede (2005) indeed showed that the agglomeration tendency is related 
to the relative sizes of Stv
* versus Stv
 . The model is, nevertheless, limited by its many 
assumptions being e.g. that there exists a uniform granule collision velocity or that capillary 
forces can be neglected in wet particle coalescence (Ennis et al., 1991). Ennis et al. (1991) 
justified neglecting capillary forces by arguing that the energy added during liquid bridge 
formation and particle approach is cancelled by the energy dissipated during particle 
separation and liquid bridge rupture. This is a rough assumption as the dynamic energy of the 
pendular bridge and the rupture energy are equal only if the collision has a coefficient of 
restitution equal to one, which is almost never the case (Liu et al., 2000). Especially the 
difficulty of determining a precise collision velocity, u0, makes the viscous Stokes theory 
difficult to exploit fully in practice (Abbott, 2002). The theory does, however, give a rough 
number for the indication of the limit between no-agglomeration and successful 
agglomeration. In order to account for the effect of plastic deformation of the particles upon 
collision, Liu et al. (2000) have proposed an extension to the original Ennis et al. (1991) 
model. This model is, however, only relevant for high collision velocity granulator types as 
e.g. high shear mixers, and the extended model does not bring any improvement to the 
viscous Stokes theory with respect to fluid bed coating processes. Other and newer Class I 
models have been reviewed by Hede (2006), Iveson et al. (2001a) and Salman et al. (2007). 
However, the original Ennis et al. (1991) proposal is still the most used and most widely-
accepted model when considering the particle-level approach of modelling agglomeration in 
fluid bed coating processes.  
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3.3.3. Breakage and attrition 
 
The third and last type of process in the particle-level modelling approach concerns the 
growth limiting mechanisms. Two situations are typically considered being either the 
breakage of two particles held together by a liquid bridge or the situation where a coated 
particle, being partly or fully dry, loses some of its coating layer due to attrition and breakage. 
In literature, the two breakage phenomena are typically treated separately. Whereas dry 
granule breakage is often treated as a separate discipline, often without much attention to the 
process conditions, wet granule breakage is closely related to the liquid bridge properties. 
Both topics will be briefly presented below. For more information, Salman et al. (2007) and 
Reynolds et al. (2005) should be consulted. 
 
3.3.3.1. Breakage of wet agglomerated particles 
 
An agglomerate can exist in a number of different spatial structures depending on the liquid 
saturation. It is the amount of liquid as well as the humidity and temperature conditions in the 
bed that determines the degree of liquid saturation between the primary particles, which again 
determines the spatial structure of the final agglomerate (Jain, 2002). Such wet liquid bridges 
are obviously only temporary structures, and more permanent bonding between the primary 
particles is created by solid bridges formed as solvent evaporates from the bridges during 
further fluidisation. If the material of the particles is soluble in the coating liquid, crystalline 
bridges may be formed when the solvent evaporates. In some cases a finely ground solid 
binder material may be dispersed in the coating liquid thereby producing a cement-like solid 
binding bridge upon evaporation of the solvent (Rhodes, 1998). In any case, the initial 
forming of the liquid bridge is of primary importance regarding the properties and spatial 
structure of the final agglomerate, and it is almost always the case that the solid bridge will 
have the form of the liquid bridge (Summers & Aulton, 2001).  
 
When particles agglomerate in fluid bed coating processes, the particles are typically held 
together by liquid bridges at their contact points known as the pendular state. This situation 
requires that the liquid saturation between the primary particles is low enough to let discrete 
binary bridges exist between the solid surfaces. Such a lens-shaped ring of liquid causes 
adhesion due to the surface tension forces of the air/liquid interface and the hydrostatic 
suction pressure in the liquid bridge (Summers & Aulton, 2001). Typical examples of 
agglomerates being bound by solidified pendular liquid bridges can be seen in figure 3.7 in 
which Na2SO4 cores agglomerated during coating with an aqueous Na2SO4/Dextrin solution 
in a fluid bed. 
 
 
 
Figure 3.7: Examples of agglomerates being bound by pendular bonding bridges (Hede, 2005). 
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Liquid-bound granule strength is dominated by three types of forces being interparticle 
friction forces, static strength forces and dynamic strength forces (Salman et al., 2007 and 
Iveson et al., 2001a). The first two are interrelated as the static tensile force of the liquid 
bridge acts to pull particles together, and this normal force at particle contact activates 
friction. Static strength forces, as surface tension and capillary forces, are conservative forces 
in the sense that they always act to pull particles together in wetted systems. Frictional and 
viscous forces are dissipative as they always act against interparticle motion. The complex 
interaction of these different forces means that it is often difficult in practical situations to 
predict a-priori the effect of changing the coating solution composition in terms of 
agglomeration, unless the precise magnitude of each of these three types of forces is well-
known (Iveson et al., 2002).  
 
Simulations as well as experiments performed by Khan & Tardos (1997) indicate that liquid-
bound agglomerates are often broken upon deformation in the liquid bridge by stretching 
under shear. They further showed that the stability of wet agglomerates is closely related to 
the Stokes deformation number, Stdef, and that two regimes exist, involving high and low 
deformation characteristics based on the Stdef number. Khan & Tardos (1997) defined the 
Stokes deformation number according to: 
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in which maggl is the mass of the agglomerate, Vaggl the volume of the agglomerate and )γσ(&  is 
a specific characteristic stress in the agglomerate. In the most general case, this stress can be 
estimated according to the Herschel-Bulkley fluid model (generalised model of a non-
Newtonian fluid) being: 
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where σy is the yield strength, ηapp is an apparent viscosity, nfi the flow index and γ& the shear 
rate (Tardos et al., 1997 and Fu et al., 2004). The Stokes deformation number defined in 
equation 3.13 increases with increasing particle size, and reaches at some point during 
granulation a critical value of Stdef
* above which the agglomerates start to deform and 
eventually break. The critical Stokes deformation number is not as well-defined as the critical 
viscous Stokes number introduced by Ennis et al. (1991). This is due to the fact that, from a 
rheological point of view, particles bound by viscous liquid bridges form a complex system 
that exhibits both yield strength as well as non-Newtonian behaviour. Under the assumption 
that the agglomerate is a highly-concentrated slurry of the core particles in the coating liquid, 
the apparent viscosity ηapp is negligible compared with the yield strength, meaning that 
 .σ)γσ( y≈& It is further assumed that the collision velocity, u0, in fluid beds can be 
approximated according to: 
 
γru aggl0 &⋅≈  (3.15) 
 
where raggl is the radius of the agglomerate. These approximations lead altogether to a rough 
estimate of a theoretical expression for the critical Stokes deformation number according to: 
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in which  r*aggl is the critical radius of the agglomerate above which deformation and breakage 
occurs. Equation 3.16 thereby predicts an inverse linear relationship between the critical 
agglomerate radius and the shear rate, which in fact has been observed in simulations as well 
as in experiments by Tardos et al. (1997) and Khan & Tardos (1997).  
 
There is generally very limited experimental work on breakage of wet agglomerates in fluid 
beds as most work focuses on drum granulation and high shear mixing (e.g. Fu et al., 2004 & 
2005). In fact, the studies by Tardos et al. (1997) and Khan & Tardos (1997) are the only 
works so far specialised on fluid bed granulation. This is most likely due to the fact that the 
high intensity granulation types makes it much easier to estimate the average shear forces and 
the collision velocity based on equipment and process parameters.  
 
3.3.3.2. Breakage and attrition of dry coated particles  
 
A final coated granule typically consists of several different species combined in a 
heterogeneous way. In a physical sense a coated granule can be considered as a composite 
material (Iveson et al., 2001a and Bika et al., 2005). Given the heterogeneity of coated 
granules, it is not obvious that their mechanical properties can be described by the properties 
used for the description of metals, ceramics and other conventional solids. Dry granule 
deformation and destruction mechanisms are, however, fundamentally similar to those of 
other solids (Bika et al., 2001). As in other composite materials, the stress in a coated granule 
is transformed non-uniformly, meaning that it is concentrated in preferred paths, where some 
areas experience high stress loads and others little or no load. Other common characteristics 
are the distribution of defects (e.g. pores or grains) as well as internal and surface cracks that 
may dominate the macroscopic response to stress (Bika et al., 2001). These similarities imply 
that the description of failure in conventional solids can be applied to granules as well, and 
that granule strength is directly related to failure mechanisms (Scarlett et al. 2002). The 
mechanical properties of a dry granule may likewise be described crudely by the same set of 
properties used for characterising solids being: the Young´s modulus (modulus of elasticity), 
yield strength, tensile strength, ductility/brittleness, fracture toughness and hardness (Bika et 
al., 2001 & 2005). 
 
The existence of cracks and the extent of crack propagation are of high importance in semi-
brittle materials as granules. Several types of destruction can be traced back to the existence 
of cracks in the granule surface or in the core. A distinction between lateral and radial cracks 
has been made by Ghadiri & Zhang (2002). Radial cracks propagate radially from the surface 
to the inner of the granule, whereas lateral cracks propagate parallel to the granule surface.  
 
The principle of a granule failing by radial crack propagation can be seen in figure 3.8. The 
tensile stress concentrates near the crack tip and is much higher than the applied stress, 
leading to local yielding near the crack tip. This zone is called the process zone or damage 
zone (Iveson et al., 2001a and Bika et al., 2001). The crack will thereby gradually propagate 
from the edge of the process zone to the interior of the granule, causing degradation of the 
granule’s mechanical strength. The principle of lateral crack propagation is analogous, but the 
strength degradation only concerns the outer layer of the granule. Often radial and lateral 
cracks propagate simultaneously (Iveson et al., 2001a).   
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Figure 3.8: Fracture of a granule (semi-brittle) by radial crack propagation 
(based on Iveson et al., 2001a and Jørgensen et al., 2004).  
 
The damage zone plays a large role in the mechanisms of dry granule breakage. The size of 
the damage zone with respect to the granule size, along with the main type of crack 
propagation, will determine the type of destruction. Granules with a small damage zone in 
comparison to the size of the granule will e.g. break by a brittle fracture mechanism. This 
mechanism is called fragmentation or fracture (Iveson et al., 2001a). Fracture of a granule is 
typically referred to in situations with major internal breakage due to the application of very 
large or repeated external forces head-on. Due to fracture, there is a drastic reduction in the 
granule size, and the resulting daughter particles are large compared to the original mother 
granule (Pitchumani et al., 2003). Fracture is the most severe kind of breakage because the 
original granule structure is completely destructed and the core is exposed to the surroundings 
(Jørgensen et al., 2004). For fracture to occur, the granule must be able to concentrate enough 
elastic energy to propagate single radial cracks throughout the granule structure. This is 
harder to accomplish as the size of the damage zone increases. Hence, fracture will only occur 
if the damage zone is significantly smaller than the granule size (Iveson et al., 2001a). 
Thornton et al. (2004) and Mishra & Thornton (2001) have showed that fracture is often 
associated with dense granules, whereas more porous and loosely packed granules destruct by 
other type of mechanisms. 
 
Another type of fracture is chipping. If the granule is exposed to large external tangential 
forces instead of head-on, deep lateral cracks will propagate, and the surface area of the 
granules is damaged and some material is chipped off. Next to fracture, chipping is a severe 
type of damage. Due to chipping, the granule surface will become rougher, and exposure of 
the inner coating layers and even the granule core may occur, although the inner granule core 
structure is usually kept intact (Jørgensen et al., 2004 and Pitchumani et al., 2003). A formal 
classification of the different types of breakage mechanisms can be seen in table 3-1. The last 
two types are presented below.  
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Table 3-1: Formal classification of dry granule breakage mechanisms 
(Based on Beekman, 2000 and Pitchumani et al., 2003). 
Force Normal force Tangential force 
Wear 
Small force 
(only local damage) 
Attrition  
(by erosion, peeling or fatigue) 
 
Abrasion 
 
 
Fracture 
Large force  
(widespread damage) 
Fragmentation 
 
Chipping 
  
 
The damage zone is often of the order of the granule size, and fracture of granules and 
especially coated granules is rare (Ennis & Sunshine. 1993). Instead other types of destructive 
mechanisms occur. Wear is the overall term for gradual surface damage that merely peels off 
or polishes the granule leaving the original shape more or less unchanged (Pitchumani et al., 
2003). Abrasion is wear caused by low magnitude tangential forces. The small tangential 
forces lead to polishing and rounding of the granules. This generates fine particles, and the 
mother granules become more and more spherical and smoother with time due to gradual loss 
of the coating layer (Jørgensen et al., 2004 and Pitchumani et al., 2003).  
 
Propagation of lateral cracks, caused by low magnitude of head-on forces, is known as 
attrition. The forces acting on the granule result in the removal of sharp edges producing a 
more spherical granule. Beekman (2000) have subdivided the attrition phenomena into two 
subgroups: attrition by fatigue and attrition by erosion. Often impact forces cause attrition, 
and it is often observed that it takes many impact events before any damage of the granules 
can be observed. During the impact events, cracks propagate and finally lead to damage with 
an ever-increasing rate of loss of mass with time (Beekman, 2000). This type of attrition 
damage is called fatigue, and depending on the depth of the crack propagation, this may 
eventually lead to chipping or even fracture.  
 
Erosion is the attrition mechanism occurring when a granule gradually loses mass mainly 
from the outside of the granule. Uneven parts of the granule surface are eroded, and the rate at 
which the granule loses mass is constant or decreasing with time (Beekman, 2000). When 
erosion only affects a specific surface layer it is called peeling. Initially, the rate of erosion 
will be constant, but it will decrease after the weak layer is removed. Peeling is often 
observed for granules that have a layered structure such as coated granules (Beekman, 2000 
and Jørgensen et al., 2004).    
  
In order to quantify the different breakage mechanisms, it is desirable to describe them by 
mechanical parameters such as the fracture toughness, Kc, and by mechanical properties that 
define deformability (Young´s modulus, E, yield strength, σy, and hardness, H). It is well-
known that the type of breakage mechanism is also controlled by external factors such as 
fluidisation air temperature, nozzle pressure, impact velocity, type of load application (e.g. 
shear, tensile or compression impacts) and most importantly: loading rate and granule history 
(Bika et al., 2001). So far, the limited number of experiments allows only approximate 
Chapter 3. Modelling approaches to the fluid bed granulation process 
71 
relations to be suggested. These relations are, however, an important step towards a 
quantitative prediction of the extent and type of breakage mechanism. 
 
For estimations of the fractional volume removed by abrasive wear, Vabrasion, Iveson et al. 
(2001a) suggest in agreement with Bika et al. (2001) the following empirical relation: 
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where ρg is the granule density, dg is the granule diameter, vimp is the impact velocity and nab 
is a number ranging from 2.5 to 4. An unambiguous velocity dependence has not been 
determined yet due to severe problems in testing abrasive wear mechanisms without the 
influence of other types of destructive mechanisms. Instead another more widely proved 
relation for indentor analysis of abrasion has been suggested by Bika et al. (2001), based on 
fracture mechanics theory as well as experimental data fitting:  
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where Aind is the apparent area of indentor contact and F is the total applied indentor load.  
 
It is worth noting that in both equation 3.17 and 3.18, Vabrasion is inversely dependent on both 
the fracture toughness Kc and the hardness H. Several authors have proved these tendencies 
(Bika et al., 2001 and Ennis & Sunshine, 1993) although Mullier et al. (1991) suggest that 
Vabrasion should depend on 1/Kc instead of 1/Kc
3/4 in equation 3.18. 
 
Attrition is the most studied of the four overall breakage phenomena possibly because it is the 
most observed mechanism in fluid bed processes. Another reason may be that experiments 
where granules are exposed to head-on forces by impact tests are easier to conduct than 
tangential force tests. Unfortunately, some attrition experiments show signs of surface 
deterioration by several of the other mechanisms simultaneously (Reynolds et al., 2005 and 
Bika et al., 2005). This is especially the case when large numbers of granules are tested 
together in bulk tests. It is therefore not always possible to determine the mechanisms 
individually, and often the observed breakage mechanism is simply referred to as attrition 
without further specification (Beekman, 2000). As indicated, the term attrition should only 
refer to wear by head-on forces, but the widespread use has resulted in the use of the term to 
describe all kinds of material losses from attrition by fatigue to fracture. Hence, the attrition 
relations presented below may also be applied for the description of fracture mechanisms 
(Bika et al., 2001).  
 
Still there exists no unified description or method to assess, quantify or predict attrition, 
although several attempts have been made (Reynolds et al., 2005). Ghadiri & Zhang (2002) 
suggest the following relation for estimations of the fractional volume removed by attrition, 
Vattrition, according to: 
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It is interesting to notice from equation 3.19 that the fractional loss is proportional to the 
impact kinetic energy 2impg vρ ⋅ and that it varies linearly with granule size dg. The linearity 
between  g
2
impg dvρ ⋅⋅ and Vattrition complies fully with results found by Beekman et al. (2002) 
who showed a direct proportionality.  
 
Comparing equation 3.17 with 3.19 indicates that impact attrition is more sensitive to fracture 
toughness Kc than abrasive wear. The velocity dependencies in both equations are in 
accordance with experimental evidence (Reynolds et al., 2005 and Bika et al., 2005). The 
higher the velocity, the more severe the type of breakage mechanism is, meaning that more 
material is lost. There is a general agreement in literature that breakage of dry granules 
increases with increasing impact velocity (Subero et al., 1999, Mishra & Thornton, 2001, 
Scarlett et al., 2002 and Jørgensen et al., 2004). At increased impact velocity, the primary 
breakage mechanism is changed from attrition/abrasion to chipping and finally fracture. In 
addition, it can be seen by comparison that the effect of hardness, H, on attrition is the 
opposite of that for abrasion. Hardness acts to concentrate stress for fracture during impact, 
and it seems plausible that the fractional volume of a granule removed by attrition depends 
linearly on the hardness (Iveson et al., 2001a). The dependence on hardness is, however, not 
unambiguous. Liu et al. (2003) have tested several polymer coatings and found that the degree 
of attrition increases (although not much) with decreased coating hardness, whereas Ghadiri 
& Zhang (2002) suggest a direct linear relationship between H and Vattrition. 
 
In 1969 Gwyn et al. proposed an empirical model for the prediction of the weight fraction, 
Yattrition, of a granule sample that has undergone attrition as a function of time t in a fluid bed. 
The parameter Yattrition thereby goes from zero at no attrition to the size of one at point where 
all the granules in the sample have undergone attrition. The empirical relation was found to be 
(Gwyn, 1969): 
 
Gwynn
attrition tQY ⋅=  (3.20) 
 
where nGwyn is an empirical constant and Q is a constant depending on the initial granule size. 
Whereas Q represents the severity of attrition and the initial attritability of the granule, nGwyn 
concerns the change in attritability with time. Hence, the two parameters are descriptive of 
both the material properties and the attrition process (Neil & Brigdwater, 1999). Results by 
Neil & Brigdwater (1999) indicate that nGwyn could be split up into two parameters such that 
nGwyn = ξ⋅φattrition, where ξ is a term describing the rate of granule degradation, and φattrition is a 
material property of attrition. This expansion should help adapting the formula to different 
types of equipment and to take into account the different attrition rates in erosion and fatigue 
mechanisms. The Gwyn formula has been studied intensively, and it has been found to 
characterise the extent of attrition successfully in many types of equipment besides fluid beds 
(Beekman, 2000).  
 
As is the case with the Gwyn formula, the previously presented relations are primarily found 
on the basis of homogenous granules with an isotropic structure. The case is somewhat more 
complicated when dealing with coated granules. Hence, the presented relations may only help 
to give a qualitative prediction of the effect of the different mechanical parameters. There are 
still extensive needs for empirical experience concerning the mechanical properties of coated 
dry granules. More information on breakage mechanisms and breakage measurements in 
different types of test equipment may be found in Beekman (2000) and Salman et al. (2007) 
as well as in a recent comprehensive review by Reynolds et al. (2005).  
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3.3.4. Summing up on the particle-level modelling approach  
 
The particle-level modelling approach treats the fluid bed coating process at the most detailed 
level. Dividing the models into categories of: Wetting and possible droplet penetration into 
core particles, Coating and possible agglomeration, and Attrition and Breakage (of liquid 
bound agglomerates and final dry granules), a number of the most relevant models and 
equations have been presented. The level of detail in these models is typically high, but a 
number of inherent problems are associated with such detailed models. First of all, the models 
are typically derived from isolated studies and typically treat only a single phenomenon, while 
others are not considered. Often the theory at particle-level considers the situation where only 
two particles interact. Furthermore, a lot of simplifying assumptions are associated with the 
models, and a-priori knowledge is often needed in order to apply the equations quantitatively. 
Likewise, many of the parameters needed in the equations cannot be determined easily in 
practice, and if they can, the single value in the equation may in fact in reality consist of a 
wide distribution of values. That is e.g. the case with the particle collision velocity, u0, for the 
viscous Stokes theory as presented. Hence, much of the particle-level theory cannot be 
applied readily for real granulating systems for other than qualitative purposes. This is due to 
the fact that the situation inside a fluid bed during processing is far more complex than what 
particle-level models account for. Particle-level modelling does, however, provide valuable 
information into the mechanisms of fluid bed coating. So far, particle-level modelling is a 
learning tool still being in a phase of gaining further insight into the coating process and 
testing new model suggestions. The challenge will be in the future to incorporate such 
detailed particle-level theory into macro- or meso-scale models that are capable of describing 
the entire complex granulation system with the numerous types of processes taking place 
simultaneously during fluid bed processing.  
 
3.4. Modelling the granulation process using population balances 
 
Since there are no two particles in a fluid bed coating process that have exactly the same 
properties (e.g. size, shape, porosity, coating liquid content etc.), all the properties associated 
with the particle phase should ideally be characterised by distributions and not by single 
values. The population balance model approach takes this into account by treating the chosen 
particle properties as distributions. A population balance equation is an equation in the 
number density and may be regarded as representing a number balance on particles of a 
particular state. (Ramkrishna, 2000 and Iveson, 2002). In other words, the population balance 
keeps track of the particle property distributions at any time during the process, and if being 
fully developed, describes all the changes in the particle property distribution due to the 
numerous possible process mechanisms that particles can undergo during fluid bed 
granulation. A description of a coating system by means of population balances is thereby a 
description in terms of a model of how the particle property distributions change with time 
(Ramkrishna, 2000 and Randolph & Larson, 1971 & 1988).   
 
The particles in population balances are characterised by internal as well as external 
coordinates. The internal coordinates of the particle provide quantitative characteristics of the 
particle properties such as size, shape and porosity etc. (Cameron et al., 2005). Commonly, 
internal coordinates are defined in terms of a vector x ≡ (x1, x2,…, xz) in which z represents z 
different physical quantities associated with the particle. Each physical quantity is thereby 
formally given its own dimension in the x vector. The external coordinates denote and specify 
the location of the particles in physical space. Hence, the external coordinates denote the 
position vector inside the fluid bed in terms of Euclidean coordinates being rectangular, 
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cylindrical or spherical coordinates. The joint space of internal and external coordinates is 
commonly referred to as the particle state space. Fundamental to the formulation of 
population balances is the assumption that there exists a number density of particles at every 
point in the particle state space, and that the number of particles in any region of the particle 
state space is obtained by integrating the number density over the region desired. In a discrete 
region, the integration amounts to simply summing over the discrete state in the specific 
region (Ramkrishna, 2000).  
 
Although the definitions of the internal coordinates and the particle state space allow, in 
principle, the derivation of a general multi-dimensional population balance, most previous 
work with population balances for fluid bed systems only considers one-dimensional balances 
in which only one internal parameter varies with time. Usually, either particle length 
(diameter or radius) or particle volume (alternatively particle mass) is taken as particle size. 
The discussion of whether particle length or particle volume should be taken as particle size 
depends on the dominant growth mechanism (Madsen & Andersen, 2006). Verkoeijen et al. 
(2002) recommend the use of volume as the particle size since this type of size is additive 
during agglomeration, and because volume is conserved if evolution of porosity between 
particles is disregarded (Cameron et al., 2005). Furthermore, volume is independent of the 
particle shape, which is fortunate in the perspective of particle agglomeration. Hence for the 
presentation of the population balances, particle volume is chosen as size. If particle size is 
chosen as the only internal coordinate, the population balance follows the change in the 
particle size distribution as granules break, grow by coating or agglomeration and enter or 
leave the control volume (Cryer, 1999). Written in words, the full population balance for a 
batch fluid bed may be expressed formally according to equation 3.21 (Salman et al., 2007). 
For more background on the nature of population balances, and for a full derivation of the 
balances for one or several internal coordinates, Ramkrishna (2000), Cameron et al. (2005) 
and Hede (2006) should be consulted. 
 
The rate of change of numbers of particles in a size range = 
 
The rate at which particles grow into that size range by coating 
 
– The rate at which particles leave that size range by further coating 
 
+ The rate at which particles are “born” in that size range by agglomeration of smaller particles 
 
– The rate at which particles “die” in that size range by agglomeration into larger size ranges 
 
+ The rate at which particles are “born” from breakage of larger size ranges 
 
– The rate at which particles in that size range “die” from breakage into smaller size ranges. 
(3.21) 
 
3.4.1. One-dimensional population balances for fluid bed batch systems 
 
When particle volume is the only internal coordinate, the number density n(v, t) represents the 
particle-size distribution (PSD) where v is the particle volume and t is time. The one-
dimensional population balance thus follows the change in particle-volume distribution with 
time. The number of particles, Ni, of a given size range from vi to vi+1 is by definition given 
as: 
 
∫
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Figure 3.9 shows the relation between density n and number Ni. The cumulative size 
distribution can be obtained from integration between the limits 0 to v, whereas the total 
particle number is found by integration of the entire size interval (Litster & Ennis, 2004). 
 
  
Figure 3.9: Sketch of the relation between the particle number Ni and number density n, where 
integration of n in a given interval will give the number of particles Ni in that particular interval 
(Madsen & Andersen, 2006).  
 
During fluid bed granulation, the population of particles evolves with time. A control volume 
(or interval) from v to v + dv in an infinitesimal time interval is considered, where changes in 
the particle size distribution are due to different fluxes to and from the control volume. This 
results from mechanisms such as coating, agglomeration and breakage. 
 
A one-dimensional population balance for a specific particle state, here being volume, can be 
set up similarly to other chemical reaction balances (Ramkrishna, 2000). The resulting 
population balance equation is a partial differential equation according to (Hulbert and Katz, 
1964 and Ramkrishna, 2000): 
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(3.23) 
 
The first term in equation 3.23 corresponds to accumulation. The second term is the growth 
term where a particle grows with the coating growth rate G from or to the control volume. 
This corresponds to convective transport of the particles along the one-dimensional size axis. 
The net generation terms are the last two terms; Birth and Death. These are birth and death 
rate terms, which describe the appearance and disappearance of particles in the control 
volume caused by agglomeration and breakage (Hulbert & Katz, 1964, Litster et al., 1995 and 
Kumar & Ramkrishna, 1996a,b & 1997). 
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3.4.1.1. The agglomeration birth and death terms 
 
The agglomeration rate term was proposed by Hulbert and Katz (1964) to be proportional to 
the number densities for two agglomerating particles, n(v − u, t) and n(u, t), and this birth rate 
expression has traditionally been represented according to: 
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The agglomeration birth rate term thereby describes agglomeration of two particles of sizes u 
and v − u giving birth to a particle in size interval v. Solely binary collisions are assumed to 
occur (Adetayo & Ennis, 1997 and Ramkrishna, 2000). The probability for successfully 
producing an agglomerate of size v is β(v − u, u) in number-1·time-1. In the literature, β is 
often referred to as the coalescence kernel (Sastry, 1975). As the birth of particles of size v 
appears from agglomeration of particles of smaller sizes, all the sizes from 0 to v must be 
considered, and hence, integration between these limits is performed. The leading factor 1/2 
ensures that every collision is only counted once (Hulbert and Katz, 1964 and Ramkrishna, 
2000). Similarly, agglomeration of particles of size v and u results in death of a particle of 
size v, which gives the following death rate term (Hulbert and Katz, 1964 and Ramkrishna, 
2000). 
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in which the integral from 0 to ∞ ensures that the possibility that a particle of volume v 
agglomerates with any other particle with a volume ranging from 0 to infinity is accounted 
for. 
 
In equation 3.24 and 3.25 the agglomeration frequency is expressed in terms of the single 
parameter β. This parameter obviously depends on a number of physical and statistical 
properties associated with the collision. The parameter β is the only mathematical term in the 
population balances that links the physical and process parameters with the statistical chance 
of successful agglomeration (Ding et al., 2006). In other words, the coalescence kernel 
governs the mathematical description of agglomeration, as the term can be seen as a pseudo 
rate constant for the agglomeration process. The choice of kernel can dramatically affect the 
rate of coalescence and thereby the shape of the predicted granule size distribution, especially 
in agglomeration processes (Cryer, 1999 and Madsen & Andersen, 2006).  
 
Although some of the modern kernels have a generic first-principle foundation, all kernels are 
empirical or semi-empirical in nature, and have typically been suggested mainly based on 
experimental observations. Kernel expressions are often functions of particle size besides a 
number of fitted coefficients. These empirical coefficients are deduced from curve fitting 
from experimental data. Historically, much focus has been on the development of new kernels 
in order to be able to describe agglomeration processes under different conditions. One of the 
first suggestions by Kapur & Fuerstenau in 1969 suggested that β should simply be a constant 
β0. Recent considerations by Cameron et al. (2005) and Liu & Litster (2002) indicate that the 
coalescence kernel is affected by two major factors being: the collision probability of the 
specified pair of particles, and the chance of successful permanent agglomeration or particle 
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rebound (Cameron et al., 2005). Whereas the first factor mainly depends on the particle sizes 
and fluidisation conditions, Liu et al. (2000) have found that the most important aspects 
affecting the chance of permanent agglomeration are: elastic-plastic properties of the 
particles, viscosity of the liquid layer, head on collision forces and the energy balance of the 
system. This has lead to a reappearance of the general coalescence kernel expression 
originally suggested by Sastry as late as in 1975, and it has again become common to 
subdivide the kernel expression into two parts according to: 
 
u) (v,ββu) β(v, *0 ⋅=  (3.26) 
 
where β0 is the rate constant depending on the operating conditions of the fluid bed including 
liquid viscosity, particle moisture contents etc. The term β*(v, u) expresses the kernel 
dependence on the size of the agglomerating particles. It further determines the shape of the 
resulting particle size distribution (Liu and Litster, 2002 and Salman et al., 2007). Due to the 
complexity and limited knowledge of the forces affecting the particles inside the fluid bed, a 
form of the coalescence kernel based on physical properties of the particle materials has not 
yet been fully established. However, many empirical and theoretical expressions for the term 
β*(v, u) have been proposed in the literature, although these expressions generally have been 
sparsely validated. A historical summary of the development in coalescence kernel 
expressions may be found in Hede (2006) and Cameron et al. (2005). 
 
3.4.1.2. The breakage birth and death terms 
 
Although the influence of breakage on the number density function has often been neglected 
in low agitative systems as fluid beds, a general version of equation 3.23 must include terms 
that account for such phenomena. Modifications to equation 3.23 have been presented by 
Ramkrishna (2000) and Cameron et al. (2005) in order to include the birth of new particles in 
size class v due to breakage of particles from higher size classes, and the death of particles of 
size class v due to breakage into lower size classes.  
 
In the derivation of the breakage birth and death terms it is assumed that the break-up of 
particles occurs independently of each other. Additionally, it is assumed that breakage occurs 
instantaneously implying that it occurs on a small time scale compared with the one used for 
observing the changes in particle population. Hulbert and Katz (1964) suggested an 
expression for the breakage birth rate term according to: 
 
 vme with voluparticles ofBirth du t)n(u, ) tu,  P(vt)b(u,t)α(u, 
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The term b(u, t) is the breakage function, which is the fraction of the population of particles 
breaking per unit time. The term is also known as the selection function. The number of 
particles of size u that breaks is b(u, t) · n(u, t). An expression for the number of particles 
resulting from breakage is obtained by multiplication with the average number of newly 
formed particles α(u, t) resulting from the breakage of a single particle of size u. The average 
number of newly formed particles depends on the mechanical properties of the particles and is 
frequently obtained from separate breakage studies. It obviously has a minimum value of two, 
but it is not restricted to be an integer as it is an average number. 
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The probability density function P(v | u, t) is the probability for particles of size u to break up 
and create a particle of the smaller size v at time t. Thus, multiplication with the probability 
density function gives the number of newly formed particles which have size v. Integration 
between limits v and ∞ is performed, because only breakage of particles larger than size v can 
produce particles of size v (Hulbert and Katz, 1964, Ramkrishna, 2000 and Cameron et al., 
2005). The probability density function, representing the distribution of particle states for the 
fragments resulting from breakage, is often determined quantitatively from experimental 
studies. The function inherits certain properties from conservation laws, which must constrain 
the breakage process (Ramkrishna, 2000). 
 
Correspondingly, the death rate term by breakage is the average number of particles of size v 
that breaks and, thus, disappears from size v (Ramkrishna, 2000 and Cameron et al., 2005). It 
is suggested by Hulbert and Katz (1964) to be expressed as: 
 
t)n(v, t)b(v,     vme with voluparticles ofDeath  ⋅=  (3.28) 
 
3.4.1.3. The general one-dimensional population balance equation 
 
Accounting for size changes due to coating and agglomeration as well as breakage, the one-
dimensional population balance in its full form may finally be expressed according to: 
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(3.29) 
 
The resulting equation is a partial integro-differential equation for which a solution is not a 
trivial matter. Known analytical solutions are only available for special forms of the 
coalescence kernel with an assumed initial number density distribution (Hulburt & Katz, 1964 
and Ramabhadran et al., 1976). Numerical solutions to partial integro-differential equations 
are nevertheless a topic on its own and numerous methods have been presented in literature.  
 
The method of weighted residuals with global functions is one of the most popular methods to 
solve population balance equations (Ramkrishna, 1985). In this method, the solution is 
approximated by a linear combination of a series of chosen basis functions, whose unknown 
coefficients are determined by satisfying the population balance equation to define a residual. 
The idea of weighted residuals is to find the coefficients that force the residuals to be 
orthogonal to a chosen set of weighting functions (Hu et al., 2005). The method of moments 
is equivalent to the method of weighted residuals if the weighting functions are chosen to be 
polynomials (Randolph & Larson, 1971). Since polynomial weights are often a poor choice 
for population balances on semi-infinite intervals, and not all population balance equations 
can be reduced to moment equations, the method of moments is concluded by Hu et al. (2005) 
not to be advantageous. A further limitation of global functions is that they cannot always 
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capture the features of the solution, especially when there are abrupt changes and 
discontinuities in the solution (Madsen & Andersen, 2006).  
 
A particular attractive approach that has evolved is to discretise the population balance 
equation into discrete, but contiguous size ranges, and then solve the discrete equations 
numerically (Batterham et al., 1981, Hounslow et al., 1988 and Kostoglou and Karabelas, 
1994). The effectiveness of this approach lies in rapid solutions of selected properties of the 
population. In practical applications, certain properties of the particle population may be more 
important than others, either because they control product quality or because they are easier to 
measure for the purpose of process control (Ramkrishna, 2000). This method requires in 
principle a uniform particle distribution, which, however, is somewhat unrealistic for 
processes where agglomeration may occur, but more reasonable in coating-dominant 
processes. Kumar and Ramkrishna (1997) extended this method for solving population 
balance equations for breakage and agglomeration of particles. This extended method 
combines the features of the discretisation technique with the method of characteristics. 
Problems with numerical dispersion and stability are often issues associated with most 
existing discretisation techniques, and also with the method suggested by Kumar and 
Ramkrishna (1997) (Madsen & Andersen, 2006). A number of other solution techniques have 
been suggested in literature including: Sectional methods (Gelbart et al., 1980), orthogonal 
collocation and spline collocation on finite elements (Gelbard & Seinfeld, 1978) and 
collocation using Galerkin´s method (Nicmanis & Hounslow, 1998). Detailed reviews of 
previous work on solving population balance equations have been made by Kostoglou and 
Karabelas (1994), Vanni (2000), Lee (2001) and Salman et al. (2007). 
 
Most of the existing solution methods are tailored to handle specific applications and lack 
generality (Hu et al., 2005). This means that the applicability and accuracy of the solution 
techniques vary with the different population balance models. As population balance 
modelling is a fairly new subject in the context of industrial fluid bed granulation, it is still not 
obvious which technique will be the most convenient to use. Recently, Madsen & Andersen 
(2006) studied the use of one-dimensional population balances in the context of fluid bed 
coating. They found that the discretisation techniques in terms of finite difference methods, 
including the original Hounslow et al. (1988) principle, produce unstable systems resulting in 
oscillating solutions. For a pure coating system, Madsen & Andersen (2006) developed a new 
discrete form of the population balance equation based on simple physical considerations. The 
method excels by automatically fulfilling the number and volume balances regardless of the 
form of the growth term. Unfortunately, a very fine discretization is required to obtain 
reasonable results. 
 
3.4.1.4. The coating growth term 
 
In the context of fluid bed coating, the agglomeration and breakage terms are less interesting 
compared to the coating growth term, G, which covers the convective growth. The general 
population balance includes this term, although most literature on fluid bed population 
balance modelling focus on agglomeration, and often assume the growth term to be constant 
or even completely neglects the term. Recent literature suggests that the growth term can be 
described as being dependent on time and particle size. Peglow et al. (2006) suggest the 
following growth term: 
 
kvσ(t)   t)G(v,  ⋅=  (3.30) 
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where σ(t) is a time-dependent coating rate and k is a proportionality constant. If the growth 
expression is independent of size, k = 0. In case the growth expression depends on the particle 
diameter, k = 1/3 and similarly, k will be equal to 2/3 or 1, if the growth expression depends 
on the surface or volume, respectively (Peglow et al., 2006). Liu and Litster (1993) suggest 
that particles having the same exposure time in the liquid spray zone will receive the same 
thickness of coating layer. This means for a well-mixed system that the growth expression can 
be regarded proportional to the surface area of the particles. The authors have applied this 
model on a coating process in a spouted bed and obtained good agreement with experimental 
data. 
 
In the situation with population growth due to coating only, coating material is added to the 
particles while the number of particles remains constant. In such situations the general 
population balance equation may be reduced to a simple hyperbolic partial differential 
equation of the following form: 
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The population balance will be number conserving, as no mechanisms to create or destroy 
particles are included in the model. The particles will grow in size according to the form of G, 
and the total volume of the system will grow in time, since G according to the physics of this 
system will be positive. The solution to this differential equation is straightforward. For 
simple analytical expressions of G the equation is analytically solvable, but for more complex 
expressions of G a connection between volume and time can still be derived, which is 
possible to solve numerically. Solution techniques for pure growth as well as combined 
growth and agglomeration models have been reviewed by Ramabhadran et al. (1976) and 
lately by Madsen & Andersen (2006).  
 
3.4.2. Summing up on the population balance modelling approach  
 
With respect to the fluid bed granulation process, the majority of reported work has focused 
on the one-dimensional population balance model having size as the only internal coordinate. 
However, several other independent granule properties have been identified, and for some 
time known to strongly influence agglomeration (Iveson, 2002). These include internal 
coordinates as granule liquid content, porosity, pore saturation and granule shape etc. This 
strongly calls for an expansion into multi-dimensional balances as suggested by Iveson 
(2002). Although it is possible to formally set up multi-dimensional balances, no solution 
technique is yet capable of solving such mathematical problems. At the present time, where 
not all of the effects incorporated into such multi-dimensional models are fully understood, it 
is not likely that such models could be formulated mathematically in terms of all fundamental 
properties of the system (Iveson, 2002).  
 
Although both particle coating and agglomeration occurs simultaneously in practice, the 
general form in equation 3.29 is almost never used as either the agglomeration or the coating 
population balance is solved and validated alone. This is likely to be due to mathematical 
problems rather than to physical considerations. As indicated from the works by Madsen & 
Andersen (2006) it is difficult to find a versatile solution technique for the general population 
balance with sufficient accuracy to handle coating-dominant as well as agglomeration-
dominant situations. Even with the so-called physical approach solution technique, developed 
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by Madsen & Andersen (2006), the solution of the general equation requires computational 
times of more than 103 seconds. 
 
Whereas the population balances may be used with reasonable accuracy in pure 
agglomeration processes, the use of population balance equations in coating processes is 
somewhat less attractive. This is due to the fact that the particle size distribution, compared to 
the initial particle diameters on which the population is founded, undergoes only small 
changes in a coating process compared to the significant changes in an agglomeration 
processes. This has two negative consequences in terms of population balance modelling: 
First of all, it is difficult to find a solution technique that can adequately account for such 
small size changes in a fast a reliable manner, and secondly, it is difficult to obtain valid 
experimental data due to the practical difficulties in measuring small changes in the particle 
size distribution using e.g. light scattering technique. This means in practice, that even though 
it becomes possible to model the coating process adequately in terms of a population balance, 
it may be extremely difficult to validate the model with experimental data.  
 
Population balance modelling is typically criticised for the empirical influence of the 
coalescence kernel. Still the majority of applied population balance studies rely on semi- or 
fully empirical kernel expressions, although a lot of effort has been put into the development 
of new and mechanistic coalescence kernels. It is indeed a problematic feature of the 
population balance models, that even with the use of advanced mathematics, the model 
predictions are still highly dependent on an empirically-based parameter. However, for fluid 
bed coating processes with limited agglomeration, the influence of the choice of kernel 
expression has been shown by Madsen & Andersen (2006) to be rather small. 
 
At the moment, the population balance models are used more as a learning tool to understand 
processes and mechanisms rather than being used as an optimisation tool. Population balance 
models have to some extent been used successfully to provide insight into the separate 
mechanisms by which particles grow. However, since particle characteristics, essential 
hydrodynamic parameters regarding liquid-solid contacting, particle mixing and 
agglomeration are lumped into the coalescence kernel, population balances cannot be applied 
for a-priori design and scale-up of fluid bed granulation processes (Goldschmidt et al., 2003). 
Still new papers are being published in which especially new and improved solution 
techniques are being suggested for the solution of one-dimensional balances. Much of this 
development has unfortunately been at the expense of proper model validation along with an 
advanced “mathemisation” of the population balances, and the field is to some extent moving 
further and further away from granulation physics and experimental data (Faure et al., 2001). 
With respect to fluid bed coating processes, a lot of effort is still needed before population 
balance modelling can be used for process control purposes, although first promising steps 
have been taken recently by Ronsse (2006) in combination with lumped-region modelling. At 
the moment, the capabilities of the population balance models as predictive tools do not 
compare in any reasonable way with other modelling approaches in terms of accuracy versus 
the effort to set-up and solve the models. 
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3.5. Hydrodynamic modelling of the fluid bed granulation process 
 
Although fluidisation-related phenomena are known to be highly important for the coating 
process, none of the previously presented modelling approaches have taken this directly into 
account. Hydrodynamic modelling of fluid bed systems takes the starting point in the 
fluidisation behaviour and in advanced models includes the effect of fluidisation on each 
particle. Contrary to the population balances, the size population balance equation is not 
directly involved in hydrodynamic models. Instead the underlying possible particle rate 
processes, such as wetting, agglomeration, coating and breakage are directly simulated. 
Typically, a sample of particles within a control volume of the fluid bed is considered, and the 
initial conditions such as positions in a 3-D space, fluidisation velocities in three dimensions, 
internal stresses etc. are assigned for each particle. Each of the particle rate processes are 
simulated, and hence their internal coordinates are updated directly. A hydrodynamic 
modelling approach of fluid bed systems is a fairly new discipline that has developed in the 
last ten to fifteen years due to the enormous increase in computer processing power and 
algorithm development. It is nevertheless a difficult, but promising discipline being a 
prerequisite for continuum and discrete element modelling, which are both subjects to be 
presented in this section. 
 
Hydrodynamics is fluid dynamics applied to liquids, and as the particle bed load is fluidised 
in the chamber during processing, hydrodynamics is often used as a term rather than the more 
general term fluid dynamics, being the sub discipline of fluid mechanics that studies fluids in 
motion. As with other typical fluid dynamic problems, a fluid bed hydrodynamic problem 
often involves the calculation of various properties for the fluidised particles such as velocity, 
porosity, density and temperature as function of space and time. The system consisting of the 
fluidised particles and the fluidisation gas is often treated as a two-phase gas-solid flow 
system (Goldschmidt, 2001 and Goldschmidt et al., 2003). A modern approach by 
Goldschmidt (2001) reduces this simplification by treating the fluid bed coating system as a 
multi-phase system, which allows a detailed hydrodynamic modelling of the top-spray fluid 
bed coating process. The description of such systems seeks in any case to account for the 
inherent complexity of dense gas-particle flows, which can be related to particle-particle and 
particle-wall interactions as well as gas-particle interactions (Goldschmidt, 2001). 
Hydrodynamic modelling is rarely combined with advanced mass transfer or 
chemical/physical reactions and equations, as first attempts by Samuelsberg & Hjertager 
(1996) strongly indicate the prior need for valid and well-proven hydrodynamic models.  
 
On an overall scale, there are basically two types of hydrodynamic models being the Eulerian 
models (also known as continuum models) and the Lagrangian models commonly referred to 
as Discrete Element Models (DEM) (Goldschmidt, 2001 and Taghipour et al., 2005). Both 
types consider the gas phase as a continuum, but there are a number of differences in the 
modelling approaches and assumptions regarding the particle phase. The following sections 
will briefly introduce the basic principles and differences. For an in-depth treatment of fluid 
bed hydrodynamic modelling and granular dynamics of two-phase flows, Hoomans (1999) 
and Goldschmidt (2001) should be consulted. 
 
3.5.1. Eulerian (continuum) models 
 
In Eulerian models all phases are treated as interpenetrating phases, and the theory behind 
such models is basically an extension of the classical kinetic gas theory that takes non-ideal 
particle-particle collisions and gas-particle drag into account (Goldschmidt, 2001). In this 
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scheme, collections of particles are modelled using continuous medium mechanics, as the 
Navier-Stokes equations for the fluid phase are applied to the particle phase with little 
modification (Jain, 2002). The solid particles are generally considered to be identical having a 
representative diameter and density, meaning that the particle phase is volume averaged 
(Taghipour et al., 2005 and Depypere, 2005). The general idea in formulating such a multi-
fluid model is to treat each phase as an interpenetrating continuum, and therefore to construct 
integral balances of continuity, momentum and energy for each phase with appropriate 
boundary conditions and jump conditions for the phase interfaces. As the continuum 
approximation for the solid phase has no equation of state, certain averaging techniques and 
assumptions are required to obtain a momentum balance for the solid phase (Pain et al., 
2001).  
 
Although constitutive relations according to the kinetic theory of particle flows have been 
incorporated into recent Eulerian models (e.g. Gidaspow et al., 2004 and Chiesa et al., 2005), 
pure continuum models for fluid bed granulation still suffer from the fact that the contact 
between fluid, particles and boundary surfaces is not considered explicitly with respect to 
particle inertia and the mechanical properties of the particles. This limits the ability of 
Eulerian multi-phase models to represent particle-particle and fluid-particle interactions 
adequately, thereby reducing the accuracy of the prediction of both the fluid and the particle 
dynamics (Fan et al., 2003 and Sun, 2002). This inaccuracy can be overcome by explicit 
calculations of the particle contact mechanics in a particle-scale reference frame using a 
Lagrangian approach as it will be presented below. Considering the limited required 
computational power and model complexity, the multi-fluid interpenetrating approach of the 
Eulerian granular multi-phase model is still a fast method to calculate flow fields, as it is well 
known from simple particle systems as spray-drying and conveying systems etc. (Sloth, 
2007). From such studies, however, it is impossible to study the fluid bed dynamics at 
particle-level. A number of software codes have been developed commercially, as reviewed 
by Xia & Sun (2002), hereby simplifying the task of continuum modelling and simulation. 
Due to the obvious need for accounting precise particle-level properties into fluid bed coating 
hydrodynamic models, pure Eulerian models must be regarded as inappropriate even in an 
industrial context. Hydrodynamic fluid bed scaling attempts based on empty vessel 
considerations are often founded on Eulerian models (e.g. Krishna & van Baten, 2001 and 
Cooper & Coronella, 2005). However, the models often turn out to be inaccurate when 
particles are being processed. Recent attempts by e.g. Depypere (2005) and Lettieri et al. 
(2003) have quite clearly illustrated that future development in the field of hydrodynamic 
fluid bed process modelling should be concerned with Lagrangian principles rather than with 
Eulerian.  
 
3.5.2. Lagrangian models – Discrete Element Methods 
 
The Lagrangian approach may be seen as an extension of the Eulerian, since Lagrangian 
models describe the solid and the liquid phases at particle-level and the gas phase as a 
continuum. In the two-phase flow situation, the Newtonian equations of motion for each 
individual particle are solved with inclusion of the effects of particle collisions and forces 
acting on the particles by the gas (Goldschmidt, 2001). That is, Newton´s law of motion is 
simultaneously solved for a large number of particles either in a computational unit cell with 
periodic boundaries, or on a computational domain representing the entire fluid bed vessel or 
its subset. In general, the following equations are solved (Cameron et al., 2005 and Kafui & 
Thornton, 2008): 
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in which mi is the particle mass, vi is the linear velocity vector, t is time, Ii is the moment of 
inertia, ωi is the angular velocity vector, Ti is the net torque vector due to the tangential 
components of the contact forces and Fi is the net force vector acting on particle i. Fi is often 
written as the sum of three contributions according to (Cameron et al., 2005): 
 
EPH FFFF iiii ++=  (3.34) 
 
where FH is the force due to fluid-particle interactions also known as the drag force, FP is the 
force due to particle-particle interactions during collisions, and FE is a force acting on the 
particle due to an external field being e.g. the gravitational field, mi·g. F
E is sometimes 
completely ignored and FH is often estimated from empirical equations. In general, the 
numerous discrete element approaches involves different assumptions and expressions for the 
net force vector in equation 3.34 (Goldschmidt et al., 2004 and Kafui & Thornton, 2008). 
 
Besides obviously being far more precise than the Eulerian models, such discrete particle 
models do not require additional closure equations for the suspended particle phase, since 
they compute the motion of every individual particle, taking collisions and external forces 
acting on the particles directly into account (Goldschmidt, 2001). The Lagrangian approach 
may roughly be divided into two groups based on the nature of the particle-particle 
interactions, being: the soft-particle and the hard-particle approach; both of which will be 
briefly introduced below.  
 
3.5.2.1. Hard-particle models 
 
In hard-sphere models the particles are assumed to interact through instantaneous, binary 
collisions. A sequence of collisions is processed one collision at the time in the order of 
occurrence (Hoomans, 1999, Hoomans et al., 2000 and Tsjui et al., 1993). Here the discrete 
elements represent both the primary particle and the agglomerates, in which case the identities 
of agglomerated elements are lost and a new larger element is created in their place (Cameron 
et al., 2005). Hard-sphere models are also referred to as event driven models, since a sequence 
of collisions is processed in which all particles are moved until the next collision occurs. 
Particle collision dynamics are described by collision laws, which account for energy 
dissipation due to non-ideal particle interaction by means of the empirical coefficients of 
normal and tangential restitution, and a coefficient of friction (Goldschmidt, 2001). The 
dissipative particle interactions in the particle phase make these systems significantly 
different from molecular systems where energy associated with collision is always conserved. 
This means that energy has to be continuously supplied to the particle system in order to keep 
the particles in motion. This can for instance be achieved by applying a shear rate through 
proper choices of boundary conditions as suggested by Campbell & Brennen (1985). It has 
recently become common to choose the collision particle partners and sequences based on the 
relative approach velocity (Hoomans et al., 1996 & 2000).  
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Based on work by Hoomans (1999), Goldschmidt (2001) and Goldschmidt et al. (2003) 
developed a hard-sphere discrete particle model for granulating fluidised beds, which captures 
the principles of basic two-dimensional hard-particle modelling well. This model computes 
the motion of every individual particle and droplet in the system considering the gas phase as 
a continuum. Particle-scale processes such as particle-particle collisions, droplet-particle 
coalescence and agglomeration are taken into account by simple closure models. Distinction 
is here made between three types of entities being: dry particles, wetted particles and droplets. 
All three types are assumed to be spherical, and encounters are detected as soon as contact 
occurs at a point on the line joining the centres of the two entities. In addition, six types of 
encounters are distinguished: Encounters among dry particles described by hard-sphere 
collision laws from mechanics; Droplet-droplet encounters described by hard-sphere collision 
laws as well, as they are assumed to be repulsive for atomised liquid droplets with a typical 
radius of 50 µm, colliding with small mutual differences; Encounters between droplets and 
dry or wetted particles; Encounters between dry or wetted particles and a chamber wall, 
described by hard-sphere collision laws; Encounters between droplet and walls, resulting in 
removal of the droplet from the simulation, and last; Encounters between a wetted particle 
and another particle, leading to either rebound described by hard-sphere collision laws or 
agglomeration. Which of the two latter situations that occurs depends on the odds of the 
particles hitting each other on a wet spot (Goldschmidt et al., 2003). It is further assumed that 
a new particle entity is formed at the position of the centre of mass of the original entities 
upon coalescence as it is sketched in figure 3.10. 
 
 
Figure 3.10: Repositioning and merging of particles upon agglomeration 
(Based on Goldschmidt et al., 2003).  
 
Mass, momentum and volume of the new entities are conserved and transferred to the newly 
formed particle, where after the original entities are excluded from the simulation. In case of 
droplet impact with a particle, the area on the newly formed particle covered by liquid 
depends on the original particle size, the size of the droplet and a defined minimum liquid 
layer thickness as sketched in figure 3.11.  
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Figure 3.11: Liquid layer formation upon droplet-particle coalescence 
(Based on Goldschmidt et al., 2003).  
 
In case of agglomeration, the wetted area available for subsequent agglomeration is reduced 
by the projected area of the smallest particle, in order to account for liquid bridge formation 
and the masking of the wetted surface, which cannot be reached anymore because the newly 
agglomerated particle is in the way. This is sketched in figure 3.12.  
 
 
Figure 3.12: Masking of wetted surface for subsequent agglomeration 
(Based on Goldschmidt et al., 2003).  
 
Although inclusion of liquid and gas inside the pores is taken into account for agglomerates 
containing more than three primary particles in the model by Goldschmidt et al. (2003), the 
model does, however, not account for non-spherical particles, droplet penetration into the 
cores or breakage of agglomerates, and is further limited by the two-dimensional geometry. 
Even so, simulations using the two-dimensional Goldschmidt model are only possible for 
50,000 granules at the time, thereby being only comparable to experimental data from very 
small fluid beds. This clearly illustrates the need for more computational power, if the hard-
particle principles should be used for any industrial purposes. It also indicates why the hard-
particle approach has first been used within the last ten to fifteen years, although the 
principles were introduced originally in the late fifties.  
 
In another recent study by Kafui & Thornton (2008), a full 3-D fluid bed granulation model 
was developed for Geldart group A particles. The model uses simple functional relationships 
to model the 3-D particle wetting in the conical spray zone. Agglomeration as well as 
breakage of agglomerates is also accounted for in the model. The strengthening of liquid 
bridges upon drying is likewise accounted for in terms of an increase in energy of adhesion 
with drying. With this model, Kafui & Thornton (2008) were capable of simulating 50,000 
particles at the time providing qualitatively realistic particle size evolution trends. Although 
still in a proof-of-concept phase, this modelling concept is promising. However, even with the 
anticipated future increase in computer processing capacity, it will take many years before the 
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model can be applied with real fluid beds containing several millions of particles. Other 
recent attempts in hard-particle DEM modelling have been reviewed by Link et al. (2007).  
 
3.5.2.2. Soft-particle models 
 
The soft-particle approach differs from the hard-particle approach as it considers interparticle 
collisions as a continuous process that takes place over a finite time. Here the discrete 
elements strictly represent the primary particles, which maintain their identity even as they 
become part of larger agglomerates. In such models, agglomerate deformation during 
collision can be modelled, as the contact forces between the primary particles are calculated 
from a simple mechanical analogy involving a spring, a dashpot and a friction slider; i.e. the 
normal and tangential component of forces are expressed as the sum of forces due to the 
springs and dashpots, and the normal and tangential velocities are expressed in terms of the 
relative velocity prior to collision (Gera et al., 1998). The principle of the linear spring-
dashpot model is sketched in figure 3.13. Such inter-particle bond models are particular 
suitable for the modelling of impact breakage of pre-existing agglomerates which undergo 
some sort of brittle fracture (Thornton & Cismocos, 1999). Another advantage is that 
information of the agglomerate morphology is obtained automatically from the simulation 
(Cameron et al., 2005). Hence, the majority of discrete element simulations of agglomerate 
strength use the soft-particle approach.  
 
 
Figure 3.13: Contact force model for soft-particle modelling (Based on Gera et al., 1998).  
 
In soft-particle simulations, the interactive forces exerted on each particle are computed as 
continuous functions of the distance between contiguous particles, and are based on 
physically realistic interaction laws. Soft-particle models are also referred to as time driven 
models as all particles are moved over a certain period of time where after the collision 
dynamics are computed from the particle overlaps. In case a particle is in contact with several 
other particles, the resulting contact force follows from the addition of the binary 
contributions (Goldschmidt, 2001). Compared to the hard-particle principle this approach is 
computationally intensive and requires even higher computational demands than hard-sphere 
simulations. However, the soft-particle approach does have the clear advantage that it 
provides information on the structure and dynamics of granular materials including details of 
positions, velocities, forces and energy partitions. In soft-particle simulations of 
agglomeration, agglomerates are modelled as assemblies of primary particles, which often are 
assumed to be spherical and elastic (Lian et al., 1998). In all, the soft-particle modelling 
approach is useful in the simulation of the deformation and breakage of agglomerates, but less 
interesting in a fluid bed coating context.  
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3.5.3. Summing up on the hydrodynamic modelling approach  
 
Hydrodynamic modelling is a relatively new approach with respect to modelling fluid bed 
coating systems with only few papers published so far. As with the population balances most 
hydrodynamic granulation studies consider pure agglomeration studies. Effective modelling 
of solid-fluid flows requires methods for adequate characterisation of the discrete nature of 
the solid particle phase and a valid representation of the interaction between solids and fluids. 
Simple multi-phase models using the Eulerian method addresses the problem within a 
continuum framework. In continuum models, contact between fluids, particles and boundary 
surfaces is not considered explicitly with respect to particle inertia and mechanical properties. 
This limits the ability of continuum multi-phase models to adequately represent particle-
particle and fluid-particle interactions, hereby reducing the accuracy of the prediction of both 
the fluid and the particle dynamics. Such models may give precise indications of empty-vessel 
fluidisation flows, but the representation of all phases simply as interpenetrating continuums 
is a too rough approach for the fluid bed coating process. 
 
Since Lagrangian (DEM) models describe particle motions in detail, it is expected that these 
models show closer resemblance with experimental results than with the Eulerian models. 
However, a direct comparison between hard- or soft-particle models and experiments has not 
been made so far, mainly because of the limited number of particles that can be handled by 
the discrete element models. Further complications arise from the fact that a rigorous 
comparison can only be made if the discrete element models account for the full three-
dimensional motion of the particles, as a two-dimensional modelling of the particle collision 
dynamics has proven to be too restrictive (Hoomans, 1999). This strongly increases the 
required number of particles and consequently the computational demands. Only recently 3-D 
studies are beginning to be published. The number of particles that can be accounted for in 
present models is a generic, but serious limiting factor in any of the discrete element models. 
Even with modern computers, present models cannot account for more than 106 particles in  
2-D, which is several orders of magnitude lower than what is processed in industrial fluid 
beds. Even if the computational processing capacity continues to be roughly doubled each 18 
month according to Moore´s law, it will take many years before commercial fluid beds can be 
fully modelled in terms of discrete element models. In terms of fluid bed coating processes, 
the hydrodynamic modelling approach is not yet matured sufficiently to be used for process 
control and scale-up tasks. As with the population balances, the results obtainable from 
present hydrodynamic modelling studies do not compare reasonably with the effort to set-up 
and solve the models. 
 
3.6. Lumped-region modelling  
 
As a trade-off between the level of detail, and the possibility of using the models for process 
control, another modelling approach has been suggested by Overturf & Reklaitis (1983), 
Maronga & Wnukowski (1997a,b), Temple & van Boxtel (1999), Heinrich & Mörl (1999), 
Freitas & Freire (2001), Heinrich et al. (2003), Larsen et al. (2003), Werther & Bruhns 
(2004), Ronsse (2006), Ronsse et al. (2007a,b) among others. At the heart of this approach is 
the discretisation in one, two or three dimensions of the fluidisation chamber into small so-
called control volumes for which dynamic heat and mass transfer balances are set up and 
solved. For the most advanced models, physical parameters and properties are represented by 
distributions. In the less advanced models, the fluid bed is typically discretised in vertical 
direction only, assuming well-mixed behaviour inside each control volume. Typically, some 
of the control volumes are assigned to be coating control volumes, whereas others are drying 
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control volumes only. In all control volumes, fluidisation air humidity and temperature are 
typically the main parameters accounted for. Particles are in most models allowed to move 
between the control volumes with a certain rate related to the fluidisation velocity. 
 
The strong focus on local temperature and humidity conditions as well as the distinction 
between coating and non-coating control volumes arise from a number of detailed fluid bed 
coating experiments carried out by different authors throughout the years as reviewed by 
Heinrich et al. (2003). The temperature and humidity inside the fluid bed are known from 
numerous studies to be the driving force behind the drying of the coating solution on the 
granule surface. When the bed temperature is too high there is little or no coating growth, 
because of rapid surface drying and premature spray-drying of the coating solution before 
impact (Guignon et al., 2002). On the other hand, if the humidity is too high and/or the 
temperature is too low, the bed is likely to collapse due to wet quenching (Maronga & 
Wnukowski, 1998). It is often a basic assumption in black-box models that all granules have 
the same temperature and moisture contents, and that for all granules, the coating and drying 
history are the same. Results by Maronga & Wnukowski (1998) indicate, however, that the 
temperature and humidity during the coating process in a top-spray fluid bed vary 
significantly with radial and especially vertical position. During the coating process, pockets 
of low temperature and high humidity are formed deep inside the bed, causing fluctuations in 
temperature of typically more than 10% on a °C scale. Based on these systematic fluctuations, 
the top-spray fluid bed is suggested to be formally divided into four zones, which can be seen 
in figure 3.14 (Maronga & Wnukowski, 1998). 
 
 
Figure 3.14: Zones in a top-spray fluid bed during steady state coating (Based on Maronga & 
Wnukowski, 1998). The sizes of the zones are not to scale.  
 
As seen in figure 3.14, the highest humidity and the lowest temperature are situated closest to 
the bed surface in the spraying zone. The size and rate of particle transfer to this zone are 
important factors because particles are coated if and only if they visit this zone. Maronga & 
Wnukowski (1997b) reported that an increase in the size of the spraying zone decreases the 
variance of the coating distribution (Maronga & Wnukowski, 1997a,b). The highest 
temperature and humidity fluctuations are reached in the drying zone, although zones of low 
temperature and high humidity are not always correlated or identical. In the heat transfer zone 
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the conditions are close to those of the inlet air. Between the heat transfer zone and the drying 
zone exists a non-active zone, where neither temperature nor humidity change significantly 
(Maronga & Wnukowski, 1998). The minimisation of this zone may at first seem 
advantageous to the coating process in order to decrease the particle circulation time. 
Nevertheless, the non-active zone acts as a safeguard against the chance of wet quenching the 
bed. Hence, the fluid bed coating process has to be operated with a significant size of the non-
active zone (Maronga & Wnukowski, 1997b).      
 
The experimental results obtained by Maronga & Wnukowski (1997a,b & 1998) among 
others have formed the basis for a recent dynamic heat and mass transfer model suggested by 
Ronsse (2006) and Ronsse et al. (2007a,b). The model is capable of describing the 
temperature, humidity and coating mass concentration fields along the vertical z-axis of the 
coating process in a top-spray fluidised bed. This simple model approach fulfils the industrial 
needs for an intuitive model that captures only the most important phenomena during the 
coating process. At the same time the calculation times are short, and the results can be 
straightforwardly interpreted and used for direct comparison with experimental data. From 
comparison with experimental data, Ronsse et al. (2007a) concluded that the model is reliable 
in predicting the steady state thermodynamic behaviour of the fluid bed during coating.  
 
As with the model suggested by Ronnse (2006) and Ronsse et al. (2007a,b) it is common to 
account for other properties besides the fluidisation air humidity and temperature. Additional 
properties such as particle water contents, particle surface temperature and reactor wall 
temperature can also be accounted for in lumped-region models. Even with the simple one-
dimensional lumped-region models, the level of detail can be varied by including e.g. detailed 
hydrodynamics and liquid deposit mechanisms. However, detailed agglomeration theory is 
yet to be implemented into lumped-region models. 
 
The fact that the lumped-region modelling approach is capable of simulating the whole fluid 
bed at practical time scales, at the same time including process conditions at the detailed level 
of choice, makes this approach interesting in a scale-up context, where the aim often is to 
compare different fluid bed scales and only to a lesser extent to be able describe the particles 
individually. In that sense, the proposed lumped-region models in literature are not the most 
advanced models in terms of mathematics and level of detail, but the modelling principle does 
offer the greatest versatility and could in principle be coupled with elements from all of the 
other presented modelling approaches. 
 
3.7. Chapter summary – the modelling approaches and fluid bed coating 
 
This chapter has introduced a number of the most relevant modelling approaches for the fluid 
bed coating process. Traditionally, many different modelling approaches have been suggested 
ranging from black-box models, and models based on statistical treatment of experimental 
data, to highly advanced multi-dimensional population balance models (PPB) and 3-D 
discrete element models (DEM) (Hede, 2006). In between is a range of particle-level models 
treating isolated phenomena in detail such as droplet wetting of core particles, liquid bridge 
breakage etc. The lumped-region modelling approach offer a versatile technique, where the 
fluid bed on macro-scale is subdivided into a series of well-mixed control volumes for which 
temperature and humidity balances are set up for each volume.  
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The choice of a proper modelling principle obviously depends on the interest and the purpose 
of the model. For a quick and rough estimate of the influence of different process or 
formulation parameters, the black-box and statistical model approach could be applied 
initially. If further insight is required, other approaches should be chosen. Particle-level 
models could serve as guidelines for how different parameters and properties affect the 
coating process in detail, but models at this scale cannot be used to predict the outcome at the 
unit-operation scale. As presented in this chapter, the effort of modelling the coating system 
in terms of advanced hydrodynamic and population balance models is not very likely to result 
in something useful, and in any case it will be difficult to validate the models with 
experimental data. In that sense, the lumped-region modelling approach appears to be the 
most versatile and obvious choice. Using this approach it is fairly simple to quickly set up a 
model that is capable of modelling the entire coating system at the detailed level of choice. A 
clear advantage with this approach is that the model can be continuously expanded to include 
further details, and elements from all the other modelling principles may be implemented into 
such lumped-region models. As a summary, table 3-2 presents the advantages and 
disadvantages concerning each of the presented modelling approaches. 
 
Table 3-2: Summary of the advantages and disadvantages associated with the presented modelling 
approaches. 
Modelling  
principle  
 
Advantages Disadvantages 
 
Thermodynamic 
black-box 
modelling 
 
A quick tool in the first phase of 
process optimisation and process 
control. 
 
Models are simple and thereby easy to 
set up and solve. 
 
Models are easily implemented into 
process control software. 
 
Models are easily validated with 
experimental data. 
 
Gives no fundamental insight into the 
underlying physical principles of the 
process. 
 
The models are not often capable of 
describing the dynamic behaviour of a 
system – most often only steady state 
conditions may be predicted.  
 
A too simple approach to be used in a 
process design phase or for scale-up. 
 
 
Statistical  
black-box 
modelling 
 
The statistical analysis of the model 
data will ensure that only statistical 
valid data will be included into the 
model. 
 
Models are simple and thereby easy to 
set up and solve.  
 
Commercial software packages are 
available to help the data analysis. 
Models are easily implemented into 
process control software. 
 
Models are easily validated with 
experimental data. If data is constantly 
being produced the models may be 
continuously updated and improved. 
 
 
Gives no fundamental insight into the 
underlying physical principles of the 
process. 
 
Models are very dependent on the 
choices of the input parameters and the 
choice of the discrete test levels. 
 
Models are equipment-specific and 
cannot usually be used for scale-up. 
 
Large factorial designs may require a 
large number of experiments making 
the modelling approach time-
consuming. 
 
Particle-level  
modelling 
 
The modelling approach is the most 
detailed providing valuable information 
of the various phenomena taking place 
in fluid bed coating processes. 
 
Proper particle-level understanding is 
vital in any fluid bed modelling 
attempt, and particle-level models have 
significantly improved the insight into 
granulation processes.  
 
Models are typically based on isolated 
studies far away from practical 
conditions in fluid beds. 
 
Models are difficult to implement into 
process-control routines or software. 
Particle-level models cannot stand 
alone in terms of predicting the 
outcome of a fluidised bed coating 
process.   
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Table 3-2: Summary of the advantages and disadvantages associated with the presented modelling 
approaches (continued). 
Modelling  
principle  
 
Advantages Disadvantages 
 
Population 
balance 
modelling 
 
The representation of the particle-phase 
in terms of distributions instead of 
single values is a realistic way to 
describe the granulation system. 
 
The nature of population balances al-
lows the possibility to include all rele-
vant properties into a multi-
dimensional population balance. 
 
Population balance models are capable 
of describing the granulation process 
dynamically.  
 
A one-dimensional population balance 
is a too simple approach to model the 
granulation process. Other internal 
coordinates should be added, thereby 
moving from one-dimensional into 
multi-dimensional population balan-
ces.  
 
Solution techniques for multi-
dimensional population balances are 
not yet established. Even with the one-
dimensional balances, numerous prob-
lems, including instability and num-
erical dispersion, are common. 
 
Coalescence kernels are still semi or 
fully empirical, making population 
balance simulations to a large extent 
still dependent on experimental results.  
 
 
Hydrodynamic  
modelling 
(Pure Eulerian) 
 
A fast method to calculate flow fields at 
any fluid bed scale. Pure Eulerian 
models are far from being as process-
time demanding as the other hydro-
dynamic techniques. 
 
A whole range of commercial programs 
are available, making the simulation 
coding part fairly straightforward. 
 
Knowledge of the equation of state for 
the particles is needed a-priori.  
 
The study of particle-level fluid bed 
dynamics is impossible in terms of pure 
Eulerian models. 
 
Basically just an extension to the 
classical, and in many ways inaccurate, 
kinetic gas theory. 
 
Hydrodynamic 
modelling 
(Hard-particle 
approach) 
 
High precision of the particle dynamics 
as the Newtonian equations of motion 
for each individual particle are solved 
with inclusion of the effects of particle 
collisions and forces acting on the 
particles by the fluidisation air. 
 
A larger number of particles can be 
included into the hard-particle models 
than what is possible in soft-particle 
models. 
 
Present models are only capable of 
accounting for about 50,000 granules at 
the time in 3-D, thereby making it 
difficult to compare simulations with 
experimental data. 
 
Particle morphology cannot be studied 
with the use of hard-particle models as 
agglomerates as well as single particles 
are commonly assumed perfectly 
spherical. 
 
 
Hydrodynamic 
modelling 
(Soft-particle 
approach) 
 
High precision of the particle dynamics 
as the Newtonian equations of motion 
for each individual particle are solved 
with inclusion of the effects of particle 
collisions and forces acting on the 
particles by the fluidisation air. 
 
Soft-particle simulation is a promising 
tool for studying the effect of changing 
some of the physical and chemical 
parameters involved in the granulation 
process. Especially breakage of pre-
existing agglomerates is commonly 
studied at the particle-level using the 
soft-particle approach. 
 
Morphology is obtained automatically 
from soft-particle simulations. 
 
Soft-particle simulations struggle with 
high computational processing de-
mands. Commonly, only a few thou-
sand particles can be simulated at the 
time. 
 
Soft-particle modelling is less inte-
resting in a fluid bed coating process 
context, although the principle may be 
applied to study breakage phenomena 
of coated granules. 
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Table 3-2: Summary of the advantages and disadvantages associated with the presented modelling 
approaches (continued). 
Modelling  
principle  
 
Advantages Disadvantages 
 
Lumped-region 
modelling 
The most versatile modelling principle. 
Elements from all the other modelling 
approaches may be implemented. 
 
Models are physically based on in- and 
outlet streams and heat and mass 
transfer balances. This makes the 
model fairly easy to validate with 
experimental data. 
 
Lumped-region modelling is interesting 
in a scale-up context as the physical 
dimensions of the fluid bed are easily 
integrated into the model. 
Detailed agglomeration and coating 
mechanisms are not normally included 
into lumped-region models. As with the 
black-box models the modelling 
approach gives little particle-level 
insight into the underlying physical 
phenomena involved in the process. 
 
It is difficult to estimate the number of 
coating control volumes versus the total 
number of control volumes to be 
assigned for the model. Often rough 
empirical estimations are necessary.  
 
3.8. Table of symbols 
 
Symbols 
 
Unit 
a Constant in equation 2.40 Dimensionless 
Abed Bed surface area m
2 
Aind Apparent area of indentor contact m
2 
b(v, t) Fraction of particles breaking per unit time - 
dbu Gas bubble diameter m 
dg Granule diameter µm  
Dw Binary diffusion coefficient m
2/s 
e Particle coefficient of restitution  Dimensionless 
F Total applied indentor load  N 
Fi Net force vector acting on particle i - 
Fi
H Drag force vector - 
Fi
E Force vector accounting for external fields - 
Fi
P Force vector accounting for particle-particle interactions - 
g Gravity m/s2 
G(v, t) Coating growth rate  - 
hasp Characteristic height of particle surface asperities m 
hliq Liquid layer thickness  m 
∆Hvap Latent heat of vaporisation J/kg 
H Hardness N/m2 
Ii Moment of inertia - 
k Exponent in equation 3.30 - 
Kc Fracture toughness N/m
3/2 
m Mass  kg 
maggl Agglomerate mass kg 
n Summation number Dimensionless 
nab Exponent in equation 3.17 Dimensionless 
nfi Flow index Dimensionless 
nGwyn The Gwyn relation exponent factor in equation 3.20 Dimensionless 
n(v, t) Number density - 
Ni Number of particles - 
P(v | u, t) Probability density function - 
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Q Proportionality factor  Dimensionless 
r1, r2 Radius of granule 1 and 2, respectively µm 
raggl Radius of an agglomerate µm 
 r*aggl
 
Critical radius of an aggl. after which deformation occurs µm 
rdr,0 Initial droplet radius  µm 
rdr Droplet radius  µm 
rharm Harmonic mean granule radius µm 
Rpore Radius of parallel capillary pores in porous media µm 
s0 Particle specific surface area  m
2/kg 
Stdef Stokes deformation number Dimensionless  
Stdef
*  Critical Stokes deformation number Dimensionless  
Stv Viscous Stokes number Dimensionless 
Stv
* Critical viscous Stokes number Dimensionless 
Sw Wetting saturation Dimensionless 
t Time s 
Ti Net torque vector - 
Ta Fluidisation air temperature K 
Tdr Droplet surface temperature K 
u Particle size (volume) class - 
u0 Initial granule collision velocity m/s 
v Particle size (volume) class - 
vi Velocity vector - 
vimp Impact velocity  m/s 
vbu Bubble rise velocity m/s 
Vabrasion  Fractional volume removed by abrasive wear m
3 
Vattrition  Fractional volume removed by attrition m
3 
Vaggl Agglomerate volume m
3 
Vdr Droplet volume m
3 
WA Work of adhesion for an interface N/m 
WC Work of cohesion N/m 
WCS Work of cohesion for a solid N/m 
WCL Work of cohesion for a liquid N/m 
Weq Average moisture contents at equilibrium  kg H2O/kg dry solid 
Wt Average moisture contents at time t  kg H2O/kg dry solid 
x Internal coordinate vector - 
Xi Input variables Dimensionless 
Yattrition Weight fraction of a granule sample that has undergone 
attrition 
Dimensionless 
Yi Output variables Dimensionless 
z Counting number Dimensionless 
   
Greek   
   
α(u, t) Average number of new particles formed from break up - 
β Coalescence kernel - 
β0 Rate constant  - 
β*(v, u) Coalescence kernel expression - 
γ&  Shear rate s-1 
γlv Interfacial tension between liquid and vapour N/m 
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γsv Interfacial tension between solid and vapour N/m 
γsl Interfacial tension between solid and liquid N/m 
δ Dimensionless bubble spacing Dimensionless 
εpmsp Porous media surface porosity (void fraction) % 
ηapp Apparent viscosity kg/m·s 
ηliq Coating solution viscosity  kg/m·s 
θ Contact angle ° 
λa Thermal conductivity of air W /(m·K) 
λls Spreading coefficient (liquid over solid) N/m 
ξ Term describing the rate of granule degradation Dimensionless 
π Pi  Dimensionless 
ρdr Droplet density kg/m
3 
ρg Granule density kg/m
3 
ρp Particle density kg/m
3 
)γσ(&  Characteristic stress in an agglomerate N/m2 
σy Yield stress/strength N/m
2 
σ(t) Time-dependent coating rate  s-1 
τdpen Droplet penetration time s 
τevap Droplet evaporation time s 
φattrition Material property of attrition Dimensionless 
ωi Angular velocity vector - 
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Chapter introduction  
 
The last chapter of the literature study contains a survey of available theory concerning fluid 
bed scale-up. Initially, an outline of the scale-up objectives, challenges and difficulties are 
presented. With focus on macro- and micro-level scale-up approaches the chapter further goes 
through the most relevant scale-up theories and principles.   
 
The chapter is adapted from Towards Mathesis Universalis: Modern aspects of modelling 
batch fluid bed agglomerating and coating systems – a review authored by Peter Dybdahl 
Hede (Technical University of Denmark). The review is referred to as Hede (2006). 
 
4. Scale-up of fluid bed granulation processes 
 
One of the areas of particle technology that has a special commercial interest is the principle 
of transferring a granulation process from one scale to another, thereby being able to produce 
granules at different scales with similar properties. Typically, the task goes in the direction of 
matching first of all the particle size distribution across scale, and secondly if possible, at the 
same time, to maintain a high-intensity process during scale-up. Other scale-up targets may 
include: match of morphology and colour as well as mechanical properties of the final coating 
layer etc. (van Ee et al., 1997). It is often difficult to find optimum conditions for all 
parameters at the same time, and scale-up is in practice a trade-off between the target 
parameters. In the pharmaceutical industry with high-grade products produced in small 
batches, scale-up will often focus primarily on optimising granule properties as the production 
costs are small compared to the value of the product. This gives little incentive to invest 
ressources into optimising the granulation process intensity. However, in industries with 
lower grades of bulk granular products produced in several tonnes per hour, process intensity 
may become a highly important scale-up parameter in addition to the beforementioned scale-
up targets.  
 
Although industrial needs for scaling down a process do occur from time to time, the typical 
industrial problem is far more often to scale up a process. Often product and process 
properties are optimised in small- and medium-scale pilot fluid beds and then transferred to 
much larger production-scale. The scale-up of a fluid bed granulation process requires 
decisions to be made at many levels, including: fixed parameters (e.g. nozzle design and 
fluidisation chamber dimensions), parameters related to the core material (such as 
composition, porosity, sphericity and more), coating solution (e.g. viscosity, surface tension, 
contact angle and more) and the type of fluidised bed, input parameters, operating conditions 
including spray and fluidisation conditions as well as processing time etc. With such a variety 
of interlinked parameters and properties, combined with a lack of quantitative understanding 
of the granulation process, it is obvious that scale-up of a fluidised bed granulation process is 
a challenging task (Hede et. al., 2008b). Unfortunately, in many cases, the design and variety 
of the equipment at different scales do not facilitate a straightforward scale-up, and often 
different important granule properties as well as the general granule quality are observed to 
change with scale (Leuenberger, 2003). It is often observed that the coating process gives the 
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best results the smaller the scale meaning that a lot of time is needed to adjust the production-
scale equipment in order to produce granules with similar properties. In all, this makes the 
principles of scaling somewhat more of an art rather than science, and the scale-up of fluid 
bed processes is in fact still today a mix of physics, mathematics, experience, common sense 
and qualified guesses.  
 
4.1. Scaling challenges  
 
Disastrous scaling attempts of fluid bed processes from the early history of fluidisation clearly 
indicates that scaling of particle processes is far more difficult than the start-up and scaling of 
processes handling liquids (Squires, 1982). Modern industrial fluid bed granulation scaling 
involves a variety of issues including typically: problems with production site variances in the 
particle size distribution, proper coating liquid distribution at different scales, differences in 
agglomeration tendencies with scale etc. (Lödige, 2006). Still the majority of fluid bed 
equipment sold to the industry are standard units that are only slightly modified according to 
the specific granular product. Hence, chemical engineers working in the field of fluid bed 
granulation processes will often find that upscaling in many ways is more of an exercise in 
finding ways to adapt to the limitations given by the fluid bed chamber design, rather than 
designing the equipment to work properly with the given process. This is mainly due to the 
lack of quantitative understanding of the fluid bed coating process both at users and 
equipment designers, and this shortage becomes even more evident during scale-up. As a 
consequence of this, direct scale-up of fluid bed processes from lab-scale to production–scale 
is almost never done without including an intermediate pilot-scale step, where scale-up errors 
may be detected without loosing vast amounts of valuable products (van Ommen et al., 2006). 
 
What complicates the scale-up situation is the fact that the fluid bed manufactures to some 
extent are conservative in their choice of principles and parameters for building up-scaled 
equipment. This means that the chamber design principles used to build the up-scaled process 
equipment not necessarily are the optimal choices (Lödige, 2006). As it has been emphasised 
by Leuenberger (1983), two systems are geometrically similar when the ratio of the linear 
dimensions of the small-scale and the scaled-up system are constant. Going from small-scale 
pilot fluid beds to production-scale, geometrical similarities almost never occur (Rambali et 
al., 2003). Typical examples of dimensions of commercial fluid beds may be seen from table 
4-1 and figure 4.1.  
 
Table 4.1: Dimensions and capacities of four commercial fluid beds at different scales.  
Fluid bed 
parameters 
(Small pilot-scale) 
GEA Aeromatic-
Fielder Strea-1 
(Medium pilot-scale)  
Niro MP-1 
(Large pilot-scale)  
GEA-Niro MP-2/3 
(Production-scale) 
RICA-TEC/ 
Anhydro A/S 
Bed capacity 0.5 – 1 kg 3 – 4 kg 20 – 24 kg 800 – 900 kg 
Length a 10 cm 17 cm 27 cm 140 cm 
Length b 31 cm 48.5 cm 63 cm 279 cm 
Length c 18 cm 93 cm 270 cm 339 cm 
Length d 25 cm 29 cm 64 cm 280 cm 
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Figure 4.1: Sketch of the dimensions for four commercial fluid beds at different scales.  
Length dimensions corresponding to the symbols in the figure are stated in table 4-1. 
 
The dimensions in figure 4.1 and table 4.1 reveal one of the classical problems with fluid bed 
process up-scaling, which indeed is related to the design of fluid bed equipment. Compared to 
small or medium pilot-scale equipment, the large pilot-scale and the production-scale 
equipment are much larger in vertical size while the horizontal dimensions are only slightly 
expanded. This means that the expanded particle bed height increases significantly with scale 
causing changes in hydrodynamics such as faster rise of bubbles again resulting in less 
particle exchange with the dense phase and thereby longer particle cycle times (Watano et al., 
1995b and van Ommen et al., 2006). At the same time, similar types of external mixing 
nozzles with identical liquid orifice diameters are typically used for any of the fluid bed 
scales, and the need for the increased spray capacity in the large-scale is typically solved by 
simply adding more identical nozzles. The air and liquid volumetric flow rates through the 
nozzles are typically only slightly increased with scale, making it reasonable to believe that 
the spray zone remains close to similar in vertical extension (i.e. in absolute length), while the 
expanded bed height increases significantly with scale. This means that not only do the 
particle cycle time increases significantly with scale, also the time each particle spends in the 
spray zone is significantly decreased. This is likely to be part of the reason why granule 
properties often are observed to be different when produced at different scales. However, 
simulations and detailed experimental studies are needed in order to verify this. 
 
What further complicates the scale-up situation is that different particle materials and particle 
sizes scale-up differently. Geldart B particles are e.g. far more difficult to scale-up compared 
to e.g. Geldart A particles, due to the differences in how the particles influence the bubbling 
fluidisation (Knowlton et al., 2005). A variety of other examples of scaling sophistries makes 
fluid bed scale-up a challenging task. Even with the strong need of a scientific approach to 
address scale-up systematically and scientifically, up-scaling of fluid bed processes has 
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traditionally not had much academic interest although being a common engineering exercise. 
As reviewed by Hede (2006) advances in scaling principles are often done in industry and 
typically only reach the public in the form of patents. Still much time is spent in industrial 
scaling on simple empirical trial and error experiments in order to optimise the scaled-up 
process, and often the primary goal of industrial scale-up is to try to avoid large mistakes and 
delays rather than finding the true causes for the unsuccessful attempts (Knowlton et al., 
2005). The number of less than twenty scientific papers ever published in the field clearly 
indicates that fluid bed granulation scale-up until now has not been an area of much scientific 
interest or success. Recent scaling attempts do, however, indicate that it is possible to some 
extent to approach the scaling problems semi-quantitatively, as it will be presented in the 
following sections.  
 
4.2. The levels of approaching scale-up 
 
Scale-up principles presented in patents and in the scientific literature are mostly simple 
mathematical formulas or relations that are suggested to be kept constant across scale. 
Following the length of scale in the description of the fluid bed system as it was presented in 
chapter one, the scale-up principles may be divided into either micro- or macro-level scaling 
principles according to what focus of similarity the principle has. Overall, the goal of scale-up 
is to maintain identical product attributes (micro-scale) across the fluid bed scales (macro-
scales), but it is not obvious at which level the starting point for the scale-up principle should 
be. Both types of scaling approaches are presented in the following sections.  
 
4.2.1. The macro-level approach 
 
Fluidised bed scaling principles at the macro-level have been studied intensively for fluidised 
catalytic cracking regenerators and bubbling fluidised beds for more than thirty years 
(Glicksman et al., 1993 and Schouten et al., 1996). Scale-up of granulation processes based 
on equipment parameters is referred to as the macro-scale approach. A typical macro-scale 
approach determines the desired conditions over a range of dimensionally similar unit 
operations typically using well-known dimensionless groups as Reynolds and Sherwood 
numbers (Mort, 2005 & 2008 and Knowlton et al., 2005). In addition, several other 
dimensioned parameters or parameter groups are used, including specific energy input, excess 
gas fluidisation velocity and absolute humidity in the outlet fluidisation air etc. These 
operation parameters typically affect multiple product transformations, and the challenge is to 
scale-up the equipment, being geometrically similar or not, in a way that maintains key 
product attributes, while at the same time achieving an industrially efficient operation (Mort, 
2005).  
 
Scale-up attempts based on the dimensionless parameters typically rely on analogies in the 
heat and mass transfer as well as in the hydrodynamic behaviour of the flow regimes in the 
fluidised beds, especially on proper description of the bubble hydrodynamics. A number of 
the classical hydrodynamic scaling expressions and so-called scaling laws, based on the 
superficial gas velocity and minimum fluidisation velocity, may be found for bubbling 
fluidised beds in Ellenberger & Krishna (1994) and Werther (1980). Horio et al. (1986) 
developed a rule of hydrodynamic similarity for a scale change of fluidised beds based on the 
governing equations of bubble and interstitial gas dynamics. They proposed that when 
geometrically similar scale-up is to be carried out, while maintaining hydrodynamic 
similarity, two conditions most be satisfied. The first condition assures a similarity of bubble 
coalescence in the two different fluid bed scales according to: 
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)v(vLvv mf(s1)a(s1)slrmf(s2)a(s2) −⋅=−  (4.1) 
 
in which va(s1) and va(s1) are the (superficial) fluidisation air velocity in bed scale 1 and 2, 
respectively, and vmf(s1) and vmf(s1) are the minimum fluidisation velocity in bed scale 1 and 2, 
respectively. The parameter Lslr is the scaling length ratio. Assuming that the bed height, hbed, 
the vessel diameter, dvessel, the air distribution plate diameter, dair distrib pl., as well as the 
diameters of the orifices in the air distributor plate, dorifices, and other structural parameters are 
scaled in the same proportionality, Lslr is defined as (Horio et al., 1986): 
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If the second condition given by equation 4.3 is satisfied, this will assure similarities in 
bubble splitting and in the interstitial flow pattern (Horio et al., 1986): 
 
mf(s1)slrmf(s2) vLv ⋅=  (4.3) 
 
The scaling principles by Horio et al. (1986) have proved promising for Geldart B particles, 
when properties such as mass transfer and chemical reactions were to be maintained across 
fluid bed scales. Whether or not the scaling principle is valid for granulating fluid bed systems 
is yet to be proved. 
 
Similar to the scaling parameters by Horio et al. (1986), Glicksman (1984 & 1988) proposed a 
full set of scaling relationships by non-dimensionalising the equations of motion, along with 
their boundary conditions, for the particle and the fluid phase in a fluid bed. Using the length 
from the air distributor plate to the fluidisation chamber exhaust exit, Lchamber, as a typical 
length dimension, the following relations were suggested to be kept constant during scaling: 
 
vessel
chamber
ap
chamberid
chamber
2
a
d
L
   , 
vρ
Lβ
    , 
Lg
v
⋅
⋅
⋅
 (4.4) 
 
in which βid is the coefficient of interphase drag (fluid-to-particle force) and g is the 
gravitational acceleration.  
 
Other more advanced scaling parameters based on chaotic similarity theory have been 
proposed by Schouten et al. (1996). Being an empirical approach, the principle is based on the 
observation that the behaviour of a bubbling fluid bed is of chaotic nature. This degree of 
chaos is quantified by the Kolmogorov entropy, which is a measure of the rate of loss of 
information in the system (typically expressed in bits of information per second). The basic 
idea of the chaos scale-up methodology is that the rate of information loss should be kept 
similar across scale in order to ensure hydrodynamic similarity (Briongos & Guardiola, 2005). 
Experiments by vander Stappen (1996) demonstrated the usefulness of matching a measured 
chaotic similarity group, the so-called similarity group, at different fluid bed scales. This 
parameter group was suggested by van den Bleek & Schouten (1996) to be kept constant 
across scale, being expressed as (Sanderson & Rhodes, 2005):  
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in which dbed is the fluidised bed diameter and SKolmogorov is the Kolmogorov entropy, which 
Schouten et al. (1996) derived an empirical equation for, according to: 
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where hs is the settled bed height. This Kolmogorov expression is purely empirical and based 
on experiments in small fluid beds making the predictive capacity of the scale-up principle 
limited. The scale-up principle is yet to be tested with commercial fluid beds scales. 
 
Specifically for fluid bed granulation processes Turton & Cheng (2005) recently suggested a 
set of new scaling rules in which it is proposed that the following relative spray rate condition 
is satisfied during scaling: 
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in which liq(s1)V&  and liq(s2)V&  are the volumetric spray rate of the coating solution in fluid bed 
scale 1 and 2, respectively. The scaling of the volumetric spray rate is suggested to be set 
proportional to the amount of fluidisation air introduced into the bed, which in turn will be 
proportional to the total bed area, assuming that the same (superficial) air velocity va is used 
during scale-up (Turton & Cheng, 2005). 
 
Further, the relative coating time, tcoat, is suggested to be kept constant during scale-up 
according to (Turton & Cheng, 2005): 
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in which mbed(s1) and mbed(s2) are the bed loads in fluid bed scale 1 and 2, respectively. Inherent 
in these scaling rules are the assumptions that the bed fill levels are the same, the distributor 
plates in each fluid bed scale are geometrically similar, the fluidisation airflow rate is 
constant, and that the temperature and relative humidity of the inlet air are held constant 
during scale-up (Turton & Cheng, 2005).  
 
The Flux Number by Akkermans et al. (1998) is a different macro-scale approach as the 
primary focus here is on particle density, gas velocities, spray area and coating solution 
distribution on an overall scale. The Flux Number combines these parameters into a single 
dimensionless parameter claimed to govern the overall possible outcome during wet-
granulation in fluidised beds. The Flux Number is defined according to equation 4.9. 
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where ρp is the particle density determined according to equation 4.10. 
 
bed
p
ε1
BD
ρ
−
=  (4.10) 
 
in which BD is the bulk density of the particles and εbed is the bed porosity determined e.g. by 
mercury porosimetry. The parameter mliqq& is the mass spray flux in kg/(s·m
2) at a normalised 
distance D0 from the nozzle outlet, and ve is the excess gas velocity. Although the Flux 
Number is claimed by Boerefijn and Hounslow (2005) to be a commonly accepted suitable 
descriptor of the balance between the flux of solids in the spray zone and the spray flux that 
wets the solids, no experimental evidence has been presented in detail so far in the open 
literature. The practical use of the Flux Number as scale-up parameter is treated further in 
chapter seven. 
 
Macro-level scaling principles, as the above presented, are in principle an overall way to 
address the scale-up situation, and they do not normally take interparticle forces in fluidised 
beds into account. They typically also omit any influence of the particle coefficient of 
restitution as well as the influence of particle frictional forces (Glicksman et al., 1993). What 
is even more critical is that most of the scaling principles completely neglect any influence 
from the sprayed liquid phase. This means that scaling principles developed for pure gas-solid 
systems, such as e.g. for fluidised bed combustors, cannot be applied alone for fluidised bed 
granulation processes, as the liquid phase is known to be of utmost importance for the control 
of the process (Teunou & Poncelet, 2002). A fluidised bed system involving all three phases 
of solid, liquid and gas is more complicated than a fluidised bed having only a solid and a gas 
phase. This makes most of the macro-level scaling laws somewhat inappropriate for 
granulation process scaling, and recent scale-up approaches tend to regard macro-scale scale-
up as too inaccurate for successful scale-up of granulation processes in fluid beds. Thus, new 
principles for scale-up of granulating and coating fluidised beds must be used. Simple macro-
level dimensionless numbers and scaling similarity parameters may, nevertheless, still be 
applied in order to estimate the different hydrodynamic regimes. Hence, the satisfaction of 
selected macro-level scaling laws may be seen as a prerequisite for further detailed micro-
level scaling theory. A historical review of macro-level scale-up approaches for pure gas-solid 
fluid beds may be found in Glicksman et al. (1994). 
 
4.2.2. The micro-level approach 
 
The micro-scale approach on scale-up is based on defining the key transformations in an 
agglomeration or coating process on the scale of individual particles and liquid droplets 
(Salman et al., 2007). The match of detailed particle-level properties across scale is referred to 
as the micro-level scale-up approach. In that sense population balance models may be seen as 
a micro-level description as presented in chapter three. While the use of population balances 
may provide a useful micro-scale view of the agglomeration process, the complexity of this 
approach has proven to be too excessive for practical scale-up applications. So far no scaling 
attempts using population balance models have been reported (Mort, 2005 and Faure et al., 
2001). Modern micro-level scaling approaches instead follow the description of the 
granulation process as a combination of the three sets of separate processes presented in 
chapter three, being for agglomeration processes: Wetting and Nucleation, Consolidation and 
Coalescence, and Attrition and Breakage, and for coating processes: Wetting and possible 
droplet penetration into core particles, Coating and possible agglomeration, and Attrition 
and Breakage. Often the scaling attempts seek to scale-up each of these processes separately.  
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The process of initial wetting of the particles appears to be the easiest component to scale-up. 
The spray droplet size and the droplet size distribution can be estimated or measured and 
controlled with adequate accuracy. This further means that the size of the spray zone is in 
principle relatively easy scaled as it depends mainly on the spray angle, nozzle pressure and 
the position of the nozzle above the fluidised bed (Faure et al., 2001). Results by Watano et 
al. (1995a) and considerations by Boerefijn & Hounslow (2005) indicate that the wetting zone 
conditions should be scaled-up to remain relatively constant. There is, nevertheless, no 
uniform agreement whether or not the mean droplet size should be kept constant across scale 
(Hapgood, 2000, Mehta 1988 and Rambali et al., 2003). Additionally, it is important to know 
how quickly the particle bed in the wetting zone is renewed in order to avoid agglomeration 
and overwetting. Detailed studies by Litster et al. (2001 & 2002) and Hapgood (2000) have 
integrated this knowledge by combining the volumetric liquid spray rate with the particle flux 
into an equipment independent parameter called the dimensionless spray flux Ψa : 
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where pA
& is the particle flux through the spray zone, liqV& the volumetric spray rate of spherical 
droplets produced by the nozzle and ddr is the mean droplet diameter. Litster (2003) suggests 
that the dimensionless spray flux is a parameter to be kept constant during scale-up. Based on 
values of the liquid droplet penetration time, τdpen, the dimensionless spray flux, Ψa, and the 
particle circulation time, τc, Litster et al. (2001) have proposed a widely cited nucleation 
regime map for scale-up of high-shear granulation processes. The works of Lister et al. (2001) 
and Hapgood (2000) clearly follow previously presented fluid bed scaling principles in which 
dimensionless numbers have been used as scaling parameters.  
 
Although being developed for the high shear mixers and tumbling granulators, Hapgood 
(2000) claims that the spray flux may also be used for scale-up of fluid bed granulation 
systems. The problem of using the dimensionless spray flux in a fluid bed context is the 
estimation of the particle flux through the spray zone. Litster et al. (2001) assumed a two-
dimensional flat spray area and estimated pA
&  as the particle velocity past the spray times the 
width of the particle bed being wetted. Neglecting the vertical spray zone depth is a rough 
assumption for fluid bed systems where the spray fan typically reaches a considerable 
distance into the particle bed. Similarly, the particle flux past the spray zone is of chaotic 
nature in a fluid bed and thus difficult to estimate. So far no useful description of the particle 
flux pA
&  has been provided for fluid bed systems, and the use of the dimensionless spray flux 
in terms of fluid bed upscaling is less likely to be successful.  
 
Similar to the dimensionless spray flux, Mehta (1988) suggested to scale-up by the air 
distributor area in order to have a similar fluidisation profile and thereby a constant velocity 
(in m/s) through the air distributor plate across scale. Assuming a higher bed height in the 
large-scale this means that the drying capacity of the inlet air per kilogram of the particle bed 
will be relatively lower (at constant inlet fluidisation air conditions) in the large-scale 
compared to the small-scale fluid bed. In order to keep the evaporation of coating solution 
solvent constant, Mehta (1988) corrected the spray rate based on the fluidisation airflow rate 
and bed load. Furthermore, Mehta (1988) argued that the droplet size must be kept similar 
across scale, and they used an approximation for the scale-up of the spray rate by using the 
ratio of the cross-sectional area of the air distribution plates at the different scales.  
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Based on the results by Mehta (1988), Rambali et al. (2003) scaled up a fluid bed granulation 
process from small- (5 kg) to medium- (30 kg) and large-scale (120 kg) by looking at the 
effect of the particle bed moisture contents at the end of the spraying process together with the 
effect of droplet size on the granule size. The fluidisation airflow rate (in m/s) was kept 
constant in all three beds in order to have a constant airflow profile and to have approximately 
similar breaking forces on the granules. The droplet size was controlled in terms of a Relative 
Droplet size, RD, defined as the ratio of the coating liquid mass spray rate spraym&  divided by 
the atomisation air mass flow rate through the nozzle air  nozzlem& squared according to: 
 
2
air  nozzle
spray
)m(
m
RD
&
&
=  (4.12) 
 
In the scaling experiments by Rambali et al. (2003) it was observed that the effect of a change 
in Relative Droplet size was different for each fluid bed scale, but that the granulation process 
was successful in terms of matching the mean particle size by scaling up to the large-scale 
from the small-scale, considering only the Relative Droplet size. The practical use of the 
Relative Droplet size as scale-up parameter is treated further in chapter eight. 
 
In the process of scaling particle agglomeration and wet granule breakage conditions, the use 
of the previously presented viscous Stokes numbers, Stv, and the Stokes deformation number, 
Stdef, may be applied as rough guidelines for the type of operating regime with the given 
process conditions in the fluid bed. Problems in estimating especially the distribution of 
collision velocities, u0, needed in both the Stv and Stdef expressions, however, make these 
parameters difficult to exploit for practical scale-up purposes. So far, no detailed scaling 
attempts have used the viscous Stokes theory although initial attempts by Tardos et al. (1997) 
and parallel attempts by Watano et al. (1995a,b) appears to be promising.  
 
4.2.3. The multi-scale approach – linking micro- and macro-level approaches 
 
Although formally divided into micro- and macro-level approaches, successful scaling 
decisions obviously depend on proper choices of conditions at both levels, as decisions on the 
macro-scale influence micro-scale attributes and vice-versa. With advanced products as 
enzyme granules, experience by Lödige (2006) clearly indicates that during scale-up, focus 
should be on both levels. Likewise, if specific micro-level product attributes are known to be 
very important, then the scale-up decisions must focus on adapting the macro-level properties 
accordingly. Hence, combining the micro- and the macro-level approach must be considered 
important to achieve a practical scale-up strategy. Recently, Mort (2003 & 2005) has 
suggested a multi-scale approach by trying to develop a meso-scale linkage, hereby 
shortening the gap between the micro- and macro-level scaling principles. These 
considerations were made initially for high-shear granulators, but may apply for fluid beds as 
well. Realising that, in a practical scale-up context, it may not be useful or necessary to model 
the entire system at the micro-level, Mort (2003) argues that macro-level scale-up principles 
should be built with proper inclusion of the detailed micro-level theories. These purely 
theoretical considerations made by Mort (2003 & 2008) are, however, yet to be transformed 
into practical scale-up principles.  
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4.3. Summing up on scaling fluid bed granulation processes 
 
In summary, the scale-up of a fluid bed granulation process requires decisions to be made at 
many levels. Decisions must be closely related to a large number of parameters including: 
fixed parameters, parameters related to the starting materials and the type of fluid bed, input 
parameters, operating conditions including spray and fluidisation conditions as well as 
processing time etc. With such a variety of interlinked parameters and properties combined 
with a lack of quantitative understanding of the granulation process, it is obvious that the 
scaling of a fluid bed granulation process is a difficult task. The present review clearly shows 
signs of a scientific field with much understanding yet to be explored. Although progress has 
been made towards a formal quantitative description, the scaling of granulation processes in 
fluid beds is still a mix of physics, mathematics, experience, common sense and qualified 
guesses. 
 
The macro-level scaling rules appear to be the most developed, and the majority of published 
scientific papers have taken this approach to fluid bed granulation scale-up. This is obvious as 
such overall considerations are easiest to propose as well as to validate. A number of scaling 
rules and attempts of building dimensionless groups have been introduced, but at the present 
moment it is not obvious which of these that have the greatest chance of providing successful 
scale-up. A general disadvantages with the majority of macro-level scaling rules is that such 
approaches tend to neglect the influence of interparticle forces and other vital particle 
properties as well as the influence of the liquid phase. Hence, from a formal point of view it 
seems unlikely that such unit-operation-scale scaling rules will be adequate for granulation 
processes.  
 
Micro-level scaling theory, on the other hand, is still in its childhood, and much validation 
with real granulation processes is needed before any scaling recommendations may be 
provided. The problems with the micro-level scaling parameters illustrate, from another point 
of view, that there is still a major work to be done in the fundamental particle-level 
understanding of the granulation process. There is no doubt that proper up-scaling is closely 
related to a fundamental understanding of the granulation process at the particle-level, and 
until quantitative understanding is achieved at all levels, fluid bed process scaling will most 
likely continue to be more of an art rather than science. 
 
4.4. Tables of symbols 
 
Symbols 
 
Unit 
pA
&  Particle flux through the spray zone m
2/s 
BD Bulk density kg/m3 
dair distrib pl. Air distribution plate diameter m 
dbed Fluidised bed diameter m 
ddr Mean droplet size µm 
dorifices Diameter of the orifices in the air distributor plate mm 
dvessel Fluid bed vessel diameter m 
D0 Normalised distance m 
FN Flux Number Dimensionless  
g Gravity m/s2 
hbed Expanded bed height m 
hs Settled bed height m 
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Lchamber  Length from air distributor plate to exhaust exit m 
Lslr Length scale ratio Dimensionless  
mbed Bed load kg 
air  nozzlem&  Atomisation air mass flow rate  kg/s 
spraym&  Coating solution mass spray rate  kg/s 
mliqq&  Mass spray flux kg/(s·m
2) 
RD Relative Droplet size s/kg or min/g  
s1, s2 Scale 1 and 2, respectively Dimensionless 
SKolmogorov Kolmogorov entropy bits/s 
tcoat Coating time s 
va Fluidisation air velocity m/s 
ve Excess gas velocity m/s 
vmf Minimum fluidisation velocity m/s 
liqV&  Volumetric spray rate m
3/s 
   
Greek   
   
βid Coefficient of interphase drag Dimensionless 
εbed Bed porosity % 
ρp Particle density kg/m
3 
τc Average particle circulation time  s 
τdpen Droplet penetration time s 
Ψa Dimensionless spray flux Dimensionless 
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Chapter introduction  
 
In chapter five, the materials and primary apparatus used in all the research experiments are 
presented in one place. Only equipment of primary importance for the conducted research will 
be introduced in detail, as the principles behind secondary standard support equipment is 
assumed to be known. What is presented in chapter five is essentially a compilation of the 
equipment parts adapted from the four papers being: Small-scale top-spray fluid bed coating: 
Granule impact strength, agglomeration tendency and coating layer morphology (referred to 
as Hede et al., 2007a), Top-spray fluid bed coating: Scale-up in terms of Relative Droplet size 
and Drying Force (referred to as Hede et al., 2008b), Validation of the Flux Number as 
scaling parameter for top-sprayed fluid bed coating systems (referred to as Hede et al., 2008a) 
and Fluidised bed coating with sodium sulphate and PVA/TiO2. Part I: Review and 
agglomeration regime maps (referred to as Hede et al., 2008d). All four papers are authored 
by Peter Dybdahl Hede (Technical University of Denmark), Poul Bach (Novozymes A/S) and 
Anker D. Jensen (Technical University of Denmark). 
 
5. Equipment and materials 
 
The experimental part of the research work is focused on primarily fluid bed coating scale-up  
and process optimisation, and secondly on granule properties such as mechanical strength and 
morphology. Being a Ph.D. project with an industrial focus, the choice of materials and 
equipment has been aimed at resembling commercial enzyme granulation processes and 
conditions as much as possible. However, as there is a considerable health risk of working 
with enzymes, especially with enzyme-containing solids and dust, and as the amount of 
enzyme in industrial enzyme granules is usually only a few w/w%, the effect on e.g. 
agglomeration tendency or mechanical strength of mixing enzymes in the coating liquid is 
negligible. For safety reasons, the choice was therefore to work solely with placebo cores and 
coating solutions throughout the research. The results obtained from such placebo studies are, 
however, likely to apply for real enzyme granules and granulation processes as well. This has 
been verified by Neidel (2007) based on fluid bed coating experiments with placebo as well 
as with commercial protease granules. 
 
5.1. Fluid bed equipment 
 
All experimental work was carried out at the granulation pilot-plant and laboratories at 
Novozymes A/S in Bagsværd. The pilot facility disposes over a number of batch fluid beds at 
different scales ranging from laboratory table-top scale to large pilot-scale. From this 
equipment three fluid beds of different scales were selected in which all the research 
experiments were carried out. The capacity of these three fluid beds ranges from 0.5 kg to    
24 kg. All three are top-spray fluid beds each having a single external mixing two-fluid 
nozzle. 
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In the statistical small-scale studies presented in chapter six, an outlet liquid orifice nozzle 
diameter of 0.8 mm was used, whereas for all other experiments a diameter of 1.2 mm was 
used for all scales. This was done in order to fix as many parameters as possible across scale 
hereby carefully choosing the three fluid bed set-ups to be as similar as possible. Likewise for 
all scales, the coating solution feed was led from an external heated reservoir at a constant 
temperature to the nozzle through an adjustable peristaltic tube pump. A sketch of the general 
set-up for each of the three fluid bed systems may be seen from figure 5.1. The physical 
dimensions of the three fluid bed scales may be seen from figure 5.2 and table 5-1. For all 
three fluid beds the fluidisation air inlet temperature and fluidisation velocity as well as the 
nozzle pressure was controlled independently via the fluid bed control interface. All other 
parameters had to be adjusted accordingly. 
 
 
Figure 5.1: Formal sketch of the general top-spray set-up used for the three fluid bed scales 
in the research work. 
 
Prior to coating, the core bed load was always heated until the relative humidity inside the 
fluidisation chamber was constant, typically ranging from 0.5 rH% to 3 rH% depending on 
weather conditions (none of the three fluid bed set-ups allowed humidity conditioning of the 
inlet fluidisation air). In each coating experiment the aim was to coat until the bed load had 
increased 20 w/w%, which a typical weight gain during a commercial coating process of 
enzyme granules. Such a weight gain will ensure that a reasonable coating layer ( ~ 5-10 µm) 
develops on the core particles. After coating, the bed load was kept fluidised at identical 
fluidisation velocity and inlet fluidisation temperature conditions in order to dry the coated 
granules. This was done until the relative humidity inside the chamber was identical to the 
conditions prior to coating. This drying phase typically lasted less than 10% of the total 
coating time meaning that the amount of debris caused by attrition in the drying phase was of 
negligible importance for the final particle size distribution. As a control the coated bed load 
was afterwards weighted in order to make sure that the bed load had gained about 20 w/w% in 
weight. 
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Figure 5.2: Sketch of the dimensions for the three commercial fluid beds used in the research work. 
Length dimensions corresponding to the symbols in the figure are stated in table 5-1. 
 
Table 5-1: Detailed dimensions of the three commercial fluid bed set-ups used the research work. 
Fluid bed 
parameters 
(Small pilot-scale) 
GEA Aeromatic-
Fielder Strea-1 
(Medium pilot-scale)  
Niro MP-1 
(Large pilot-scale)  
GEA-Niro MP-2/3 
Length a 10 cm 17 cm 27 cm 
Length b 10.5 cm 6 cm 11 cm 
Length c 18 cm 32 cm 37 cm 
Length d 27 cm 57.5 cm 81 cm 
Length e 31 cm 48.5 cm 63 cm 
Length f 15 cm 28 cm 82 cm 
Length g 25 cm 29 cm 64 cm 
Length h 18 cm 93 cm 270 cm 
 
Although the working principles of the three fluid bed scales are the same, there are a number 
of minor details and specific conditions associated with each scale. The three scales are 
briefly presented below.  
 
5.1.1. Small-scale fluid bed: Strea-1 
 
The smallest of the three fluid bed scales is a modified table-top GEA Aeromatic-Fielder 
Strea-1 top-spray fluidised bed. The small-scale fluid bed offers in principle all the 
possibilities and functions of larger beds, and it can be used for drying, cooling, coating as 
well as agglomeration. It consists of a conical fluidisation chamber and a docking station. The 
chamber is made of stainless steel with a vessel volume of 12 L allowing the bed load to be 
between 0.5 kg and 1.0 kg depending on particle size and density. For the conducted research 
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experiments a bed load of 0.5 kg was chosen in order to allow sufficient versatility in terms of 
finding proper values for the volumetric fluidisation air velocity. The Strea-1 available at 
Novozymes is a top-spray version, but other variants of the Strea-1 can be arranged to bottom 
spray or Wurster design (GEA, 2005).  
 
Modification to the original vessel design made it possible to insert a digital thermometer into 
the fluidisation chamber wall thereby enabling measurements of the bed temperature between 
the bottom air distributor plate and the nozzle outlet. In addition, a humidity measurement 
apparatus (Testo 645 Thermohygrometer with TopSafe probe measuring humidity highly 
accurately with a sensitivity of ±1 rH% in the range of 0.1 – 99.9 rH%) was inserted above 
the nozzle allowing the relative humidity in the fluidisation chamber to be measured. The 
vertical position of 15 cm from the nozzle outlet and a horizontal probe depth of 12 cm were 
carefully chosen in order not to let the humidity measurements be directly affected by the 
nozzle outlet.  
 
For the statistical modelling experiments in chapter six, the standard Strea-1 reusable nylon 
filters were inserted at the top of the fluidisation chamber in order to prevent particles and 
spray-dried coating droplets from being exhausted. Although the back-flush option in the 
Strea-1 set-up was switched on, hereby flushing the filters every sixty seconds, the filters 
could not be cleaned sufficiently by the back-flush under some conditions. Hence, for the 
scale-up studies, the nylon filters were replaced by custom-made reusable stainless steel 
filters with a mesh orifice size of 25 µm. Also for these experiments the back-flush option in 
the Strea-1 set-up was switched on allowing the filters to be flushed every sixty seconds. A 
photo of the small-scale set-up can be seen from figure 5.3. 
 
 
Figure 5.3: Picture of the small-scale Strea-1 set-up. 
 
The air used for fluidisation is supplied from the surroundings by suction through filters at the 
back of the docking station. In the statistical modelling experiments presented in chapter six, 
both the nozzle itself and the nozzle air was heated, besides keeping the coating solution 
reservoir at 80 °C. An integrated heating jacket connected to a thermostated external water 
bath at 80 °C heated the nozzle itself, whereas the atomisation air (supplied from an external 
compressed air supply) was led through an external electrical heating cartridge at 80 °C 
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before reaching the nozzle. This was chosen in order to avoid clogging of the nozzle due to 
crystalisation of the solute inside the nozzle. It was later found that it is sufficient to keep the 
coating liquid feed heated during the coating process, and the additional nozzle and 
atomisation air heating was not applied for any of the following experiments. In all of the 
following experiments the coating solution reservoir was kept at a constant temperature of   
60 °C.  
 
5.1.2. Medium-scale fluid bed: MP-1 
 
The medium-scale top-spray fluid bed is a standard Niro-Aeromatic Multiprocessor type MP-
1. It has a stainless steel fluidisation chamber with a bottom plate diameter of 17.0 cm 
allowing a particle bed load of 4 kg to be fluidised, thereby being eight times larger in bed 
load capacity than the Strea-1. A picture of the MP-1 set-up can be seen in figure 5.4. As for 
the Strea-1 set-up, it was possible to measure the bed temperature between the bottom air 
distributor plate and the nozzle outlet. The Testo 645 Thermohygrometer was inserted 28 cm 
above the nozzle outlet at a horizontal depth of 14 cm allowing the relative humidity in the 
fluidisation chamber to be measured at a location similar to the Strea-1 set-up. The back-flush 
option in the MP-1 set-up was switched on allowing the filters to be flushed every sixty 
seconds in the same way as for the small-scale set-up.  
 
 
 
Figure 5.4: Picture of the medium-scale MP-1 set-up. 
 
5.1.3. Large-scale fluid bed: MP-2/3  
 
The large-scale fluid bed is a GEA Aeromatic-Fielder MP-2/3 capable of processing a particle 
bed load of 24 kg, thereby being six times larger in bed load capacity with respect to the MP-
1 and 48 times with respect to the Strea-1 set-up. A picture of the MP-2/3 set-up can be seen 
in figure 5.5. As for the other fluid bed scales, it was possible to measure the bed temperature 
between the bottom air distributor plate and the nozzle outlet. The Testo 645 Thermo-
hygrometer was inserted 82 cm above the nozzle outlet at a horizontal depth of 21 cm 
allowing the relative humidity in the fluidisation chamber to be measured at a location similar 
to the other fluid bed scales. The back-flush option in the MP-2/3 was set to be identical to the 
other set-ups.  
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Figure 5.5: Picture of the large-scale MP-2/3 set-up. 
 
5.2. Mechanical strength test equipment 
 
For granular products produced in fluid beds especially two types of mechanical stresses are 
important for the product quality being impacts and attrition. Although impact strength and 
attrition resistance are not the only parameter for granule strength characterisation, they are 
probably the most important and may well be considered representative for the mechanical 
strength of a granule sample. Attrition takes place in the fluid bed during processing, and to 
some extent during pneumatic conveying and further processing. During fluidisation, the core 
and coated particles gradually lose mass as the outer layer is gradually eroded when the 
particles bump into each other and into the chamber walls as it was presented in chapter three. 
Granules are on the other hand exposed to numerous impacts due to post-process handling, 
transportation, packing and further mixing with e.g. detergents, which cause degradation and 
breakdown of the coating layer (Beekman, 2000, Jørgensen, 2002 and Jørgensen et al., 2004). 
Two types of mechanical strength test equipment were applied in selected studies in the 
present work in order to simulate granule attrition and the impacts that commercial granules 
are exposed to. Both types of equipment are presented below. 
 
5.2.1. Pneumatic Impact Gun 
 
The Pneumatic Impact Gun (PIG) is a specially designed device made at Genencor 
International Inc. for the purpose of bulk testing the impact strength of granules. The 
equipment has been built specially to simulate the impacts that coated enzyme granules 
experience during handling and further mixing with e.g. detergents etc. The equipment 
consists of a test box, a dust collection box, a sieve and a torque wrench, besides the gun 
itself. The impact gun itself consists basically of two cylindrical parts of which the outer part 
is fixed and the inner part is able to move in vertical direction hereby functioning as a piston. 
Figure 5.6 illustrates the principle of the PIG set-up. 
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Figure 5.6: Schematic illustration of the Pneumatic Impact Gun. 
 
 
 
Figure 5.7: PIG test box, sieve and dust collection box. 
 
Granule samples to be tested are placed in a closed stainless steel test box which is illustrated 
in figure 5.7. Initially in the test, the test box is loaded with the precisely weighed bulk 
granules sample of 0.5 g (msample) and the lit is fastened with the use a torque wrench. This is 
done in order to make sure that the bolt fastening the lit has the same torque in each 
experiment. Afterwards, the test box is placed on top of the piston connected to the 
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compression chamber. The piston is moved by compressed air built up in a compression 
chamber below the piston. The supply of compressed air comes from the laboratory 
compressed air system. By generating pressure, the piston with the test box on top will travel 
in a vertical direction until it impacts an absorber at the outer cylinder roof. The granules 
inside the test box will hereby experience an impact depending on the pressure used to lift the 
piston. The piston is locked at its lowest position until a release lever on the side of the 
compression chamber is pulled. A pressure gauge is connected to the compression chamber 
indicating the pressure build-up in the chamber. By adjusting the pressure in the compression 
chamber according to the pressure gauge, it is possible to maintain the same velocity of the 
test box during each impact test. A velocity of 10 m/s was selected according to Genencor 
standards (GI, 2003). For each coated granule sample the impacts are repeated ten times, and 
the box contents are afterwards sieved on an electrical shaker for one minute using a specially 
designed stainless steel sieve having mesh orifices with diameters of 180 µm. Based on 
microscopy analysis of coated particle size fractions below 180 µm it was observed that such 
minor fractions consisted of fractured daughter pieces and peeled-off coating layer parts, 
whereas size fractions above this level consisted primarily of coated granules. Hence, the 
demarcation of dust and coated particles seems reasonable in terms this sieve size. The 
amount of the created dust with diameters below 180 µm (mdust created) is thereby considered an 
indication of the impact strength expressed as a breakage percentage YBreakage according to 
equation 5.1. 
 
%100
 m
 m
Y
sample
createddust
Breakage ⋅=  (5.1) 
 
Instead of just choosing a fixed number of PIG tests for each granule batch and then find the 
average YBreakage value, the number of PIG tests to be conducted was determined by the 
coefficient of variance. A coefficient of variance of 10 % was set as the maximum allowed 
value estimated as a reasonable low variance from prior tests. Hence, if for a given batch the 
coefficient of variance among the breakage percentages was below 10 %, an average value 
was found. Otherwise further PIG tests for the given batch were conducted until the 
coefficient of variance came below the maximum limit. A minimum of three PIG experiments 
were performed for each coated batch. 
 
5.2.2. Spouted bed tester 
 
Attrition tests were performed using a fluidised bed jet known as the Unilever elutriation dust 
test or simply spouted bed attrition test (see also e.g. Bentham et al., 2004, Boerefijn et al. 
2000 or Forsythe & Hertwig, 1949). The principle is simply to fluidise a sample of coated 
granules with a specific gas velocity for a specific amount of time in a vertical cylindrical 
glass column. This column has an air distributor plate in the bottom with only a single orifice 
in the middle having a diameter of 1000 µm. The attrition in such a simplified mini fluid bed 
involves the entrainment of particles from the dense phase region near the tube walls into the 
dilute jet core. Once in this region, particles are accelerated by the gas jet and collide with 
each other as well as with the tube walls. The dust formed by attrition will then be elutriated 
and collected in an attached filter in the top of the glass column. The filters used in the present 
spouted bed attrition test are glass fibre filters designed to hold back dust debris with 
diameters above 1 µm. Figure 5.8 illustrates the schematic set-up of the spouted bed attrition 
test equipment. 
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Figure 5.8: Schematic illustration of the spouted bed attrition test equipment. 
 
In each attrition test run a sample of coated granules, corresponding to a volume of 50 mL, is 
weighted off and placed in the glass column. The precise mass of the new clean filter is 
determined and placed in the set-up. The airflow is turned on corresponding to a gas velocity 
through the single orifice of 245 m/s. This gives a fluidisation velocity in the upper column of 
0.2 m/s thereby exceeding the terminal velocity for particles with diameters less than 50 µm 
(Boerefijn et al., 1998 and Zhang et al., 1998). Hence at these conditions, particles and debris 
with diameters less than 50 µm are caught in the filters and accounted as dust.  
 
After 5 minutes of fluidisation the flow is stopped and the filter is weighted. The system is 
reassembled and fluidisation is continued for another 35 min. The filter is then weighted again 
and a quantitative attrition parameter Yattrition is determined for the granule sample according 
to equation 5.2. 
 
%100
 m
 m
Y
sample
createddust
Attrition ⋅=  (5.2) 
 
in which mdust created is determined according to equation 5.3. 
 
min 5filter dustmin 40filter dustcreateddust mmm −=  (5.3) 
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Prior experience with the spouted bed equipment has shown that the dust caught in the filters 
during the first few minutes of fluidisation primarily results from spray dried coating droplets 
lossely attached to the outer coating layer and not from real attrition of the coating layer. In 
order not to let this interfere with the attrition test results, the amount of the created attrition 
dust was found from equation 5.3 thereby neglecting the first five minutes of dust caught in 
the filter. 
 
Analogously to the PIG procedure, the number of attrition tests was determined by the 
coefficient of variance. A minimum number of three attrition tests were conducted for each 
coated granule batch, and a coefficient of variance of 20 % was set as the maximum allowed 
value estimated as a reasonable low variance from prior tests. Hence, if for a given batch the 
coefficient of variance among the attrition percentages from the attrition tests was below      
20 %, an average value was calculated. Otherwise, further attrition tests were conducted until 
the value came below 20 %. A minimum of three attrition tests were performed for each 
coated batch. 
 
5.3. Sieve 
 
For the sieving analysis of coated granules, a Retsch Sieve Shaker AS 200 control was used 
with a sieve stack consisting of sieves with different mesh orifice diameters depending on the 
core particle size fraction used in the particular study. One example could be a stack 
consisting of sieves with mesh orifice diameters of 150 µm, 180 µm, 212 µm, 250 µm,       
300 µm, 355 µm, 425 µm, 500 µm and 600 µm for the sieving analysis of coated particles 
with initial core diameters in the range of 180 - 350 µm. Sieving above and below the initial 
core particle span was always done in order to check for the level of debris and peeled-off 
coating layer as well as for agglomerates. A sample of 200 g from each coated batch was 
sieved for 3 minutes with an amplitude of 1.1 mm, and the weight of each fraction was 
determined with the AS 200 control interface using a connected Mettler balance.  
 
Prior to the sieve analysis it was verified by microscope analysis which one of the sieves that 
was the one closest to the agglomeration cut-off value; i.e. if for instance it was observed that 
coated granules with diameters above 425 µm consisted of agglomerates, whereas particles 
below this limit were primarily single coated granules, this sieve mesh orifice diameter was 
set as the agglomeration limit. Based on this and the weight of each of the particle size 
fractions, the degree of agglomeration was determined for each batch according to equations 
similar to equation 5.4. 
 
% 100
htbatch weig coated total
µm 425dith fraction wht batch weig coated
%ion Agglomerat
p ⋅
>
=  (5.4) 
 
In studies where mechanical strength tests were performed on coated granule samples, the 
samples were picked from a representative size range consisting of primarily coated granules 
and not of fines or agglomerates. In the present example this would mean that the obtained 
fraction of coated granules between 355 µm and 425 µm was the fraction to be tested in the 
mechanical strength tests. 
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5.4. Rheological equipment 
 
Viscosity measurements were performed with a Physica MCR 301 Rheometer (Anton Paar, 
Austria) in which it was possible to measure the shear viscosity at different temperatures and 
shear rates. Viscosity measurements were carried out by the concentric coaxial cylinder 
principle in rotational tests with controlled shear rate. The stainless steel cup, in which the 
stainless steel cylinder rotated, was inserted into a Peltier C-PTD 200 thermocup connected to 
a circulating cooling/heating liquid.  
 
Stickiness (tack) measurements were carried out in a TA.XT2i Texture Analyser (Stable 
Micro Systems, England). The particular texture analyser setup has been developed as part of 
the research work at Novozymes for the measurement of the adhesive failure energy and for 
simulation of the particle agglomeration bonding and unbonding process. With the apparatus, 
the strength of adhesive bonds can be determined under variation of the most important 
parameters such as contact pressure, contact time and rate of separation.  
 
The contact probe is a standard Perspex 20 mm probe being an acrylic cylinder with sharp 
edges and a well-defined surface area. A specially designed stainless steel plate is applied for 
the coating liquid samples. For the liquid sample a cylinder-shaped hole with a diameter of  
30 mm and a depth of exactly 200 µm was cut with a milling cutter into the stainless steel 
plate. A sketch of the texture analyser system may be seen from figure 5.9. 
 
 
Figure 5.9: Sketch of the TA.XT2i Texture Analyser set-up. 
 
In order to simulate the stickiness during evaporation of the aqueous coating solution solvent, 
a Steinel Type 3482 2000 watts electronically controlled heating fan was pointed towards the 
contact point between the texture analyser probe and the liquid sample, as it may be seen from 
figure 5.10. With the use of a thermometer it was possible to precisely adjust the heating fan 
in order to maintain a constant temperature of 35 ºC at the contact point.  
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Figure 5.10: Picture of the TA.XT2i Texture Analyser set-up. 
 
The chosen Texture Analyser settings make the probe advance towards the liquid sample at a 
velocity of 10.0 mm/s (Pre-Test Speed) until a 5 g trigger force is detected. The probe then 
begins fast to compress the liquid sample until it reaches a force of 50 g. This force is 
maintained for 0.05 sec to allow only brief contact between the probe and the sample, in order 
to assemble the short particle-particle contact time in a fluid bed. After this time, the probe 
then withdraws to a distance of 4 mm away from the sample at a constant speed of 10.0 mm/s 
(Post-Test Speed), during which the force required to separate the probe from the sample 
surface is recorded. The maximum force normalised with the probe area is taken as the 
measurement of stickiness.  
 
The procedure for the Texture analyser is as follows: The coating solution (kept at 25 ºC) is 
injected into the reservoir on the stainless steel plate, and then the surface is carefully scraped 
off with a small glass plate to ensure uniform sample thickness. Now the sample is ready for 
the tack measurement. After the tack measurement the probe and sample plate are cleaned and 
a new sample is prepared. In the next test run, the heating fan is switched on for 30 s before a 
new tack measurement is made. This procedure with cleaning, preparation and measurements 
is repeated, each time adding 30 s to the heating time before sampling the tack with the probe, 
until the liquid sample is completely dried. Correlations between the time the heating fan is 
switched on, and the dry-matter contents of the liquid sample are obtained for each coating 
solution in terms of combined weight difference measurements and Karl Fisher titration using 
a 701 KF Titrino and a 703 Titrino stand (Metrohm AG, Switzerland). Initial twenty-times 
repetition measurements with a standard PVA/TiO2 solution showed that the standard 
deviation for the stickiness test is 0.396 mN/mm2. This indicates that differences in stickiness 
in the range of ± 0.792 mN/mm2 are not statistically different.  
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5.5. Standard analysis equipment 
 
A number of standard apparatus have been used for different kinds of simple analyses. The 
apparatus will not be presented here in detail as they are common standard techniques 
assumed to be well-known. This analysis equipment includes: 
 
• Visual microscopy analysis with the use of an Olympus KL 1500 LCD microscope.  
 
• Granule and coating solution water content determination with the use of a Metrohm 
A 701/703 Karl Fisher Titrino titrator. 
 
• SEM pictures taken with a JEOL Scanning Electron Microscope. 
 
• Pore size and porosity measurements with the use of a Micromeritics Autopore II 
9220 mercury intrusion/extrusion porosimeter.  
 
• Particle size distribution measurement with the use of a Malvern Mastersizer 2000. 
 
• Measurements of pH with the use of a Radiometer MeterLab PHM210 digital pH 
meter.  
 
• Measurement of contact angles between coating solutions and core materials obtained 
with the use of a DataPhysics Instruments OCA-20 video-based contact angle meter. 
 
• Simple viscosity analysis of coating solutions at different temperatures with the use of 
a Rheotec Falling Ball KF10 viscometer.  
 
5.6. Core materials 
 
Two types of core materials were used for the coating experiments – non-porous glass 
ballotini cores (Potters Industries, UK) pre-sieved twice in the size range of 180 – 350 µm, 
and anhydrous sodium sulphate cores (Minera de Santa Marta - Spanish Mining Company, 
Spain) (CAS no. 7757-82-6) pre-sieved twice in the size range of 180 – 350 µm, 200 –       
300 µm, or 400 – 500 µm depending on the study. Pure sodium sulphate has a density of  
2680 kg/m3 making the uncoated Na2SO4 cores a typical Geldart group B sandlike material 
with sphericities in the range of 0.86. The glass ballotini cores are almost perfect spheres and 
made of a special soda lime glass composition having a density of 2450 kg/m3. Microscope 
pictures of both core materials may be seen in figure 5.11. 
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Figure 5.11: Core materials used in the coating experiments. Left) Uncoated glass ballotini cores.  
Right) Uncoated sodium sulphate cores (pictures obtained with an Olympus KL 1500 LCD microscope). 
 
The moisture content of the uncoated sodium sulphate cores was determined to be less than 
0.4 w/w% (inclusive crystal water – measured by determining the weight loss caused by 
exposing a particle sample of 500 g to 110 °C for 24 hours in a heating cupboard) and the 
average porosity of the cores was determined to 20.7 % using mercury intrusion/extrusion 
porosimetry. From this analysis it was further observed that the pore size distribution was 
narrow and unimodal having an average pore diameter of 1.29 µm. SEM analysis of the 
sodium sulphate cores showed mostly smooth core surfaces with few, but large pores.  
 
5.7. Coating materials 
 
A number of different coating materials and coating solution additives have been used in 
different studies in the research work. In the sodium sulphate coating experiments the grade 
of sodium sulphate for the coating layer is similar to that of the sodium sulphate core 
particles, although the material has been milled into fine dust in order to ease the solubility in 
water. Na2SO4 is soluble in hot water, but only partly soluble in cold water below 30 °C. This 
is due to the formation of hydrates of which Glauber salt is the most important. Glauber salt is 
the decahydrate Na2SO4 ⋅10 H2O (CAS no. 7723-73-3) and it is far from being as soluble as 
anhydrous Na2SO4. This means that if Na2SO4 is exposed to water at room temperature, 
Glauber salt will precipitate. The solubility of sodium sulphate increases sharply with 
temperature and reaches a maximum solubility of 28.1 g in 100 g H2O at approximately 33 °C 
and decreases slowly beyond this temperature. At temperatures above 32 °C the formation of 
Glauber salt is negligible and formed precipitated Glauber salt will dissolve (Efunda, 2005).  
 
Dextrin Avedex W80 (CAS no. 9004-53-9) from AVEBE is used as binder material in all 
sodium sulphate coating experiments in amounts of 1 w/w% of the amount of coating solution 
sodium sulphate contents. It is a cheap and white odourless potato based starch commonly 
used in industrial Novozymes coatings. It is highly soluble in water even at 20 °C and has a 
bulk density of around 800 kg/m3 (Eklund, 2005).  
 
Sodium carboxymethylcellulose (CMC) (CAS no. 9004-32-4) from Aqualon (Purity >      
99.5 %) is used in selected experiments as a thickener in order to increase the viscosity of the 
coating solution. CMC is an odourless anionic water-soluble polymer derived from cellulose 
and widely used in a variety of pharmaceuticals, personal care and food products. It dissolves 
rapidly in cold as well as in hot water in concentrations up to 10 w/w% (Aqualon, 1998).  
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In selected droplet penetration and morphology studies, a number of colour additives have 
been added to the coating solutions in amounts of less than 0.1 w/w% of the coating solution 
dry-matter contents in order to be able to distinguish the coating layer from the white sodium 
sulphate cores. The most used colour additive is a triphenylmethane colour named Sicovit 
Patent Blue 85E131 (CAS no. 3536-49-0) provided by BASF. It is widely used in small 
amounts in cosmetics, food and drugs as colouring agent. It comes in dark blue powder form 
and precautions must be taken in order to avoid dust inhalation and prolonged exposure to 
skin (BASF, 2005). Patent blue is highly water soluble and well suited for spectroscopy 
analysis having a maximum absorbance in the visual region at 638 nm (Saujanya, 2005).  
 
Another used colour additive is the insoluble pigment colour Colanyl Green GG 131 (CAS 
no. 1328-53-6). Colanyl Green is a cobber-containing chlorinated organic pigment colour 
widely used in production at Novozymes as colouring agent for commercial enzyme granules. 
It is dispersed at the producer into a highly viscous green paste. As it is known to cause 
allergic reactions, precautions must be taken in order to avoid skin contact as well as aerosol 
inhalation (ChemIndustry, 2005). 
 
The polyvinyl alcohol (PVA) type (CAS no. 9002-89-5) used in the polymer coating 
experiments is Celanese Celvol E5/88 (Similar to Elvanol 51-05 or Celvol 205S used in 
studies by e.g. Hsu et al (2001) and Becker et al. (2005)) having a degree of hydrolysis of 
88.5 ± 1.00 thereby being a partially hydrolysed PVA type. In a 4 w/w% solution, pH is      
5.5 ± 1.00. The glass transition temperature Tg for this type of PVA is reported to be 
approximately 58 ºC (Celanese, 2005). 
 
The primary alcohol ethoxylate under the Shell trademark Neodol 23-6.5 (CAS no. 70694-96-
1) is used as a combined plasticizer, surfactant and lubricant in coating solutions as a 
substitute for a small amount of PVA/TiO2. Neodol 23-6.5 is based on high purity C12-C13 
primary alcohol ethoxylate with an average of approximately 6.5 moles of ethylene oxide per 
mole of alcohol. The density of Neodol 23-6.5 is 0.97 g/cm3 at 40 ºC, and the viscosity at     
40 ºC is 26.1 mPa·s (Shell Chemicals, 2005). 
 
Titanium dioxide type 2044 (CAS no. 13463-67-7) from Kronos is used as filler and pigment 
in the PVA solutions. It has a specific gravity of 3.55 and a volume median particle diameter 
(dv0,5) of 0.28 µm. This type of TiO2 is a rutile pigment provided with a surface-treatment 
with aluminium and silicon compounds that ensures opacity and tint reducing properties in 
dispersions (Kronos, 1999).  
 
Demineralised H2O is used as coating solution solvent in all coating experiments. 
 
5.8. Chapter summary 
 
In chapter five the equipment and materials used in the experimental work of the conducted 
research have been presented. The three pilot-scale fluid beds were introduced being: a 0.5 kg 
small pilot-scale Strea-1, a 4 kg medium pilot-scale MP-1 and a 24 kg large pilot-scale      
MP-2/3. All three are single nozzle top-spray batch fluid beds with similar nozzle liquid 
orifice diameters. In all three set-ups it was possible to measure the inlet, bed and outlet 
temperature as well as the humidity in the outlet fluidisation air at a distance safely above the 
nozzle outlet.   
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Further, two types of mechanical strength test equipment were presented being the Pneumatic 
Impact Gun and the spouted bed attrition test equipment. The first has been used to simulate 
the impacts that commercial granules experience during post-granulation handling and further 
mixing etc., whereas the latter is a mini fluid bed, simulating the attrition of particles both 
during coating and during post-process treatment.  
 
Lastly, coating and core materials were presented. In most of the studies, anhydrous sodium 
sulphate cores presieved in certain size ranges were used as core materials, while in a few 
selected studies spherical glass ballotini cores were used. Similarly, most of the coating 
experiments involved coating with aqueous solutions of sodium sulphate using Dextrin as 
binder material, whereas a single large study involved the use of polyvinyl alcohol coating 
solutions with dispersed TiO2 particles functioning as anti-agglomerating agents, filler 
material and colour pigment. 
 
5.9. Tables of symbols 
 
Symbols 
 
Unit 
dv0.5 Volume median diameter µm 
dp Particle diameter µm  
mdust filter 5 min Amount of dust created after 5 min of attrition test kg 
mdust filter 40 min Amount of dust created after 40 min of attrition test kg 
mdust created Amount of dust created by impact kg 
msample Amount of sample  kg 
Tbed Particle bed temperature  K  
Tg Glass transition temperature K 
YAttrition Attrition percentage parameter Dimensionless 
YBreakage Breakage percentage parameter Dimensionless 
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Chapter 6. Statistical black-box modelling in the small-scale FB 
 
 
Chapter introduction  
 
Chapter six is the first chapter presenting experimental work from the research. In this chapter 
the principles of statistical modelling are applied on coating experiments in the small-scale 
fluid bed. The agglomeration tendency and impact strength are selected as response 
parameters, and two models are derived and validated based on experimental data. The 
present chapter is published as a peer-reviewed scientific paper in the journal Powder 
Technology, volume 167, pp. 156-167, 2007. The paper is entitled Small-scale top-spray fluid 
bed coating: Granule impact strength, agglomeration tendency and coating layer morphology 
authored by Peter Dybdahl Hede (Technical University of Denmark), Poul Bach (Novozymes 
A/S) and Anker D. Jensen (Technical University of Denmark). The paper is referred to as 
Hede et al. (2007a). 
 
The following sections are exact reproductions of the paper, although the sections concerning 
equipment and materials have been left out (please refer to chapter five). Furthermore, the 
format of the paper has been adapted to that of this thesis.  
 
6. Small-scale top-spray fluid bed coating: Granule impact strength, 
agglomeration tendency and coating layer morphology 
 
Abstract 
 
The degree of agglomeration and impact strength of Na2SO4 cores (all in the size range of  
200–300 µm) coated with aqueous solutions of sodium sulphate and Dextrin have been 
investigated as a function of several process and formulation variables. The coating process 
was performed in a modified small-scale GEA Aeromatic-Fielder Strea-1 top-spray fluidised 
bed, and the impact strength was tested in bulks using a Pneumatic Impact Gun, in which 
granule samples of 0.5 g were exposed to ten repeated impacts at 10 m/s. Using an 
unreplicated double 24-1 fractional factor design, two regression models were derived from 
experimental data describing quantitatively the degree of agglomeration and impact strength, 
respectively. The agglomeration model suggests in accordance with previous studies that an 
increase in the nozzle pressure as well as in the coating solution dry-matter concentration 
decreases the tendency of agglomeration. The consistency between the agglomeration model 
and new experimental data is concluded to be satisfactory. The impact strength model 
indicates increasing impact strength with increasing nozzle pressure, coating solution dry-
matter concentration and bed temperature. These tendencies may be influenced by the large 
extent of droplet penetration, as observed in additional coating droplet penetration and coating 
layer morphology studies in the present paper. The validation of the impact strength model 
shows that the model clearly follows overall experimental tendencies. The derivation of these 
statistical models may be seen as a first step towards the development of processes for 
production of unagglomerated coated enzyme granules with high mechanical strength, and 
contribute to an improved understanding of fluid bed coating processes and products. 
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6.1. Introduction 
 
To improve handling and product properties, enzymes are often incorporated into granules 
which are commonly produced by fluidised bed processes. As presented in prior work by e.g. 
Härkonen et al. (1993) and Jørgensen et al. (2004), inert carrier particles in the fluidised bed 
are typically coated with a formulated enzyme concentrate sprayed onto the particles through 
nozzles. The use of conventional top-sprayed fluidised bed systems finds wide use in 
pharmaceutical and food coating operations in pilot-scale as well as in larger production-
scale, as presented by Rubino (1999) and reviewed by Teunou & Poncelet (2002). The desired 
product is a product consisting of unagglomerated individual carrier particles each coated 
homogenously with a layer of the enzyme. If formulation or process conditions such as 
fluidisation velocity, bed temperature, humidity of the air, spray rate and droplet size etc., are 
incorrectly chosen, either excessive agglomeration or excessive spray drying of the spray feed 
will happen. In both cases a poor product quality and loss will be the result. In general, the 
optimum coating conditions with respect to product quality and capacity are close to the 
agglomeration conditions. Despite the wide use of fluidised bed processing, it is still not 
possible to predict this limit based on the formulation properties and the basic process 
conditions. Extensive experiments are needed in order to find the optimum process conditions 
and at the same time optimise the product properties. 
 
Regarding product properties, the mechanical strength of the final coated granule is of vital 
importance. Due to handling, transportation, packing and further mixing with e.g. detergents, 
the enzyme granule is exposed to many types of mechanical stresses, causing degradation and 
breakdown of the coating layer (Jørgensen et al., 2004). This is unwanted not just for health 
and safety reasons, but also because of reduced enzyme storage stability. Especially impact 
strength is important regarding mechanical properties of granules made in fluidised beds. 
Consequently, it is desired to optimise the impact strength by adjustment of the formulation 
and process conditions.  
 
It is the aim of this paper to address the tendency of agglomeration and impact strength 
quantitatively in terms of models built from statistical valid experimental data based on an 
unreplicated double 24-1 fractional factor design. The influence of four parameters is screened 
in the present paper, being: the fluidisation velocity, the atomisation air pressure, the coating 
solution salt concentration and the bed temperature. 
 
6.2. Experimental design, operating conditions and analysis of results 
 
The process and formulation conditions for the model experiments may be seen in table 6-1. 
In accordance with coating guidelines presented in chapter five the core bed load was heated 
prior to coating until the relative humidity inside the fluidisation chamber was constant. In 
each coating operation the aim was to coat until the bed load had increased 20 w/w%, in order 
to make sure that a reasonable coating layer ( ~ 5-10 µm) had developed on the core particles. 
For all the experiments in this paper, the batch weight gain was in the range of 19.1 –        
19.5 w/w% indicating little loss of core material as well as little loss of coating solution due to 
spray drying. 
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Table 6-1: General operating conditions in all model experiments. 
Parameter Operating conditions 
Nozzle liquid orifice diameter 0.8 mm 
Inlet fluidisation air temperature 80 °C 
Temperature of the water bath heating the nozzle 80 °C 
Atomisation air temperature 80 °C 
Coating solution temperature 80 °C 
Heating cartridge temperature 80 °C 
Bed load 500 g 
Desired weight gain of the core particle bed  20 w/w% 
Amount of Dextrin in coating solution (of the amount of Na2SO4) 1 w/w% 
Fluidisation velocity (va) (adjustable parameter) To be varied (always at TStrea-1 inlet , 1 bar) 
Nozzle pressure (Pn) (adjustable parameter)  To be varied 
Coating solution salt concentration (Cs) (adjustable parameter)   To be varied 
Bed temperature (Tb) (dependent parameter) To be varied 
 
An unreplicated double 24-1 fractional factor design (Montgomery, 1997) was used to arrange 
the combinations of the four screened parameters (fluidisation velocity (va), atomisation air 
pressure (Pn), coating solution salt concentration (Cs) and bed temperature (Tb)). The design 
was double in the sense that for each factor combination, values of YBreakage and 
Agglomeration% were determined according to equation 6.2 and 6.1, respectively.  
 
% 100
htbatch weig coated total
µm 355dith fraction wht batch weig coated
%ion Agglomerat
p ⋅
>
=  (6.1) 
 
%100
m
m
Y
sample
createddust
Breakage ⋅=  (6.2) 
 
The principle of the 24-1 design set-up can be seen in figure 6.1 and table 6-2. The coded and 
actual values of the investigated parameters are illustrated in table 6-3.  
 
 
Figure 6.1: The formal set-up of the 2
4-1
 fractional factorial design (Montgomery, 1997). 
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Table 6-2: The formal set-up of the 2
4-1
 fractional factorial design (Montgomery, 1997). 
 Basic 2
3
 design 
Run A B C 
D = ABC 
Treatment 
combination 
1 - - - - (1) 
2 + - - + ad 
3 - + - + bd 
4 + + - - ab 
5 - - + + cd 
6 + - + - ac 
7 - + + - bc 
8 + + + + abcd 
 
Table 6-3: The four parameters and their high and low levels to be tested in the double unreplicated 2
4-1
 
fractional factor design.  
 Actual values Coded values 
Factor Low High Low High 
A (va) 1.35 m
3/min 1.77 m3/min -1 1 
B (Pn) 1.5 bar 3.0 bar -1 1 
C (Cs) 10 w/w% 30 w/w% -1 1 
D (Tb) 45 °C 55 °C -1 1 
 
The Design-Expert® 6.0.6 software (Stat-Ease Corporation, US) was used to fit polynomials 
to the responses and to draw the normal plots. SAS JMP® 5.0.1 was used for further 
statistical treatment of the ANOVA (Analysis of Variance) data associated with the resulting 
models. 
 
6.3. Results and discussion 
 
6.3.1. Effect of screened process and formulation variables 
 
The experimental parameter combinations as well as the impact strength and agglomeration 
percentage response values, corresponding to the eight fluid bed coating experiments, are 
summarised in table 6-4.  
 
Table 6-4: Agglomeration percentage and breakage percentage responses for the eight model experiments 
in the double unreplicated 2
4-1
 fractional factor design. 
Run 
A B C D 
%Agglomeration 
(Response 1) 
YBreakage 
(Response 2) 
1 -1 -1 -1 -1 83.1 % 14.7 % 
2 1 -1 -1 1 89.8 % 12.7 % 
3 -1 1 -1 1 0.5 % 10.8 % 
4 1 1 -1 -1 1.9 % 13.9 % 
5 -1 -1 1 1 12.1 % 8.4 % 
6 1 -1 1 -1 13.7 % 12.4 % 
7 -1 1 1 -1 1.4 % 8.8 % 
8 1 1 1 1 1.9 % 4.5 % 
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Figure 6.2: Normal plot of the agglomeration percentage responses. 
 
First-order polynomials and first-order interaction terms were fitted to the response. From a 
normal plot of the agglomeration data in figure 6.2 it was seen that, for the given fractional 
factor design, only the nozzle pressure (B) and the coating solution salt concentration (C) and 
their first order joint term (B·C) were significant terms. In fact these three terms accounted for 
more than 99.7% (R2 = 0.9976) of the variation of the data set. It thereby seems reasonable to 
base a regression model solely on these three terms. Consequently, the agglomeration 
percentage regression equation was obtained in coded units according to equation 6.3/6.4, and 
in real physical units according to equation 6.5.  
 
=%ion Agglomerat  
CXBX18.50CX18.27BX24.1325.55 ⋅+⋅−⋅−   (6.3) 
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where Pnozzle ∈ {1.5 bar;  3.0 bar} and CNa2SO4 ∈ {10 w/w%; 30 w/w%}.  
(6.5) 
 
According to the ANOVA statistics for the model as such, Prob > F was less than 0.0001. 
Although being very simple this model does in fact describe the experimental data quite well, 
as it can be seen from figure 6.3.  
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Figure 6.3: Model descriptions of agglomeration percentages versus the experimentally determined 
data. 
 
According to equation 6.5 the lowest degree of agglomeration should result from conditions 
in which the nozzle pressure as well as the coating solution salt concentration are as high as 
possible. This seems reasonable since coating droplets produced at the nozzle outlet will 
decrease in size with increasing nozzle pressure (Guignon et al., 2002, Dewettinck, 1997 and 
Dewettinck et al., 1999). Smaller droplets, combined with the fact that there is less solvent in 
each droplet to be evaporated with increasing coating solution dry-matter contents, means all 
in all that the coating solution droplets will remain wet for shorter time, which again reduces 
the chance of agglomeration. 
 
 
DESIGN-EXPERT Plot 
Breakage percentage 
A: Fluidisation level 
B: Nozzle pressure 
C: Salt concentration 
D: Bed temperature 
Normal plot 
N
or
m
al
 %
 p
ro
ba
bi
li
ty
Effect 
-4.49 -3.32 -2.15 -0.99 0.18 
1
5
10
20
30
50
70
80
90
95
99
B
C
D 
 
Figure 6.4: Normal plot of the impact strength responses. 
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Similar to the agglomeration model, an impact strength model was set up based on the data 
from table 6-4. This time, however, no interaction terms were found to have significant 
importance, as only the first-order terms of nozzle pressure (B), coating solution salt 
concentration (C) and the bed temperature (D) were the parameters to have significant 
importance regarding the impact strength. This can be seen from the normal plot in figure 6.4. 
These three terms accounted for around 94.6% (R2 = 0.9461) of the variation of the data set. 
Analogously, the impact strength model in coded units was determined according to equation 
6.6/6.7 and in real physical units according to equation 6.8.  
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where Pnozzle ∈ {1.5 bar;  3.0 bar}, CNa2SO4 ∈ {10 w/w%; 30 w/w%} and Tbed ∈ {45 °C; 55 °C}.  
(6.8) 
 
For the model as such, ANOVA statistics stated that Prob > F was less than 0.0053. Again 
good fitting to the experimental data can be observed in figure 6.5 although the model is quite 
simple.  
 
0
5
10
15
20
1 2 3 4 5 6 7 8
Experiments No. 
Breakage 
percentage in 
w /w %
Model prediction
Experimental values
 
Figure 6.5: Model descriptions of YBreakage values versus the experimentally determined data. 
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The impact strength model predictions seem interesting as the highest impact strength, 
according to equation 6.8, should be obtained under coating conditions where all three terms 
are as large as possible. Although not being directly comparable, results by Beekman (2000) 
and Jørgensen et al. (2004) indicate that high granule impact strength is often closely related 
to the morphology of the coating layer, as homogenous and smooth coating layers often tend 
to have the highest impact strength. According to studies by Link & Schlünder (1997) the 
smoothness of coated alumina spheres improves with dilution of, in their case, a Ca(OH)2 
coating solution. The present impact strength results are thereby somewhat in opposition to 
the previously reported tendencies. The situation in the present studies is, however, different 
as the sodium sulphate cores have far larger average pore diameters than the alumina spheres 
used by Link & Schlünder (1997). This was further investigated in morphology and droplet 
penetration studies. 
 
6.3.2. Morphology and droplet penetration studies 
 
In order to study the coating of a porous core particle in detail, a number of additional 
experiments were conducted where colour agents were added to the coating solution, and the 
coating operation was performed under process conditions according to table 6-5.  
 
Table 6-5: Operating conditions in additional droplet penetration/morphology experiments. 
Parameter  Operating conditions 
Nozzle liquid orifice diameter 0.8 mm 
Inlet fluidisation air temperature 80 °C 
Temperature of the water bath heating the nozzle 80 °C 
Atomisation air temperature 80 °C 
Coating solution temperature 80 °C 
Heating cartridge temperature 80 °C 
Bed load 500 g 
Desired weight gain of the core particle bed 20 w/w% 
Amount of Dextrin in coating solution (of the amount of Na2SO4) 1 w/w% 
Fluidisation velocity (va) (adjustable parameter) Level 20 ~ 1.77 m
3/min (at TStrea-1 inlet , 1 bar) 
Nozzle pressure (Pn) (adjustable parameter)  2 bar 
Coating solution salt concentration (Cs) (adjustable parameter)   From 15 to 30 w/w% 
Bed temperature (Tb) (dependent parameter) 50 °C 
 
Visual microscopy analysis of the coated sodium sulphate cores was conducted. Figure 6.6A 
and 6.6B show cut-through examples of coated granules. It can be observed from these 
figures that the level of droplet penetration was significant as the coloured coating solution 
has penetrated far into the core material in both cases. Rough calculations of the droplet 
drying time using equation 3.6 and the time of droplet penetration using the equation 3.4 (see 
chapter three) (Denesuk et al., 1993 & 1994 and Hede, 2005) indicated in accordance with the 
visual microscopy analysis that the time of droplet penetration was a hundred to a thousand 
times faster than the coating droplet drying time under the given process conditions. The 
mean droplet diameter needed for both equations was found with the use of the semi-
empirical equation 2.1 (see chapter two).  
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Figure 6.6: Microscope pictures of: A) Cut-through profile of a coated granule using Colanyl green 
colour. B) Cut-through profile of a coated granule using Patent blue colour. 
 
According to equation 3.4, the time of droplet penetration is directly proportional to the 
coating liquid viscosity. Hence, it seems reasonable to expect that the level of droplet 
penetration decreases with increasing coating liquid viscosity. This was tested in a number of 
additional coating experiments in which Sicovit Patent blue (see chapter five) was used in 
amounts of 0.1 w/w% and sodium carboxymethylcellulose (CMC) was added to the coating 
solutions in different amounts as thickener in order to increase the viscosity. The data from 
these coating experiments can be seen in table 6-6, and corresponding examples of cut-
through coloured coated granules can be seen in figure 6.7. In accordance with calculations, it 
was observed from visual microscopy analysis that the level of droplet penetration decreased 
with increasing coating liquid viscosity, and that the level of droplet penetration was 
negligible at conditions in which the coating liquid viscosity was increased to roughly      
7000 mPa·s (Measured using a Rheotec Falling Ball KF10 viscometer at a temperature 
identical to the wet bulb temperature inside the fluidised bed during processing – such high 
viscosity solutions clearly exhibits non-Newtonian behaviour).  
 
Table 6-6: Summary of important data from additional droplet penetration/morphology experiments. 
Exp. 
Coating 
solution salt 
conc. (Cs) 
ηliq at 30 °C  
(wet bulb temp.) 
ddr
 τevap τdpen 
Qualitative description of the degree of 
colour penetration 
Aggl. % YBreakage 
γ4B 10 w/w% 
1.0 mPa s 
(0 w/w% CMC) 
11 µm 0.1 s 6⋅10-5 s 
Deep droplet penetration. More than 3/4 
of all the studied cut-through granules 
were all blue. 
21.9 % 6.3 % 
γ5A 10 w/w% 
2.2 mPa s 
(1.3 w/w% CMC) 
11 µm 0.1 s 1⋅10-4 s 
Deep droplet penetration to the same 
extent as observed in batch γ4B. 
86.9 % 0.6 % 
γ5B 10 w/w% 
22 mPa s 
(2.7 w/w% CMC) 
19 µm 0.4 s 4⋅10-3 s 
Considerable droplet penetration. The 
majority of the observed granule cores 
were blue while minor spots remained 
unaffected. 
90.8 % 0.3 % 
γ5C 10 w/w% 
445 mPa s 
(5.2 w/w% CMC) 65 µm 4 s 1.0 s 
Limited droplet penetration, as only parts 
of the granule cores were blue while other 
spots remained white and unaffected. 
84.1 % 1.1 % 
γ5D 30 w/w% 
3.2 mPa s 
(0 w/w% CMC) 10 µm 0.1 s 2⋅10
-4 s 
Deep droplet penetration. All the observed 
cut-through granules were all blue, 
although not as dark blue as the granules 
from batch γ4B and γ5A. 
12.1 % 3.3 % 
γ5E 30 w/w% 
4100 mPa s 
(2.7 w/w% CMC) 
98 µm 10 s 21 s 
Limited droplet penetration. Less than 1/4 
of the studied cut-through granules had 
colour penetration into the inner half of 
the granule core. 
83.0 % 0.7 % 
γ5F 30 w/w% 
7240 mPa s  
(5.2 w/w% CMC) 
126 µm 16 s 60 s 
No droplet penetration in any of the 
observed cut-through granules. The 
boundary between the coating layer and 
the granule core was well defined. The 
coating layer was roughly 10 µm thick. 
75.1 % 0.8 % 
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An interesting thing to note from the results in table 6-6 is the significant increase in viscosity 
of the coating solution of more than ten times from experiment γ5C to γ5F and similar from 
γ5B to γ5E as only the amount of Na2SO4 in the coating solution was different. It seems that 
the increased Na2SO4 concentration has a salting-out effect on the CMC causing the 
significant increase in viscosity (Nakano et al., 1999). Visually there was a difference in 
solution appearance as well, as the 10 w/w% solutions were slightly dim whereas the            
30 w/w% solutions were completely opaque. 
 
 
Figure 6.7: Examples of microscope pictures of coated granules and coated granule cut-through 
profiles. Reference number codes according to table 6-6. 
 
From microscopy analysis of the coated granules in figure 6.7 it was observed that the coating 
surface morphology changes significantly with droplet viscosity. Whereas the coating layer is 
smooth and homogenous in batch γ5B with a low droplet viscosity, the surface layer becomes 
increasingly rough and raspberry-like when the droplet viscosity increases from batch γ5B to 
γ5C and further from batch γ5C to γ5F. These results are in full accordance with experiments 
by Link & Schlünder (1997) indicating that the viscosity-affecting dry-matter contents of the 
coating solution has a primary importance for the resulting roughness of the coating layer, 
independently of the porosity of the core material. This was investigated further in terms of 
SEM analyses. 
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Figure 6.8: Examples of SEM pictures of: A) Coated granule from batch γ5B. B) Coated granule from 
batch γ5F. C) Cut-through edge profile of coated granule from batch γ5B. D) Cut-through edge profile 
of coated granule from batch γ5F. 
 
Figure 6.8 shows SEM pictures of coated granules and cut-through edge profiles of coated 
granules from batch γ5B and γ5F. It can be seen by comparing figure 6.8A with figure 6.8B 
that although both coating layers are fluffy and covered with small spray-dried droplets, the 
increase in coating liquid viscosity from figure 6.8A to 6.8B makes the coating layer flaky, 
stratified and inhomogeneous. There is significant shrinkage in the coating layer in figure 
6.8B as the coating liquid layer has dried first on the outer surface leaving the inner layer still 
wet. As the inner wet layer afterwards dries by the evaporation of remaining coating solution 
solvent, the inner coating layer is left as a highly porous cave-like structure, which eventually 
shrinks and cracks. This is further verified in figure 6.8D where a cut-through edge profile of 
the coating layer of a granule from batch γ5F is seen to be highly porous with a cave-like 
structure. These observations agree with experiments by Link & Schlünder (1997) and results 
by Keningley et al. (1997). The sharp distinction between core and coating material complies 
fully with the results in table 6-6 stating that for experiment γ5F, the time of droplet 
penetration is somewhat larger than the droplet drying time. Hence, as expected, the majority 
of the coating material remains at the core surface in figure 6.8D. 
 
The coating layer is observed to float homogenously together in figure 6.8C showing a cut-
through edge profile of a granule from batch γ5B. In accordance with the results in table 6-6, 
a considerable amount of the coating layer is observed to have penetrated into the core 
material, and the boundary between core and coating layer is not distinguishable. Comparing 
the core parts in figure 6.8C with 6.8D clearly indicates that the inner granule core structure is 
highly affected by the high degree of droplet penetration. In the case with a high degree of 
droplet penetration in figure 6.8C, the core structure is observed to be compressed and 
homogenous, whereas the original crystal core structure is clearly visible in figure 6.8D. All 
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in all the SEM pictures in figure 6.8 are hereby seen to be in agreement with the viscosity 
tendencies predicted by the τevap and τdpen calculations in table 6-6.  
 
6.3.3. Further studies of agglomeration and granule impact strength 
 
Besides making it possible to study the droplet penetration versus droplet drying time, the 
morphology/droplet penetration experiments also made it possible to study the impact 
strength and the degree of agglomeration as function of droplet viscosity. As seen in table 6-6, 
the agglomeration tendency clearly increases with increasing viscosity. Going e.g. from 
experiment γ4B to γ5A, the viscosity is only roughly doubled whereas the resulting 
agglomeration percentage increases significantly from 21.9 % to 86.9 %. This observation is 
in accordance with previous studies (e.g. by Abbott, 2002, Keningley et al., 1997 and 
Schaafsma et al., 1998) of the effect of viscosity changes on agglomeration, although none of 
the mentioned authors used as porous particles as in the present studies. As the viscosity 
increases, the coating solution droplets increase in size, thereby halting the droplet 
penetration, while at the same time the drying time increases. Besides resulting in wet coated 
surfaces for a longer time, the surface stickiness increases with viscosity thus providing 
improved adhesion between wet granules, all in all leading to increased risk of agglomeration 
as observed. 
 
Studying the impact strength values for the seven experiments in table 6-6 reveals several 
interesting points: First of all it can be seen by comparing experiment γ4B with γ5D (in which 
no CMC has been added to the coating solution) that the impact strength increases with 
increasing salt concentration. In both cases the droplet penetration was significant. A 
reasonable theory is that the increased impact strength with increasing salt-concentration 
results from the formation of inner-pore salt bridges, as the droplets with a high salt 
concentration dry inside the capillary pores partly filling them out, hereby providing 
additional strength upon evaporation of the solvent. This may happen at a low salt 
concentration as well, but it is expected that the volume and strength of the inner-pore salt 
bridges increase with increasing salt concentration. This theory was partly supported by 
mercury intrusion/extrusion porosity analysis of coated granule samples from experiment γ4B 
and γ5D, as the average porosity of batch γ4B was determined to 19.2 %, whereas the average 
porosity of batch γ5D only was 18.7 % compared to the average porosity of 20.7 % for the 
uncoated cores. The measured decrease in porosity may thus originate from inner-pore salt 
bridges as suggested, although the decrease in porosity is small. Further detailed studies will 
have to be conducted before any definitive conclusion regarding the salt bridge theory can be 
verified. 
 
It can furthermore be seen from table 6-6 that the addition of CMC has an advantageous effect 
on the impact strength, as the YBreakage values are all very small in the batches where CMC has 
been added to the coating solution, compared to the YBreakage values in experiment γ4B and 
γ5D as well as the YBreakage values in table 6-4. The YBreakage values in table 6-6 do, however, 
not decrease with increasing amount of CMC, as the values for experiment γ5A, γ5B, γ5C, 
γ5E and γ5F are not significantly different. Interestingly, this indicates that even though the 
coating layer is raspberry-like and rough due to high coating droplet viscosity, the impact 
strength may be even higher than for coated granules with smooth surfaces. Apparently, the 
CMC improves the impact strength. Perhaps the long cellulose chains of the CMC act as a 
reinforcing impact absorber, resulting in flexible and strong surfaces. This was nevertheless 
not tested separately. 
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The higher impact strengths at high coating liquid viscosity may also be explained by the fact 
that at high viscosity, the droplet drying times by far exceed the residence time in the 
fluidised bed drying zone estimated to roughly 0.2 s on an average using the semi-empirical 
equation 6.9, in which the applied fluidisation velocities in m/s were calculated at the 
chamber inlet using the chamber cross-section area of 10 cm (Link & Schlünder, 1997 and 
Hede, 2005). Hence, in e.g. experiment γ5F it is reasonable to believe that there was a 
significant moisture build-up in the Na2SO4 cores during coating. This was partly verified by 
the significantly longer post-spray drying time in batch γ5F of 21 min and 18 min in batch 
γ5C compared to a drying time of only 11 min in experiment γ5D and 12 min in batch γ4B. 
According to Link & Schlünder (1997) this will have a significant effect on the mechanical 
properties of the final coating layer. E.g. will the wettability and spreading of coating droplets 
on the core surfaces improve if the core material is slightly moisturised. Furthermore, the 
morphology of the final granule is highly influenced by the moisture contents as well, as it 
seems to improve the homogenisation of the coating layer if each new wet droplet impacts a 
surface still partially wet by older droplets not yet completely dried (Link & Schlünder, 
1997).  
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6.3.4. Model validation 
 
The models in equation 6.5 and equation 6.8 were validated by comparing the model 
predictions of agglomeration tendency and impact strength with experimental data from eight 
new experiments with conditions according to table 6-7. These parameter combinations were 
chosen in order to make sure that the validation process would cover a relevant and wide 
range for each of the three parameters (nozzle pressure (Pn), coating solution salt 
concentration (Cs) and bed temperature (Tb)). As the fluidisation velocity was not a 
significant term in either of the two models, a value of 1.55 m3/min was chosen for all 
experiments. The conditions in experiment δ1 and δ6 are both beyond the boundaries of the 
conditions used to derive the models. These conditions were added to the validation test in 
order to check the general applicability of the model equations. Except for the parameter 
variation according to table 6-7, all other process and formulation combinations were 
identical to the original conditions in table 6-1.  
 
Table 6-7: Parameter combinations for the validation experiments. 
Parameter  
to be varied 
Exp. δ1 Exp. δ2 Exp. δ3 Exp. δ4 Exp. δ5 Exp. δ6 Exp. δ7 Exp. δ8 
va 1.55 m
3/min 1.55 m3/min 1.55 m3/min 1.55 m3/min 1.55 m3/min 1.55 m3/min 1.55 m3/min 1.55 m3/min 
Pn 1.0 bar 1.5 bar 2.0 bar 2.5 bar 3.0 bar 4.0 bar 1.5 bar 3.0 bar 
Cs 5  w/w% 10  w/w% 20  w/w% 25  w/w% 30  w/w% 40  w/w% 10 w/w% 30 w/w% 
Tb 55 °C 55 °C 55 °C 55 °C 55 °C 55 °C 45 °C 45 °C 
 
Figure 6.9A depicts the agglomeration model predictions compared to the experimental 
values from the validation series in table 6-7. It may be seen from this figure that in spite of 
some slight scattering, the model does predict the degree of agglomeration well, especially 
inside the original model parameter space. The situation is less successful regarding the 
impact strength model. It can be seen from figure 6.9B that the model predicts higher impact 
breakage values than the experimentally determined data in all eight experiments. One reason 
for this could be that the model lacks certain high-order parameter interaction terms. As 
mentioned previously, the model in equation 6.8 accounts for only 94.6 % of the non-
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normality in the original YBreakage data set in table 6-4. The remaining part may be due to high 
order parameter interactions, which cannot be identified from the 24-1 fractional factor design. 
An important point to consider is, however, that the model follows the overall YBreakage 
tendencies quite closely. The model predicts for instance that increasing the coating solution 
salt concentration and the nozzle pressure will decrease the YBreakage values, and this is in fact 
what has been observed from the validation experiments. Satisfyingly, the model also follows 
the tendencies outside the model range as observed for experiment δ1 and δ6. That the lowest 
experimentally determined impact breakage values are associated with a high nozzle pressure, 
a high coating solution salt concentration and a high bed temperature is in full accordance 
with the model as well as the pore-salt-bridge theory discussed earlier.  
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Figure 6.9: Model predictions versus the experimentally determined data from the new validation 
experiments. A) The agglomeration model. B) The impact breakage model. 
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6.4. Conclusion 
 
Using an unreplicated 24-1 fractional factor design the influence of the fluidisation velocity, 
nozzle pressure, coating solution dry-matter concentration and bed temperature on fluidised 
bed coating of Na2SO4 core particles was investigated. Based on data, regression models were 
derived being capable of quantitatively describing the degree of agglomeration and impact 
strength. In accordance with expectations, the agglomeration model indicated decreasing 
agglomeration tendency with increasing coating solution dry-matter concentration and 
atomisation air pressure. Model validations showed adequate precision inside the parameter 
space on which the model was derived.  
 
The impact strength model indicated increasing impact strength with increasing coating 
solution dry-matter concentration, atomisation air pressure and bed temperature. The observed 
impact strength tendencies were concluded to be closely associated with the high extent of 
coating solution droplet penetration into the Na2SO4 cores. Additional experiments indicated 
that the coating solution droplet penetration is significant and that this droplet penetration has 
a significant importance regarding the morphology of the final coated granule. It appears 
hereby that the porosity of a core being coated has a significant, but not yet fully understood 
influence on the properties of the final coated granule. A reasonable theory is that penetrated 
coating droplets with high contents of dry-matter will form solid salt bridges inside the pores 
of the carrier particles upon drying, and that this will improve the impact stress resistance of 
the final coated granules. This theory was partly verified by porosity measurements indicating 
a decrease in final coated granule porosity with increasing coating solution dry-matter 
contents. The validation of the impact strength model was slightly less successful, as the 
model in all cases predicts higher impact breakage values than the new experimental data, 
although the model does follow overall impact strength tendencies closely.  
 
From viscosity experiments it was observed that addition of sodium carboxymethylcellulose 
(CMC) to the coating solution has a beneficial influence on the impact strength and that the 
agglomeration tendency increases with increasing viscosity of the coating solution.  
 
According to the derived models, there is no contradiction between high impact strength and 
low tendency of agglomeration. The models may be seen as a first step towards the design of 
fluidised bed coating processes leading to unagglomerated, coated enzyme granules with high 
mechanical strength.  
 
6.5. Table of symbols 
 
Symbols 
 
Unit 
CNa2SO4(Cs) Coating solution concentration of dissolved Na2SO4 w/w% 
ddr Droplet diameter µm  
dp Particle diameter µm  
hmf Bed height at minimum fluidisation  m 
mdust created Amount of dust created by impact g 
msample Amount of sample  g 
Pnozzle (Pn) Atomisation air (nozzle) pressure bar 
T Temperature K  
Tbed (Tb) Particle bed temperature K  
va Fluidisation velocity m/s 
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vbu Bubble rise velocity for a fluidised bed m/s 
vmf Minimum fluidisation velocity m/s 
X Coded parameter Dimensionless 
YBreakage Breakage percentage parameter Dimensionless 
   
Greek   
   
ηliq Coating solution viscosity  mPa s 
τc Average particle circulation time  s 
τdpen Droplet penetration time s 
τevap Droplet evaporation time s 
τres,dry Residence time in the primary drying zone s 
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Chapter 7. Scale-up validation of the Flux Number 
 
 
Chapter introduction  
 
Chapter seven takes the starting point in an existing fluid bed coating scale-up parameter 
being the Flux Number. In terms of conducted fluid bed coating experiments in three fluid 
bed scales, the Flux Number is validated as a scale-up principle with the aim of being able to 
predict and match the tendency of agglomeration across the three fluid bed scales. The present 
chapter is published as a peer-reviewed scientific paper in the journal Chemical Engineering 
Science, Vol. 63, No. 3, pp. 815-828, 2008. The paper is entitled Validation of the Flux 
Number as scaling parameter for top-spray fluidised bed systems authored by Peter Dybdahl 
Hede (Technical University of Denmark), Poul Bach (Novozymes A/S) and Anker D. Jensen 
(Technical University of Denmark). The paper is referred to as Hede et al. (2008a). 
 
The following sections are exact reproductions of the paper, although the sections concerning 
equipment and materials have been left out (please refer to chapter five). Furthermore, the 
format of the paper has been adapted to that of this thesis.  
 
7. Validation of the Flux Number as scaling parameter for top-spray 
fluidised bed systems 
 
Abstract 
 
Top-spray fluidised bed coating scale-up experiments have been performed in three scales in 
order to test and validate the Akkermans Flux Number as possible scale-up parameter. 
Coating operations were performed on low porosity sodium sulphate cores (180 - 350 µm) 
coated with aqueous solutions of Na2SO4 using Dextrin as binder in three top-spray fluidised 
bed scales, i.e. a small-scale (Type: GEA Aeromatic-Fielder Strea-1), medium-scale (Type: 
Niro MP-1) and large-scale (Type: GEA MP-2/3). Following the parameter guidelines 
adapted from the original patent description, the Flux Number was tested in the preferred 
range of 3.5 to 4.5 as well as with a value of 4.7 in a total of 24 experiments. The 
agglomeration tendency was observed to decrease with increasing Flux Number on an overall 
basis, but coating conditions with Flux Number values below 4.5 resulted in a complete 
collapse of the bed. Coating conditions with Flux Number values of 4.5 and 4.7 were, 
however, successful in terms of low agglomeration tendency and match of particle size 
fractions, but indicated in addition a strong influence of nozzle pressure. The present paper 
suggests even narrower boundaries for the Flux Number compared to the original patent 
descriptions, and adds further new guidelines for the successful scale-up of top-spray 
fluidised bed coating systems in terms of the Flux Number. 
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7.1. Introduction 
 
Many types of biological ingredients are formulated into solid products by spraying the 
concentrate onto inactive filler cores in a fluidised bed. The desired product consists thereby 
of unagglomerated individual carrier particles each coated homogeneously with a layer of the 
active ingredient. If formulation or process conditions are incorrectly chosen, either excessive 
agglomeration or excessive spray drying of the feed may happen (van Ee et al., 1997). In both 
cases a poor product quality is achieved, and in any case, control of agglomeration is essential 
during scale-up.  
 
Often product and process properties are optimised in small and medium pilot-scale fluidised 
beds and then transferred to production-scale. The scale-up of a fluidised bed granulation 
process requires decisions to be made at many levels, including: fixed parameters (e.g. nozzle 
type and fluidisation chamber dimensions), parameters related to the core material (such as 
porosity, sphericity and more), coating solution (e.g. viscosity, surface tension, contact angle 
and more) and the type of fluidised bed, input parameters, operating conditions including 
spray and fluidisation conditions as well as processing time etc. With such a variety of 
interlinked parameters and properties, combined with a lack of quantitative understanding of 
the granulation process, it is obvious that scale-up of a fluidised bed granulation process is a 
challenging task (Hede et. al., 2008b).   
 
Fluidised bed scaling principles at the macro-scale level have been studied intensively for 
fluidised catalytic cracking regenerators and bubbling fluidised beds for more than thirty 
years (Glicksman et al., 1993 and Schouten et al., 1996). A typical macro-scale approach 
determines desired conditions over a range of dimensionally similar unit operations typically 
using well-known dimensionless groups such as the Froude number, the Reynolds number 
and the Power number (Mort, 2005 and Knowlton et al., 2005). In addition, several other 
dimensioned parameters or parameter groups are used, including specific energy input and 
excess gas fluidisation velocity etc. These operation parameters typically affect multiple 
product transformations, and the challenge is to scale-up the equipment in a way that 
maintains key product attributes while at the same time achieves an industrially efficient 
operation (Mort, 2005).  
 
Scale-up attempts based on the dimensionless parameters rely typically on analogies in the 
hydrodynamic behaviour of the flow regimes in the fluidised beds, and especially on proper 
description of the bubble hydrodynamics. A number of the classical hydrodynamic scaling 
expressions and so-called scaling laws, based on the superficial gas velocity and minimum 
fluidisation velocity, may be found for bubbling fluidised beds in Ellenberger & Krishna 
(1994) and Werther (1980). Horio et al. (1986) developed a rule of hydrodynamic similarity 
for a scale change of fluidised beds based on the governing equations of bubble and 
interstitial gas dynamics. Similarly, Glicksman (1984 & 1988) proposed a full set of scaling 
relationships by non-dimensionalising the equations of motion for the particles and the fluid 
phase in a fluidised bed along with their boundary conditions, using the length from the air 
distributor plate to the fluid bed chamber exhaust exit, Lchamber, as a typical length dimension. 
 
Macro-level scaling laws, as the above presented, do not normally take interparticle forces in 
fluidised beds into account. They also typically omit any influence of the particle coefficient 
of restitution as well as the influence of frictional forces (Glicksman et al., 1993). What is 
even more critical is that the scaling principles completely neglect any influence from the 
sprayed liquid phase. This means that scaling principles developed for pure gas-solid systems, 
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such as e.g. fluidised bed combustors, cannot be applied alone for fluidised bed coating or 
agglomeration processes, as the liquid phase is known to be of utmost importance for the 
control of the process. A fluidised bed system involving all three phases of solid, liquid and 
gas is more complicated than a fluidised bed having only a solid and a gas phase, and thus 
new principles for scale-up of agglomerating and coating fluidised beds must be used.  
 
Scaling up of coating fluidised bed processes is a common industrial exercise and 
traditionally the field has not had much academic interest. As reviewed by Hede (2006) 
advances in scaling principles are often done in industry and typically only reach the public in 
the form of patents. Recent scientific papers by e.g. Rambali et al. (2003), Mehta (1988), 
Boerefijn & Hounslow (2005) and Hede et al. (2008b) indicate some progress in the field, 
although the scale-up procedures are somewhat different. Mort (2005) suggests that 
granulation process scale-up should focus on combined particle-level and unit-operation-level 
variables and parameters. Results by Hede et al. (2008b) (see also chapter eight) follow these 
trends by suggesting scale-up in terms of a Drying Force and a Relative Droplet parameter. 
These principles focus especially on temperature and humidity conditions as well as on nozzle 
conditions. Although promising there are also limitations to the application of these scale-up 
principles. The Flux Number by Akkermans et al. (1998) is a different approach as the 
primary focus here is on particle density, gas velocities, spray area and coating solution 
distribution on an overall scale. The Flux Number combines these parameters into a single 
dimensionless parameter claimed to govern the overall possible fluid bed granulation 
outcome. Based on the Flux Number, Boerefijn and Hounslow (2005) provided a domain-map 
for coating, agglomeration and wet-quenching regimes according to figure 7.1. 
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Figure 7.1: Domain-map for wet-quenching (flooding), agglomeration and coating regimes based on 
values of the Flux Number (FN) (Boerefijn & Hounslow, 2005).  
 
Although the Flux Number is claimed by Boerefijn and Hounslow (2005) to be a commonly 
accepted suitable descriptor of the balance between the flux of solids in the spray zone and the 
spray flux that wets the solids, no experimental evidence has been presented in detail so far in 
the open literature. It is the aim of this paper to provide a systematic experimental validation 
of the Flux Number as scaling parameter for top-spray fluidised bed coating systems. 
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7.1.1. The dimensionless Flux Number 
 
A series of International Patent Classifications by Unilever Research concerns the use of a 
Flux Number in the process of top-spray fluidised bed production of detergent granules. The 
Flux Number and the expressions for the associated parameters are adapted from Akkermans 
et al. (1998). The Flux Number is expressed according to equation 7.1. 
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where ρp is the particle density determined according to equation 7.2. 
 
bed
p
ε1
BD
ρ
−
=  (7.2) 
 
in which BD is the bulk density of the particles and εbed is the bed porosity determined by e.g. 
mercury porosimetry. The parameter mliqq& is the spray mass flux in kg/(s·m
2
) at a normalised 
distance D0 from the nozzle outlet, and ve is the excess gas velocity in m/s determined simply 
as the difference between the (superficial) gas velocity va and the minimum fluidisation 
velocity vmf as shown in equation 7.3. 
 
mfae vvv −=  (7.3) 
 
Preferably, va is determined at the position in the fluidisation chamber corresponding to the 
bed height hbed. Similarly, the gas velocity at minimum fluidisation vmf is measured at the 
height of the bed at minimum fluidisation, hmf.  
 
If a discernible bed is apparent then the bed height, hbed, can be measured directly, but often it 
cannot easily be determined as the degree of turbulence in the cloud of fluidised particles is so 
high that no discernible bed is formed. This is often the case with bubbling fluidisation as is 
the case with the materials and particle sizes processed in the experiments in this paper. As an 
estimate when no discernible bed is formed, hbed may be calculated from equation 7.4 
(Akkermans et al., 1998). 
 
mfbed h1.67h ⋅=  (7.4) 
 
Having determined hbed and hmf it is possible to determine the so-called normalised length D0 
from the expression in equation 7.5. D0 thereby has the units of meters although being 
referred to in the original Akkermans et al. (1998) patent description as a normalised length. 
 
bednozzle0 hhD −=  (7.5) 
 
where hnozzle is the height of the spray nozzle above the bottom of the fluidisation chamber. If 
D0 is 15 cm or less, then D0 is taken as 15 cm for purposes of determining the contact area A. 
This is because for practical purposes it has been found that the mean penetration of the spray 
for a nozzle situated below or within the cloud of solids is about 15 cm. The contact area A is 
the contact area wetted by the spray in a horizontal plane situated at D0 below the nozzle. The 
value of A must be determined in terms of experiments or by simple calculations based on 
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known spray angles. In the present paper, the contact area A was found by first determining 
the nozzle outlet spray angle by photo analysis at the given nozzle pressure, and then simply 
calculate the wetted area at the distance of D0 assuming full-cone spray characteristics. The 
contact area A is used to determine the liquid mass spray flux mliqq& according to equation 7.6. 
 
A
Q
q
mliq
mliq =&  (7.6) 
 
where Qmliq represents the mass flow of liquid applied. 
 
According to the invention by Akkermans et al. (1998), the value of FN must be such that FN 
is at a value above 2 and preferably at least 3 for a major proportion of the process time (at 
least 30 %, but preferably around 95 %). FN should never exceed a value of 6 and preferably 
not exceed 4.5. According to the patent description, va should be preferably in the range of  
0.8 – 1.2 m/s and mliqq& at least 0.15 kg/(s·m)
2
, preferably in the range of 0.20 – 1.5 kg/(s·m)
2
.  
 
A Procter & Gamble patent by Wasserman et al. (2000) states, in accordance with Akkermans 
et al. (1998), that the fluidised bed operation conditions should be such that FN preferably is 
from 3.5 to 5. In addition to the Flux Number specification, the patent by Wasserman et al. 
(2000) states that coating conditions should be met in order for the viscous Stokes number Stv 
to be greater than 10, more preferably in the range of 100 – 1000. The viscous Stokes number 
is a measure of the likelihood of agglomeration in an equipment such as the fluidised bed, and 
the number is defined analogously to the original viscous Stokes number by Ennis et al. 
(1991) (assuming that the particle collision velocity, u0, can be approximated by the excess 
gas velocity, ve) according to equation 7.7 (Wasserman et al., 2000 and Achanta & Beimesch, 
1998).  
 
liq
epg
v
η9
vdρ4
St
⋅
⋅⋅⋅
=  (7.7) 
 
where ηliq is the coating solution viscosity, ρg is the granule density, dp is the mean particle 
diameter and ve is the excess gas velocity. More fundamental information about the viscous 
Stokes number may be found Ennis et al. (1991) and Iveson et al. (2001) whereas a full 
derivation of equation 7.7 may be found in chapter ten (see also chapter three). A Procter & 
Gamble patent by Achanta & Beimesch (1998) further explains the usefulness of the viscous 
Stokes number in the context of producing detergent granules, stating that Stv should be less 
than 1 in order for the fluidised bed system to start to agglomerate. 
 
7.2. Experimental 
 
Sodium sulphate cores pre-sieved twice in the size range of 180 – 350 µm were used as core 
material. The sodium sulphate cores were coated with aqueous solutions of sodium sulphate 
in the amount of 15 w/w% using 1 w/w% (of the amount of sodium sulphate) Dextrin as 
binder. Demineralised water was used as solvent (see also chapter five).  
 
It was verified by microscope analysis of the different fractions that coated granules with 
diameters above 425 µm consisted of agglomerates whereas particles below this limit were 
primarily single coated granules. Thus, this sieve orifice diameter was set as the 
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agglomeration limit, and based on the weight of each of the fractions an agglomeration 
percentage was determined for each batch according to equation 7.8 (see also chapter five). 
 
% 100
htbatch weig coated total
µm 425dith fraction wht batch weig coated
%ion Agglomerat
p ⋅
>
=  (7.8) 
 
7.2.1. Scaling procedure 
 
In order to test the applicability of the Flux Number, a number of choices had to be made 
prior to the coating experiments. Being a dimensionless logarithmic relationship, small 
changes in the Flux Number correspond to large changes in vital process parameter values. 
Furthermore, a given Flux Number value allow in principle (although obviously not in 
practice) an infinity of different values for ve and mliqq& to be chosen, indicating that a given 
Flux Number value does not give the exact fluidised bed operation conditions unambiguously. 
Results by Hede et al. (2007a), obtained with the small-scale fluidised bed with the same type 
of core materials and coating solution, indicate that the actual fluidisation velocity has a 
minor influence on agglomeration above a certain value, compared to the nozzle conditions 
which are of importance for the overall agglomeration tendency, irrespectively of the exact 
values. Thus, the choice of the excess gas velocity is most likely not as important as the 
choice of the liquid mass flux for the given Flux Number. The guidelines for the parameters 
constituting the Flux Number provided by the Akkermans et al. (1998) patent are 
unfortunately quite vague allowing e.g. the value for mliqq& to range preferably between       
0.20 – 1.5 kg/(s·m)
2
. This vagueness could be intentional, intended to widen the coverage and 
applicability of the Flux Number. This is unfortunate in terms of testing the scale-up 
parameter, but may be an advantage regarding the patent coverage. The guidelines for va 
were, however, the narrowest and this was the starting point for the scale-up tests in the 
present paper. According to section 7.1.1 the value for va in m/s should preferably be chosen 
in the range of 0.8 – 1.2 m/s, which is well within the range where the exact value is of minor 
importance regarding agglomeration in the small-scale fluid bed (Hede, et al., 2007a). Hence 
as a starting point, the value for va was chosen to be 1.0 m/s at the bed height hbed in all three 
fluidised bed set-ups. Having fixed the value for va this also fixed the value for ve as the value 
for vmf for a mean particle diameter of 300 µm was determined to be 0.07 m/s with the use of 
equation 2.15 (see chapter two) (Kunii & Levenspiel, 1991 and Teunou & Poncelet, 2002). 
The choice of this excess gas velocity, together with the coating formulation properties, 
resulted in a viscous Stokes number being close to 900 and thereby safely within the preferred 
range of 10 – 1000, hereby following additionally the guidelines from the Achanta & 
Beimesch (1998) and Wasserman et al. (2000) patents for successful coating operations. 
 
It should be noted that even though the fluidisation conditions are chosen such that the 
superficial gas velocity va at the bed height is 1.0 m/s in all three fluidised beds, this does not 
mean that the superficial gas velocity is identical at the air distribution plate in the bottom of 
the three beds. This is due to the fact that the three fluidised beds are not dimensionally 
consistent. As indicated from the sketch of the dimensions of the three beds in figure 5.2 (see 
chapter five), the three fluidisation chambers are quite different in shape and dimensions. The 
fluidised beds are thereby not dimensionally consistent according to the rules by Leuenberger 
(1983 & 2003) stating that systems are similar when the ratio of the linear dimensions of the 
small-scale and the upscaled system are constant. This is a typical issue with different 
commercial fluidised bed scales as there is no uniform agreement on how to design the 
fluidisation vessels. Dimensionally consistency is, however, not a requirement for the use or 
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validation of the Flux Number as the parameter seeks to overcome these issues by focusing on 
process-related parameters. Having va at the bed height at 1.0 m/s corresponds to gas 
velocities just above the air distribution plate of 2.9 m/s in the small-scale, 2.2 m/s in the 
medium-scale and 3.2 m/s in the large-scale. The volumetric fluidisation flow rate necessary 
to maintain va at the bed height at 1.0 m/s requires 82 Nm
3
/hr in the small-scale, 137 Nm
3
/hr 
in the medium-scale and 651 Nm
3
/hr in the large-scale. 
 
Having determined the value for ve the next step was to find a value for the particle density ρp. 
Following the guidelines presented in section 7.1.1 the bulk density was determined to     
1428 kg/m
3
 by pouring the uncoated core particles into a container with a well-defined known 
volume. The surface of the solids in the container was levelled by careful scraping-away the 
excess material with a metal slid at right angles to the surface of the solids and to the rim of 
the container. The solids in the container were then weighted, and the weighted mass was 
divided by the internal volume of the container to give the bulk density of the particles 
according to the patent description (Akkermans et al., 1998). The resulting bed porosity εbed 
has been determined previously by Hede (2005) to be close to 0.37 with Micromeritics 
Autopore II intrusion/extrusion mercury porosimetry thereby giving an apparent density of 
2266 kg/m
3
 according to equation 7.2.  
 
Having determined the apparent particle density and fixed a level for the superficial gas 
velocity, the only parameter that would have to be changed according to the different Flux 
Number values is the liquid mass flux mliqq& . As mentioned earlier, the liquid mass flux is the 
mass flow of liquid applied per unit contact area where the contact area A is measured at the 
so-called normalised nozzle-to-bed distance D0. However, the contact area at D0 is not a 
constant property even though the fluidisation velocity and thereby D0 is. This is due to the 
fact that with nozzle pressure, the spray angle from the two-fluid nozzle changes. For the 
medium-scale fluidised bed e.g., the spray angle is roughly 14º at a nozzle pressure of 3 bar 
whereas the spray angle is roughly 21º at a nozzle pressure of 1 bar. This means that the value 
for A (and thereby obviously the required liquid mass flux mliqq&  for a given Flux Number) is 
strongly dependent on the nozzle pressure. Unfortunately, the Akkermans et al. (1998) patent 
does not give any specific information about the operating conditions for the nozzles. The 
patent only emphasises that the value of the Sauter mean droplet diameter, d32, of the coating 
solution should preferably not be greater than the value of the d32 of that fraction of the total 
solid starting material which has a particle diameter ranging from 20 µm to 200 µm. The 
patent further loosely states that the d32 should preferably be between 20 µm and 200 µm. The 
first condition was easily met with the given fluidised bed equipment and the particle size 
distribution of the sodium sulphate core processed, but the second condition with the droplet 
size interval was only achievable in the medium- and large-scale as droplets much above      
10 µm tend to overwet the bed in the small-scale, resulting in complete collapse of the bed.  
 
With the use of equation 2.1 (see chapter two) Sauter mean droplet diameters were estimated 
to be between 4 and 10 µm for the small-scale, between 9 and 43 µm for the medium-scale 
and between 15 and 99 µm for the large-scale depending on the nozzle pressure and the liquid 
feed rates. As mentioned earlier, the spray angle changes with nozzle pressure, but what is 
more important regarding the droplet size is that the gas flow rate through the nozzle changes 
as well with nozzle pressure. For the three nozzles used in the present study an almost linear 
dependence between the nozzle pressure in bar and the atomisation airflow in m
3
/hr was 
observed (see also chapter eight). All other conditions being the same, if the nozzle pressure 
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increases so does the atomisation airflow rate through the nozzle, meaning that the mean 
droplet size decreases.  
 
In order to test the sensitivity of the Flux Number with respect to values of ,qmliq&  two nozzle 
pressures were chosen for each fluidised bed scale being 1 bar and 3 bar. For each nozzle 
pressure and for each type of fluidised bed equipment, a contact area A was determined in 
terms of experiments for the given nozzle pressure at the distance of D0 as explained earlier. 
As it may be seen from table 7-1, the contact area is quite dependent on the nozzle pressure.  
  
Table 7-1: Overview of the determined values of the contact area A at D0 for the two tested nozzle 
pressures. The values for D0 were determined with the use of experimental observations of hbed and 
measurement of hnozzle in combination with the correlations presented in section 7.1.1.  
Fluidised bed scale Normalised nozzle-to-bed 
distance D0 in cm 
Nozzle 
pressure 
Contact area A 
in cm
2
 
1 bar 28.3 
Strea-1 (Small-scale) 
14.5 cm  
(set to 15 cm according to patent guidelines) 3 bar 19.6 
1 bar 130.8 
MP-1 (Medium-scale) 32.3 cm 
3 bar 51.3 
1 bar 283.4 
MP-2/3 (Large-scale) 32.6 cm 
3 bar 153.9 
 
Having determined the values for A for all three fluidised bed scales, the only parameter that 
will change with the choice of Flux Number and nozzle pressure is the mass flow of liquid 
applied Qmliq which is the value that the tube pump feeding the nozzle will be set at. 
 
Although temperature is not a property directly associated with the Flux Number or the 
viscous Stokes number, a long history of published fluidised bed coating results clearly show 
that the bed temperature during coating has a primary importance regarding the tendency of 
agglomeration (e.g. Schæfer & Wørts, 1978). Even a minor change in bed temperature of a 
few degrees may have a significant effect on the agglomeration tendency (Hede, 2005). 
Akkermans et al. (1998), nevertheless, state only in very general terms that the bed 
temperature should be between ambient temperature and 60 ºC. However, the experience with 
the given fluidised bed equipment, core particles and coating solution is that at temperatures 
below 50 ºC the bed tend to agglomerate easily, and hence, the choice in the present studies 
was to aim at a bed temperature of 55 ºC in all coating experiments regardless of the choice of 
Flux Number, nozzle pressure and mass flow of coating liquid. The choice of this bed 
temperature ought to limit the bed temperature effect towards agglomeration. Having fixed 
the bed temperature and the fluidisation velocity through the bed throughout the experiments, 
the only independent parameter for each single experiment was the inlet air temperature 
which is the only parameter that cannot be determined prior to the experiments. The 
advantages of running the fluid bed process in terms of an adjustable inlet air temperature and 
choosing all other process parameters a-priori were presented in detail in Hede et al. (2008b).  
 
In order to test the Flux Number, a number of 24 coating experiments were planned. 
Throughout the experiments the coating solution formulation was kept constant thereby 
giving a constant viscous Stokes number in the range of 900. Furthermore, the superficial gas 
velocity va at hbed was kept constant at 1.0 m/s and the bed temperature was maintained at    
55 ºC throughout each coating operation. The Flux Number was tested for each fluidised bed 
scale in four levels at values of 3.5, 4.0, 4.5 and 4.7, and each Flux Number condition was 
carried out two times – once with a nozzle pressure of 1 bar and once with a nozzle pressure 
of 3 bar.   
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In accordance with coating guidelines presented in chapter five the core bed load was heated 
prior to coating until the relative humidity inside the fluidisation chamber was constant. In 
each coating operation the aim was to coat until the bed load had increased 20 w/w%, in order 
to make sure that a reasonable coating layer ( ~ 5-10 µm) had developed on the core particles. 
For all the experiments in this paper, the actual batch weight gain may be seen from table 7-2.  
 
7.3. Results and discussion 
 
Issues concerning reproducibility of data with the same type of fluidised bed equipment and 
core materials were treated in detail by Hede et al. (2008b) (see chapter eight). It was 
observed how the standard deviation from the Retsch Sieve Shaker AS 200 equipment was 
0.82 % in terms of the agglomeration percentage thereby indicating as a common rule of 
thumb that different batches having agglomeration percentages in the range of ± 1.64 % are 
not statistically different. From detailed analysis of the three fluidised bed scales it was 
further observed in the paper by Hede et al. (2008b) how statistically sound reproducible data 
could be produced and how a χ
2
 tests could be used to determine how well the different 
particle size classes were reproduced across scale (Hede et al., 2008b).  
 
7.3.1. Matching the agglomeration percentages and particle size fractions across scale 
 
Following the overall plan for the scaling experiments the coating experiments were planned 
and carried out according to table 7-2. As large-scale experiments are time-consuming and 
require large amounts of core materials, experiments were carried out first in the small- and 
medium-scale. If the given conditions resulted in wet-quenching and a complete collapse of 
the bed in the small- and medium-scale these process conditions were not tested in the large-
scale. The experiments were conducted in a four week period under similar weather 
conditions with room temperatures around 23 ºC and room humidity values in the range of   
35 - 42 rH%. Table 7-2 presents the results from the scaling trials. 
 
There are several important things to note from the results in table 7-2. First of all it was 
observed that Flux Number conditions at 3.5 and 4.0 were in all cases unsuccessful as the bed 
collapsed within the first few minutes of the coating process. For the Flux Number value of 
3.5 the bed collapsed irrespectively of the nozzle pressure clearly indicating that the required 
spray rate at this Flux Number is far too high for the coating process. This is even though the 
values for mliqq& were in the lower end of the preferred range. At a Flux Number of 4.0 the bed 
collapsed in the medium-scale for nozzle pressures of 1 and 3 bar in scaling attempt C and D, 
whereas collapse was the case for the large- and small-scale with nozzle pressures of 1 bar. 
Only in two experiments X4 and Z4 the bed did not collapse although the agglomeration 
tendencies in both cases were close to 100 %. Even though the patents by Wasserman et al. 
(2000) and Akkermans et al. (1998) state that the preferred range for the Flux Number 
includes values as low as 3.5 this cannot be verified by the results in the present work.  
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Table 7-2: Results from the Flux Number scaling attempts.  
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Table 7-2: Results from the Flux Number scaling attempts (continued).  
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Table 7-2: Results from the Flux Number scaling attempts (continued).  
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The effect of nozzle pressure within experiments having identical Flux Number was clearly 
observed for the experiments with Flux Numbers of 4.5. Whereas for e.g. experiment X5 and 
X6 the only difference is the nozzle pressure and thereby the liquid spray rate, the effect on 
agglomeration tendency is unambiguously detected; the agglomeration tendency increases 
with decreasing nozzle pressure irrespectively of the fluidised bed scale and the fact that the 
Flux Number is fixed. This tendency is also observed with the experiments having a Flux 
Number of 4.7.  
 
Qualitatively the observed agglomeration tendencies in table 7-2 do indeed follow the domain 
map in figure 7.1 indicating that the agglomeration tendency decreases with increasing Flux 
Number. In the scaling attempts A, B, C and D having the smallest Flux Numbers the 
agglomeration tendencies are the largest. There is, however, a deviation from this overall 
tendency. Although some scattering in the agglomeration tendencies within the scaling 
attempt E, the trends are the opposite of the domain map. Whereas the tendency of 
agglomeration ought to decreases with increasing Flux Number this tendency is not observed 
when scaling attempt E and G is compared. There is statistically significant difference 
between the agglomeration tendencies in the following experiments: X5 and X7 as well as 
between Z5 and Z7. These observations clearly indicate that there are more important factors 
involved in agglomeration tendency than what is predicted by the domain map, and further 
that nozzle pressure is a factor of primary importance when it comes to the prediction of 
agglomeration tendency in terms of the Flux Number.  
 
In the pursuit of reproducing the agglomeration tendency across scale it is observed from 
table 7-2 that only three scaling attempts are successful. The agglomeration tendencies for the 
three different batches within scaling attempt F, G and H are all within the ± 1.64 % range 
indicating that the agglomeration tendencies are not statistically different. This means in other 
words that the fixed coating conditions in these three times three experiments have resulted in 
similar agglomeration tendency across the scales.  
 
As discussed in the paper by Hede et al. (2008b) the reproducibility of the agglomeration 
percentage within the ± 1.64 % interval does not necessarily indicate that the particle size 
distribution also is reproduced, as the different size classes do not necessarily have to be 
identical in order to achieve a similar agglomeration percentage. If the Flux Number should 
have any practical usefulness as a scaling parameter, the particle size fractions should also be 
reproduced across scale in addition to the agglomeration percentages. In order to check for the 
reproducibility of the particle size fractions within each Flux Number coating condition a χ2 
test was performed for all nine particle size classes (in case any of the size fractions were in 
the range of 0.01 w/w %, the size class was pooled into the next size class, as χ2 tests on very 
small intervals may lead to false conclusions). This was obviously only done for the Flux 
Number conditions that did not cause a complete collapse of the bed. The results may be seen 
from table 7-3. 
 
Table 7-3. P-values from a χ
2
 test resulting from a comparative test of the three times nine particle 
fractions within each scaling attempt.  
Scaling attempt P-value from χ
2
 test 
E (experiments X5, Y5, Z5) < 0.01 
F (experiments X6, Y6, Z6 ) 0.26 
G (experiments X7, Y7, Z7) 0.09 
H (experiments X8, Y8, Z8) 0.59 
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From table 7-3 it is observed how the P-values from the χ2 tests are above the 0.05 limit for 
scaling attempt F, G and H indicating that, on a 95% confidence level, the nine particle size 
fractions were matched across scale for all three scaling attempts. The particle size fractions 
were not matched in scaling attempt E, but this was also expected from the large deviations in 
agglomeration tendency as observed in table 7-2. By far the best match of particle size 
fractions was achieved in the scaling attempt F and H where there is almost no agglomeration 
tendency at all. This may also be visualised in a Rosin-Rammler-Bennet-Sperling-plot 
(RRSB-plot), as may be seen from figure 7.5, showing the particle size fractions from scaling 
attempt H. The RRSB-plot is a common way to describe the sum distribution Q3 as a function 
of different particle sizes in a mixture. 
 
  
Figure 7.5: RRSB-plot (Rosin-Rammler-Bennet-Sperling) of particle size fractions from  
scaling attempt H. On the x-axis are the particle diameters and on the y-axis is the particle  
sum distribution Q3 in relation to particle volume. 
 
Adequate matching is also observed in scaling attempt G and visualised in figure 7.6 where 
the particle size fractions are matched in spite of the agglomeration tendencies being around 
37 %. One thing is to be able to match agglomeration tendencies and particle size fractions 
under coating conditions where no agglomeration occurs. This should seem somewhat 
straightforward compared to the match of significant agglomeration tendencies, which is 
another and far more complicated exercise. Hence, it seems reasonable that the P-values are 
the largest for the scaling attempts F and H. The most significant achievement is, however, 
that the P-value for scaling attempt G lies above the 0.05 level. For the process parameter 
conditions in the three scaling attempts F, G and H it is thereby reasonable to conclude that it 
is indeed possible to scale-up successfully in terms of the Flux Number. 
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Figure 7.6: RRSB-plot (Rosin-Rammler-Bennet-Sperling) of particle size fractions from  
scaling attempt G. On the x-axis are the particle diameters and on the y-axis is the particle  
sum distribution Q3 in relation to particle volume. 
 
7.3.2. Discussion of the Flux Number and scaling results 
 
The Flux Number is an interesting parameter for scale-up purposes as it focuses on 
parameters known to have primary importance for the agglomeration tendency during the 
fluidised bed coating process. As reviewed by Hede (2005) and Iveson et al. (2001) control of 
the liquid distribution is essential for the tendency of agglomeration, and it makes sense to let 
the spray rate be a primary parameter in a scale-up relation. Likewise, it is common 
knowledge that the fluidisation velocity has a primary importance with respect to 
agglomeration. In that sense it seems reasonable to let the fluidisation velocity be a part of a 
scaling relationship. Whether or not the apparent density of the particle bed is important 
enough to be included in a scaling parameter may be discussed, but it does make the Flux 
Number a dimensionless parameter.  
 
The Flux Number is not an easily applicable parameter as it requires some detailed a-priori 
knowledge of the fluidisation chamber dimensions, bed height at different fluidisation 
conditions and more. Many of these parameters will also vary with the given types of core 
materials and coating solution formulation, and may eventually have to be determined each 
time these conditions change. Even if these parameters and properties have been determined, 
other choices will have to be made as well regarding the values for the parameters 
constituting the Flux Number. Although the original patent description by Akkermans et al. 
(1998) indicates some wide ranges for the parameters, the results in this work show that these 
ranges may not be useful in general. The values for the mass spray flux mliqq&  tested in this 
paper have all been either below or in the lowest part of the value range suggested in the 
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patent description. Even so, the agglomeration tendency was observed to be heavy for some 
cases although all other parameters were in the midst of the suggested range.  
 
Other additions to the Flux Number in form of the viscous Stokes number suggested by 
Wasserman et al. (2000) and Achanta & Beimesch (1998) have proven not to be sufficient to 
control the tendency of agglomeration. The presents results have indicated that maintaining 
the viscous Stokes number even far above the value of 1 does not ensure successful coating 
conditions with limited agglomeration. There are several possible reasons why a single 
overall viscous Stokes number based on the excess gas velocity cannot alone (i.e. without also 
including a critical viscous Stokes number) be used for determining the boundaries for 
agglomeration as simply as it is claimed by Wasserman et al. (2000). Assuming that the 
particle collision velocity is simply equal to the excess gas velocity is first of all a rough 
assumption. As demonstrated by Ennis et al. (1991) the collision velocity depends also on the 
colliding particle radii as well as on bubbling fluidisation characteristics such as bubble 
diameter and dimensionless bubble space etc (see chapter three). Furthermore, the viscous 
Stokes number uses only one excess gas velocity value whereas there is a whole range of 
excess gas velocities in the conical fluidisation chambers used in the present studies. 
Similarly, the viscous Stokes number requires only one particle diameter even though there is 
a whole particle size distribution being processed. All of these issues are not accounted for in 
equation 7.7, and in all they constitute plausible reasons why the viscous Stokes number 
simplification suggested by Wasserman et al. (2000) does not bring any further control of the 
coating system in combination with the Flux Number. 
 
The results in the present study show interestingly that the nozzle pressure has a strong 
influence on the tendency of agglomeration irrespectively of the Flux Number value. The 
largest agglomeration tendencies were observed with the lowest nozzle pressures in 
accordance with other studies by Hede et al. (2007a). As may be estimated from equation 2.1 
(see chapter two) a high nozzle pressure combined with a low coating solution mass feed rate 
means smaller droplets. As it was seen from the determinations of spray area A, a nozzle 
pressure of 1 bar has a significantly larger spray area than a nozzle pressure of 3 bar. 
Furthermore, a low nozzle pressure means less extent of droplet penetration vertically into the 
bed which has importance regarding the degree of possible droplet spray drying. It was 
observed from the results in table 7-2 how the loss of coating solution due to spray drying 
increased with decreasing nozzle pressure. Irrespectively of this, as a consequence of equation 
7.6, maintaining a similar Flux Number and thereby a similar value for the mass spray flux 
mliqq&  means that at a low nozzle pressure, more liquid will have to be introduced through the 
nozzle per time due to larger spray area. These conditions mean all in all that larger droplets 
are produced faster at the nozzle, and even though a relative large amount of these droplets 
are spray dried, those who actually reach the core surfaces are large in volume meaning that 
the coated particles are wet for a longer time in all increasing the chance of agglomeration. 
These tendencies have been proven by several authors elsewhere (e.g. Schæfer & Wørts, 
1977). The nozzle pressure tendencies observed in the present studies clearly illustrate an 
important weakness associated with the Flux Number: Even though two coating conditions 
have identical Flux Numbers the tendency of agglomeration is strongly influenced by the 
choice of nozzle pressure. The results in this paper strongly call for a further specification of 
the nozzle pressure in association with the Flux Number. So far it seems as if 3 bar for the 
tested nozzle types is the reasonable nozzle pressure in order to limit agglomeration, but 
further studies have to be conducted in order to determine a generic suitable range.  
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The fact that the experimental validation shows even narrower Flux Number boundaries of 
around 4.5 to 4.7 for a successful coating regime compared to the patent descriptions indicates 
first of all that there is more to the principles of scaling the coating process than what is 
accounted for in the Flux Number. Secondly, it highlights the need for proper validation and 
specification of the value ranges for the parameters constituting the Flux Number. Testing the 
Flux Number in high-end levels of 4.5 and 4.7 also indicates that it is relatively easy to 
perform a coating operation without the tendency of agglomeration: If agglomeration is a 
problem the solution is simply to increase the Flux Number. This will decrease the liquid feed 
rate to the nozzle and if this is not sufficient, the nozzle pressure may additionally be 
increased to produce smaller droplets. There are, however, two major problems with this 
procedure. Firstly, as observed with the present experiments, the coating time is prolonged by 
this procedure. As observed from the comparison of scaling attempt E to H, the coating time 
increases significantly with increasing Flux Number. Coating operations lasting e.g. almost 9 
and 13 hours in experiment Z6 and Z8, respectively, are not desirable in practice. A second 
problem with high Flux Numbers is the high degree of spray drying loss of the liquid feed. At 
conservative coating conditions a large fraction of the coating solution droplets dry up before 
reaching the core particle surfaces. This means that larger quantities of the coating solution is 
required, but also give rise to problems concerning the properties of the coated core particles. 
It is well-known from previous studies (Beekman, 2000 and Hede, 2005) that partly dried-up 
droplets result in porous and flaky coating layers that exhibit poor mechanical properties 
when exposed to impact and attrition. Hence, there are indeed many reasons for not simply 
increasing the Flux Number in order to avoid agglomeration.  
 
There is a long history in the field of dimensionless parameters from e.g. chemical reactor 
engineering, and it is indeed understandable to aim at finding dimensionless parameters that 
may describe the coating process in simple terms. The present results have, however, shown 
that for granulation processes it is difficult to establish a simple dimensionless parameter that 
involves all relevant properties and parameters.  
 
7.4. Conclusion 
 
The paper has experimentally tested the dimensionless Flux Number on a standard top-spray 
fluidised bed sodium sulphate coating process on placebo enzyme sodium sulphate cores  
(180 – 350 µm) as a possible scaling parameter suggested to be kept constant across scale. 
The Flux Number was tested in four discrete levels of 3.5, 4.0, 4.5 and 4.7 testing the 
influence of nozzle pressures of 1 bar and 3 bar for each Flux Number value. Systematic 
studies of fluidised bed coating processes have been carried out in three fluidised bed scales 
testing the tendency of agglomeration and the match of particle size fraction across scale.  
 
On an overall level only, successful scale-up of top-spray fluidised bed coated particles by 48 
times in weight from the small-scale over medium-scale to the large-scale fluidised bed has 
been achieved for Flux Number conditions of 4.5 and 4.7. For the Flux Number values of 4.7 
the scaling up was successful irrespectively of the nozzle pressure whereas only the high-
nozzle pressure condition was successful for a Flux Number of 4.5. For these Flux Number 
values in general the agglomeration tendency decreased with increasing Flux Number and 
increasing nozzle pressure. For all other Flux Number conditions the bed collapsed due to 
overwetting within the first minutes of the coating process.   
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The present studies clearly indicate the limitations of the Flux Number as scaling parameter. 
It is indeed possible to successfully scale-up in terms of the Flux Number, but only within a 
narrow range and only with detailed knowledge of the value range for the parameters 
constituting the Flux Number. On the basis of the present study, the following guidelines are 
suggested when using the Flux Number for fluidised bed coating scale-up purposes: 
 
• Coating conditions with limited or no agglomeration requires Flux Numbers in the 
range of 4.5 – 4.7. Higher Flux Numbers prolong the coating time unnecessarily and 
give problems with high spray drying losses of the coating solution. The lower end of 
this narrow Flux Number range is within a practical range regarding the time of 
coating, the coating solution spray rate and more. 
 
• Two values of the nozzle pressure were tested (1 and 3 bar) indicating that a high 
nozzle pressure is preferable in the tested sodium sulphate coating process. 
 
• Viscous Stokes numbers values in the range of 100 – 1000 may be a prerequisite for 
successful coating operations, but still excessive agglomeration may occur. 
 
• Values for the mass spray flux mliqq& may well be chosen below a value of                
0.15 kg/(s·m)2 – preferably in the range of 0.05 kg/(s·m)2 to 0.08 kg/s·m2 for the tested 
sodium sulphate coating process. 
 
• Product temperatures in the range of 55 ºC are preferable for the tested sodium 
sulphate coating process, whereas product temperatures below 50 ºC lead to 
agglomeration with the Flux Number values tested in this study. Maintaining the 
product temperature should be done by adjustment of the inlet fluidisation air 
temperature. All other process conditions should be chosen a-priori and kept fixed 
throughout the process.  
 
7.5. Table of symbols 
 
Symbols 
 
Unit 
A Contact (spray) area at the distance of D0 m
2 
BD  Bulk density of the particles kg/m3 
d32 Sauter mean droplet diameter m  
dp Mean particle diameter m  
D0 Normalised distance  m 
hbed Bed height m 
hmf Bed height at minimum fluidisation velocity m 
hnozzle  The height of the spray nozzle above the bottom of the 
fluidisation chamber 
m 
FN Flux Number  Dimensionless  
Lchamber Length from the air distributor plate to the fluidisation 
chamber exhaust exit 
m 
mliqq&  Mass spray flux  kg/(s·m
2) 
Qmliq The mass flow of liquid applied kg/s 
Stv Viscous Stokes number Dimensionless 
u0 Initial granule collision velocity m/s 
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vmf Minimum fluidisation velocity m/s 
ve Excess gas velocity m/s 
va Fluidisation (superficial) gas velocity m/s 
   
Greek   
   
εbed  Bed porosity Dimensionless 
ηliq  Coating solution viscosity kg/m·s 
ρg Granule density kg/m
3 
ρp Particle density kg/m
3 
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Chapter introduction  
 
Chapter eight introduces a novel scale-up principle in which two parameters are kept constant 
across three pilot fluid bed scales. The two parameters are the Drying Force (concerning 
fluidisation air temperature and humidity) and the Relative Droplet size (concerning nozzle 
liquid and atomisation air mass flows). This scale-up principle is introduced and validated 
with the aim of being able to match the tendency of agglomeration and particle size fractions 
as well as to match the coated granule impact and attrition strength across three pilot-scale 
fluid beds. The present chapter is published as a peer-reviewed scientific paper in the journal 
Powder Technology, volume 184, No. 3, pp. 318-332, 2008. The paper is entitled Top-spray 
fluid bed coating: Scale-up in terms of relative droplet size and drying force authored by 
Peter Dybdahl Hede (Technical University of Denmark), Poul Bach (Novozymes A/S) and 
Anker D. Jensen (Technical University of Denmark). The paper is referred to as Hede et al. 
(2008b). 
 
The following sections are exact reproductions of the paper, although the sections concerning 
equipment and materials have been left out (please refer to chapter five). Furthermore, the 
format of the paper has been adapted to that of this thesis.  
 
8. Top-spray fluid bed coating: Scale-up in terms of Relative Droplet size 
and Drying Force 
 
Abstract 
 
Top-spray fluid bed coating scale-up experiments have been performed in three scales in 
order to test the validity of two parameters as possible scaling parameters: the Drying Force 
and the Relative Droplet size. The aim was to be able to reproduce the degree of 
agglomeration, particle size fractions as well as the mechanical properties of the coated 
granules across scale. Two types of placebo enzyme granule cores were tested being non-
porous glass ballotini cores (180 - 350 µm) and low porosity sodium sulphate cores           
(180 - 350 µm). Both types of core materials were coated with aqueous solutions of Na2SO4 
using Dextrin as binder. Coating experiments were repeated for various Drying Force and 
Relative Droplet size values in three top-spray fluid bed scales being a small-scale (Type: 
GEA Aeromatic-Fielder Strea-1), medium-scale (Type: Niro MP-1) and large-scale (Type: 
GEA MP-2/3). The tendency of agglomeration was assessed in terms of particle size fractions 
larger than 425 µm determined by sieve analysis. Results indicated that the particle size 
distribution may be reproduced across scale with statistical valid precision by keeping the 
Drying Force and the Relative Droplet size constant across scale. It is also shown that neither 
of the two parameters alone may be used for successful scale-up. Morphology and microscope 
studies indicated that the coating layers are homogenous and have similar structures across 
scale only when both the Drying Force and the Relative Droplet size were fixed. Impact and 
attrition tests indicated that it is possible to produce granules with similar attrition and impact 
strength across scale, and that the two types of mechanical properties are inversely related.  
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8.1. Introduction 
 
In the production of solid enzyme products, coating of the enzyme formulation onto inactive 
filler cores in fluid beds is a common process. The desired product consists of 
unagglomerated individual carrier particles each coated homogeneously with a layer of an 
enzyme-containing matrix. If formulation or process conditions are incorrectly chosen, either 
excessive agglomeration or excessive spray drying of the feed may happen. In both cases a 
poor product quality is achieved, and in any case, control of agglomeration is essential during 
scale-up. Often product and process properties are optimised in small and medium pilot-scale 
fluid beds and then transferred to production-scale. The scale-up of a fluid bed granulation 
process requires decisions to be made at many levels. Scaling decisions must be closely 
related to a large number of parameters including: apparatus related (e.g. nozzle type and 
fluidisation chamber dimensions), parameters related to the core material (such as porosity, 
mechanical properties and more), coating solution (e.g. viscosity, surface tension, contact 
angle and more) and the type of fluid bed, input parameters, operating conditions including 
spray and fluidisation conditions as well as processing time etc. With such a variety of 
interlinked parameters and properties, combined with a lack of quantitative understanding of 
the coating process, it is obvious that scale-up of a fluid bed granulation process is a 
challenging task. 
 
A number of different scaling laws and principles have previously been suggested; in 
principle on either the unit-operation (macro) scale or on the particle-level (micro) scale. 
Recent work on scale-up of top-spray fluid bed granulation processes (e.g. by Mehta, 1988 
and Rambali et al., 2003) indicate successful scale-up of agglomeration processes from small-
scale fluid bed to large-scale fluid bed in terms of the so-called Relative Droplet size, defined 
as the liquid spray rate in g/min divided by the airflow through the nozzle in g/min squared 
according to equation 8.1. In the granulation experiments by Rambali et al. (2003) with corn 
starch and lactose monohydrate cores (mesh 200 µm) using an aqueous HPMC binder 
solution it was observed that the effect on mean granule size of the change in Relative Droplet 
size was different for each fluid bed scale, but that the granulation process was successful by 
scaling up to the large-scale bed from small-scale, considering only the Relative Droplet size. 
In their studies, the scale-up was restricted only to granule size having a target mean granule 
size of 400 µm, and other important granule properties such as porosity and flowability were 
not taken into account. Studies by Hede (2005) indicate that besides nozzle conditions the 
relative humidity as well as the temperature inside the fluidisation chamber during coating are 
important properties with respect to agglomeration. Both properties may be combined into a 
single parameter, the Drying Force, suggested to be kept constant during scale-up. In terms of 
fixed values of the Drying Force and the Relative Droplet size a range of vital process 
parameters are implicitly given. Hence, there is reason to believe that these two parameters 
are capable of controlling the tendency of agglomeration during fluid bed processing. The 
present paper aims at testing those two parameters as possible scaling parameters – alone as 
well as in combination – in a fluid bed coating context. The scale-up targets are to be able to 
reproduce the tendency of agglomeration, the entire particle size distribution as well as the 
mechanical properties of the coated granules across scale in terms of fixed values of the 
Drying Force and the Relative Droplet size. Match of these three properties across scale are 
vital for industrial fluid bed processes and products and are often subject to numerous trial-
and-error attempts in industry. 
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8.2. Experimental 
 
Sodium sulphate cores pre-sieved twice in the size range of 180 – 350 µm were used as core 
material. The sodium sulphate cores were coated with aqueous solutions of sodium sulphate 
in the amount of 15 w/w% using 1 w/w% (of the amount of sodium sulphate) Dextrin as 
binder. Demineralised water was used as solvent. Patent blue was added to the coating 
solution used in selected droplet penetration studies (see also chapter five). 
 
Similar to the experiments in chapter seven, it was verified by microscope analysis of the 
different fractions that coated granules with diameters above 425 µm consisted of 
agglomerates whereas particles below this limit were primarily single coated granules. Thus, 
this sieve orifice diameter was set as the agglomeration limit, and based on the weight of each 
of the fractions the degree of agglomeration was determined for each batch according to 
equation 7.8 (see chapter seven).  
 
The obtained fraction of coated granules between 355 µm and 425 µm was the fraction to be 
tested in the impact and attrition strength test equipment. Values for YAttrition and YBreakage 
were obtained with the use of equation 5.2 and 5.1, respectively (see chapter five). 
 
8.2.1. Scaling parameters and scaling procedure 
 
Based on the results by Mehta (1988), Rambali et al. (2003) scaled up a fluidised 
agglomeration process from small-scale (bed load: 5 kg) to medium- (bed load: 30 kg) and 
large-scale (bed load: 120 kg) by looking at the effect of the particle bed moisture contents 
during and at the end of the spraying process, and the effect of coating solution droplet size on 
the granule size. The fluidisation flow rate in m/s at the air distributor plate was kept constant 
in all their experiments in order to have approximately similar breaking forces on the 
granules. For the small- and medium-scale the same nozzle (liquid orifice diameter of         
1.8 mm) was used whereas a three-head nozzle (liquid orifice diameters of 3 x 3.0 mm) was 
used for the large-scale fluid bed. The droplet size was controlled in terms of a Relative 
Droplet size, RD, defined as the ratio of the coating solution mass spray rate spraym&  divided by 
the atomisation air mass flow rate through the nozzle air  nozzlem& squared according to equation 
8.1. 
 
2
air  nozzle
spray
)m(
m
RD
&
&
=  (8.1) 
 
The idea of RD is to maintain a similar droplet size across scale and the value of RD is only 
unambiguous if both the nozzle pressure and the liquid feed rate are chosen. Rambali et al. 
(2003) claim that the Düsen-Schlick manufacturer of two-fluid nozzles have found that the 
droplet size is proportional to the ratio in equation 8.1. This is in agreement with Masters 
(1972) suggesting that the mean spray droplet size ddr produced by pneumatic two-fluid 
nozzles follows the general relation in equation 8.2. 
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where vrel is the relative velocity between air and liquid at the nozzle outlet and ρair is the 
atomisation air density. The exponents α and β are functions of nozzle design and A and B are 
constants involving both nozzle design and liquid properties. The general relationship in 
equation 8.2 indicates that the relation in equation 8.1 has some influence towards the mean 
droplet size, although the exponent of 2 in the denominator in equation 8.1 is yet to be 
explained. 
 
Results by Hede (2005) indicate that a so-called Drying Force parameter (DF) is closely 
related to the tendency of agglomeration during fluid bed coating. The Drying Force 
combines the bed temperature and outlet relative humidity (assumed equal to the average bed 
relative humidity as it is measured in the three fluid bed set-ups at some short distance above 
the nozzle outlet within the dispersed phase) during steady state coating conditions according 
to equation 8.3, hereby indicating the fluidisation air moisture evaporation force.  
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where Psat is the saturated vapour pressure at the dry bulb bed temperature.  
 
In order to test the scalability in terms of the Drying Force, different levels of the bed 
temperature were chosen and fixed. The humidity of the inlet air could not be controlled in 
any of the three fluid bed set-ups, but they were all recorded and no significant variation was 
observed. Equation 8.3 indicates furthermore, that the Drying Force is less sensitive to the 
relative humidity than to the bed temperature. Thus, it was possible to maintain the Drying 
Force at almost distinct levels without being able to precisely control the humidity of the inlet 
air.  
 
The fluidisation velocity in m/s was kept constant at 3.3 m/s at a height in the fluidisation 
chamber just above the bottom plate through all experiments and across scale, in order to try 
to maintain a similar granule collision velocity as well as a similar level of attrition across 
scale. All three types of fluid beds have a conical fluidisation chamber shape, but the wall 
angles, bottom plate and other length dimensions are not dimensionally consistent going from 
small- to medium- and large-scale (see chapter five). A fluidisation velocity just above the 
bottom plate at 3.3 m/s corresponds to 93 Nm3/hr in the Strea-1 set-up, 270 Nm3/hr in the 
MP-1 and 680 Nm3/hr in the MP-2/3 set-up.  
 
In the present studies, the Relative Droplet size was kept constant during scale-up as the 
nozzle pressure was kept constant at two distinct levels (1 bar or 3 bar) in each scale and the 
liquid feed rate to the nozzle controlled and fixed at the tube pump in order to maintain a 
constant Relative Droplet size across scale. Even though the nozzle liquid orifice diameter of 
1.2 mm and the nozzle pressure were identical in all three scales, the atomisation airflow in 
g/min were not identical as the nozzle air annulus orifices were different for each type of 
nozzle. This means in other words that for fixed values of the Relative Droplet size the nozzle 
liquid feed flow in g/min and the nozzle airflows in g/min were different for each fluid bed 
scale. Initial experiments had to be conducted in order to determine the airflow through the 
nozzle for different nozzle pressures without connecting the liquid feed. This was done by 
connecting a simple household gas-meter to the nozzle outlet and then measure the airflow 
rate versus the nozzle pressure. The Relative Droplet size was kept constant across scale as 
follows: Knowing the airflow rate through the given nozzle at a given nozzle pressure, the 
value of the Relative Droplet size from the small-scale fluid bed was kept constant during up-
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scaling by calculating the liquid feed rate in g/min necessary to achieve an identical Relative 
Droplet size in the medium- and large-scale. The tube pump was thereby adjusted and fixed at 
this value throughout the coating experiment. With the given choice of Drying Force value 
and the choice of bed temperature, only the inlet fluidisation air temperature was changed in 
each experiment in order to match the Drying Force and the Relative Droplet size across 
scale.  
 
In accordance with coating guidelines presented in chapter five the core bed load was heated 
prior to coating until the relative humidity inside the fluidisation chamber was constant. In 
each coating operation the aim was to coat until the bed load had increased 20 w/w%, in order 
to make sure that a reasonable coating layer ( ~ 5-10 µm) had developed on the core particles. 
For all the experiments in this paper, the batch weight gain was in the range of 18.7 w/w% - 
19.5 w/w% indicating little loss of core material as well as little loss of coating solution due to 
spray drying.  
 
8.3. Results and Discussion 
 
8.3.1. Reproducibility of data 
 
Quantitative data analysis requires certainty of reproducibility of data as well as knowledge of 
equipment variances. Several reproducibility issues have been treated in the present paper. 
First of all, the reproducibility of size fraction data from the sieve analysis was adressed. Ten 
samples from a representative coated batch were sieved separately in order to determine a 
standard deviation for the Retsch Sieve Shaker AS 200 control equipment (see also chapter 
five). In terms of the agglomeration percentage, it was seen that the standard deviation was 
0.82 % thereby indicating that different batches having agglomeration percentages in the 
range of ± 1.64 % are not statistically different.    
 
The reproducibility of data from the three different fluid bed scales was tested by performing 
two experiments with identical process and formulation conditions for each of the three fluid 
bed scales. As it may be seen from table 8-1, the agglomeration percentage is well repeated 
within all three fluid bed types.  
 
Table 8-1: Verification of the reproducibility of data from the three different fluid bed scales. The bed 
temperature was maintained at 55 ºC and the nozzle pressure was kept at 1 bar in all experiments. 
Sodium sulphate cores (180 – 350 µm) were used in all experiments and the coating solution was the 
standard 15 w/w % Na2SO4 solution with 1 w/w% Dextrin as binder. 
Fluid bed scale Experiment 1 Experiment 2 P-value from the χ
2
 test 
Strea-1 (Small-scale) Aggl % = 49.0 % Aggl % = 49.8 % 0.21 
MP-1 (Medium-scale) Aggl % = 41.3 % Aggl % = 40.7 % 0.92 
MP-2/3 (Large-scale) Aggl % = 35.9 % Aggl % = 37.1 0.16 
 
Formally, the reproducibility of the agglomeration percentage within the ± 1.64 % interval 
does not necessarily indicate that the particle size distribution also is reproduced, as the 
different size classes do not necessarily have to be identical in order to achieve a similar 
agglomeration percentage. In order to check this, a χ2 test was performed for all nine size 
classes in the two identical experiments for each scale (in case any of the size fractions were 
in the range of 0.01 w/w %, the size class was pooled into the next size class, as χ2 tests on 
very small intervals may lead to false conclusions). The χ2 test is used throughout the paper as 
it is a simple and widely used test for statistical significant analysis of categorical data as the 
sieve fractions. 
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As observed from table 8-1, all the P-values are far above 0.05 (corresponding to a 95 % 
confidence interval) indicating that the six different particle size distributions are well 
reproduced in pairs. The conclusion from these first experiments is that, with identical process 
and formulation conditions, it is possible to reproduce data in all three scales with sufficient 
accuracy to perform statistical quantitative analysis and comparison of the data.  
 
8.3.2. Matching the agglomeration percentages and particle size fractions across scale 
 
In order to test the applicability of the Drying Force and Relative Droplet size as scaling 
parameters, a campaign of different fluid bed coating experiments was set up. An overview of 
the different experiments may be seen from table 8-2. 
 
Table 8-2: Overview of the scaling experiments.  
Fluid bed 
equipment 
Experiment code Core material Bed temp. 
(target) 
Nozzle pressure 
S1 Na2SO4 55 ºC 3 bar 
S2 Glass ballotini 55 ºC 3 bar 
S3 Na2SO4 55 ºC 1 bar 
S4 Na2SO4 50 ºC 3 bar 
S5 Na2SO4 45 ºC 3 bar 
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S7 Glass ballotini 55 ºC 1 bar 
M1 Na2SO4 55 ºC 3 bar 
M2 Glass ballotini 55 ºC 3 bar 
M3 Na2SO4 55 ºC 1 bar 
M4 Na2SO4 50 ºC 3 bar 
M5 Na2SO4 45 ºC 3 bar 
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M7 Glass ballotini 55 ºC 1 bar 
L1 Na2SO4 55 ºC 3 bar 
L2 Glass ballotini 55 ºC 3 bar 
L3 Na2SO4 55 ºC 1 bar 
L4 Na2SO4 50 ºC 3 bar 
L5 Na2SO4 45 ºC 3 bar 
M
P
-2
/3
 
(L
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) 
L7 Glass ballotini 55 ºC 1 bar 
 
The conditions for the eighteen coating experiments (six in each fluid bed scale) in table 8-2 
were carefully chosen in order to test the influence of the various parameters involved in the 
fluid bed coating process including the influence of the Drying Force, the Relative Droplet 
size and the type of core material. The experiments were conducted in a six week period 
under similar weather conditions with room temperatures around 23 ºC and room humidities 
in the range of 35 - 39 rH%. 
 
Important to note is that the coating time increased with scale. Whereas the coating time in 
the small-scale took about 30 minutes (drying phase ~ 4 - 5 minutes) and about 1 hour and 30 
minutes in the medium-scale (drying phase ~ 5 - 8 minutes), the coating time in the large 
scale took about 3 hours and 30 minutes (drying phase ~ 9 - 15 minutes). Seen in respect to 
the difference in core material bed load with scale this means that the coating time is roughly 
60 minutes per kg core material in the small-scale, 23 min/kg in the medium-scale and 9 
min/kg in the large scale. These coating conditions are in the intense end of the usual range 
for all three scales. 
 
As the absolute coating process times are so different according to the fluid bed scale, a 
phenomenon such as attrition is an important phenomenon to consider regarding the match of 
particle size distribution across fluid bed scale. Formally, it seems to be important whether the 
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particles are coated in 30 minutes or in 3 hours. However, the level of attrition is not in any 
way linearly dependent on time. Results by Hede (2005) have shown that rather than a linear 
relationship between the amount of attrition and processing time, there is a power-law 
relationship (the so-called Gwyn relationship presented first by Gwyn (1969) – see chapter 
three). This means that the majority of the debris caused by attrition is produced in the first 
phase of fluidisation, and thereby that the total amount of debris is not significantly affected 
by a prolonged processing time. At the fluidisation velocities used in the present studies the 
majority of debris is produced within the first 15 minutes of fluidisation. Hence, concerning 
the level of attrition it is of minor practical importance whether the coating process time lasts 
30 minutes or 3 hours and 30 minutes. 
 
A schematic overview of the resulting agglomeration percentages and levels of corresponding 
Drying Forces and Relative Droplet sizes may be seen from table 8-3. Note that the rightmost 
column shows P-values from χ2 tests performed on the three sets of sieve fractions within the 
same scaling attempt.  
 
There are many interesting things to extract from the results in table 8-3. Going horizontally 
in table 8-3, the Drying Force as well as the Relative Droplet size are maintained whereas 
either one or both of these parameters are changed going in the vertical direction. Comparing 
scaling attempt A, D and E, in which only the Relative Droplet size has been kept constant, it 
becomes evident that there is a relation between the Drying Force and the agglomeration 
tendency, but also that the relation is not in any way linear. E.g., the Drying Force has been 
reduced from around 12 kPa in attempt A to around 8.5 kPa in attempt D whereas the 
agglomeration percentages are not statistically significant different. When further reducing the 
Drying Force to around 6 kPa, the agglomeration tendency increases significantly. These 
tendencies are qualitatively reasonable since a higher agglomeration tendency is expected 
with decreasing Drying Force due to slower drying rate. With decreasing Drying Force the 
coating droplets will dry slower leaving the coating layer wet for a longer time on the core 
surfaces, hereby increasing the chance of liquid bridge building between particles, again 
resulting in solid bridge formation upon evaporation of the solvent and thereby permanent 
agglomeration.  
 
The influence of the Relative Droplet size on the agglomeration tendency may be observed 
from the comparison of scaling attempt A and C. Going from attempt A to C, the Relative 
Droplet size is roughly increased seven times whereas the agglomeration tendency is 
increased more than thirty-five times. This tendency seems qualitatively reasonable. With the 
increased Relative Droplet size, the actual droplet size is increased as well, although not as 
much as seven times as it will be discussed in a coming section. With increased droplet 
diameter under similar Drying Force conditions, the larger droplets will remain wet for a 
longer time thereby increasing the chance of liquid bridge building between particles and 
thereby the chance of agglomeration.  
 
Comparing the agglomeration tendencies within each scale in attempt A, D and E as well as 
in attempt A and C indicates that granulation process control in terms of either Drying Force 
alone or Relative Droplet size alone is not a successful choice, as the agglomeration tendency 
within each scale cannot be maintained in terms of fixing either of these parameters alone. 
Next is to determine whether or not a combination of the Relative Droplet size and the Drying 
Force may be applied for successful scale-up. 
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Table 8-3: Overview of results from the six scaling attempts in terms of Relative Droplet size (RD) in 
min/gram and Drying Force (DF) in kPa. The P-values in the rightmost column arise from a χ
2
 test of the 
three sets of sieved fractions within the same scaling attempt. Scaling attempt B and F were carried out 
with glass ballotini cores whereas the other scaling attempts were done with sodium sulphate cores. 
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Comparing the agglomeration tendencies from the six scaling attempts, and the corresponding 
P-values from the χ2 tests, indicates that successful scale-up is achieved in scaling attempt A, 
B, D and F all having agglomeration percentages far inside the ± 1.64 % range within each 
scaling attempt, and furthermore all having P-values above 0.05. This means that not only are 
the cut-off values corresponding to the agglomeration percentages matched across three 
scales, but, in addition, the different particle size fractions are identical on a 95 % confidence 
level. An example of how well the particle size classes are matched across scale may be seen 
from figure 8.1 showing a Rosin-Rammler-Sperling-Bennet plot of the particle size fractions 
from scaling attempt D. Interestingly, the best results are found with the glass ballotini core 
experiments in scaling attempt B and F. Here the tendency of agglomeration is closely 
reproduced across scale, and the P-values are far above 0.05 indicating high reproducibility of 
the particle size fractions. The glass ballotini cores may in many ways be seen as the ideal 
core material. Besides being almost perfectly spherical, glass ballotini cores are furthermore 
non-porous and so an issue such as droplet penetration is not likely to interfere with the 
tendency of agglomeration in the same complex manner as it may be the case with sodium 
sulphate cores. The comparison of scaling attempt A with B and attempt C with F indicate, 
however, that the agglomeration tendency is fairly similar on an overall level whether the core 
material is sodium sulphate or glass ballotini. The somewhat smaller agglomeration 
tendencies in the medium- and large-scale experiments in attempt C compared to attempt F 
may indicate that possible droplet penetration into the sodium sulphate cores could result in 
decreased tendency of agglomeration in accordance with other experiments by Hede (2005).  
 
Figure 8.1: RRSB-plot (Rosin-Rammler-Sperling-Bennet) of particle size fractions from  
scaling attempt D. On the x-axis are the particle diameters and on the y-axis is the particle  
sum distribution Q3 in relation to particle volume. 
 
The scaling attempts C and E are statistically unsuccessful as the agglomeration percentages 
are beyond the ± 1.64 % range. Likewise are the P-values from the χ2 tests below the 0.05 
limit although scaling attempt C is not far away with a P-value of 0.02. The scaling attempts 
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C and E are characterised by having a combination of a high Relative Droplet size and high 
Drying Force, and a combination of a low Drying Force and low Relative Droplet size, 
respectively, which means that the experiments could be in the extreme ends of the plausible 
range of the Drying Force and Relative Droplet size parameters. This could explain why these 
two scaling attempts are not successful while the others are.  
 
8.3.3. Morphology and droplet penetration studies  
 
Although maintaining the particle size distribution across scale is essential for most practical 
applications of fluid bed coating processes, issues such as the coating layer morphology and 
appearance may also have a significant importance regarding the final product properties. 
Morphology of the coating layer may not necessarily be identical just because the 
agglomeration tendency and particle size fractions are, and this may again strongly affect the 
mechanical properties of the granules as observed previously by Beekman (2000) and Hede et 
al. (2007a) among others. In order to test this, selected coated granule batches from all three 
scales were examined in optical microscope (Olympus KL 1500 LCD) and further by SEM 
(JEOL Scanning Electron Microscope). 
 
 
 
Figure 8.2: SEM pictures from scaling attempt A. Above left) Sodium sulphate core coated in small-
scale. Above right) Sodium sulphate core coated in medium-scale. Below) Sodium sulphate core coated 
in large-scale. 
 
An example of SEM pictures of sodium sulphate cores coated in three different fluid bed 
scales from the same scaling attempt A may be seen in figure 8.2. As observed, the 
morphology of the coating layer is relatively homogenous in all three cases and there is no 
significant difference in smoothness among the three batches. The coating layer structure of 
granules from the medium-scale batch M1 from the same scaling attempt A was furthermore 
examined in a number of cut-through profiles in SEM. As seen from a typical profile in figure 
8.3, there are primarily amorphous regions in the coating layer with some crystalline regions. 
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The coating layer is well attached to the core structure and it is difficult to distinguish 
between the coating layer and the core. Good adhesion of the coating layer often implies good 
coating layer mechanical properties, which are almost always desirable for practical 
applications of coated granules (Beekman, 2000).  
 
The process conditions used to coat the three granules in figure 8.2 and the granule in figure 
8.3 have a high Drying Force and low Relative Droplet size. This indicates that the bed 
temperature was high and the average coating solution droplet diameter small during coating. 
That a high nozzle pressure and a high bed temperature lead to a strong and homogenous 
coating layer structure is in full accordance with previous fluid bed coating experiments 
performed by Hede et al. (2007a). Although one might have expected that large droplets and 
low bed temperature would be optimal conditions for the coating droplets to merge 
homogenously together on the core surface, there is now sufficient evidence to state that this 
is not likely to always be the case. Instead, it seems more optimal in terms of morphology to 
coat each particle with many small droplets that dry fast enough to produce an amorphous 
coating layer structure. These tendencies, however, have only been observed so far for 
relative dilute coating solutions with dry-matter contents not exceeding 15 w/w%. Probably, 
with such low dry-matter contents, a certain re-dissolution of the outer coating layer takes 
place upon impact with new droplets and this seems to have a beneficial effect on the 
compactness and homogeneity of the final coating morphology. 
 
 
Figure 8.3: A typical cut-through profile of a coated sodium sulphate core from batch M1. 
 
The effect of the Relative Droplet size and thereby the actual average droplet size on 
morphology was further studied by comparison of SEM pictures from experiment M2 and 
M7, in which only the Relative Droplet size was changed in medium-scale glass ballotini core 
experiments. As observed from figure 8.4, the effect of increasing the Relative Droplet size 
seven times, which corresponds to an increase in the Sauter mean droplet diameter (d32) from 
roughly 8 µm to 21 µm estimated with the use of equation 2.1 (see chapter two), is quite clear. 
Although both granules have relatively smooth coating surfaces, the droplet footprints are 
significantly larger on the lowest photo. Apparently, the large droplets have not had sufficient 
time to merge homogenously together before complete drying. This slightly uneven coating 
may very well result in poor mechanical properties with possible chance of chipping off 
flakes of the coating layer upon granule impact. This is further investigated in section 8.3.4. 
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Figure 8.4: Effect of RD and actual average droplet size on coating layer morphology. Top) Coated glass 
ballotini core from experiment M2. Bottom) Coated glass ballotini core from experiment M7. 
 
The influence of droplet penetration for the mechanical strength and morphology of a coating 
layer was observed by Hede et al. (2007a). In the present studies, cut-through samples of 
coated granules from scaling attempt A, C and E was examined in optical microscope. 
Although the conditions, under which the granules from these three scaling attempts were 
processed, are quite different, the level of droplet penetration was significant and similar in all 
cases. Typical cut-through pictures from batch S4 and M5 may be seen in figure 8.5. As 
observed, the blue colour from the coating solution has penetrated almost equally all through 
the otherwise white sodium sulphate core. As the composition of the coating liquid solution is 
similar throughout the experiments, the similar level of droplet penetration is in accordance 
with expectations (Hede, 2006). Results by Hede (2005) indicate that it is the viscosity of the 
coating solution that has the primary influence on droplet penetration, whereas parameters 
such as droplet size and bed temperature only play secondary roles in that respect. 
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8.3.4. Impact and attrition strength test results 
 
Mechanical strength tests in the form of impact and attrition tests were carried out for all the 
18 batches according to the principles in section 5.2 (see chapter five). A schematic overview 
of the resulting impact strength and attrition results from the 18 batches may be seen from 
table 8-4. Note that the two rightmost columns show P-values from χ2 tests performed on the 
three sets of attrition and PIG data, respectively, within the same scaling attempt. The choice 
to use χ2 tests to determine whether or not the attrition and impact strength were repeated 
across scale was necessary due to the large spread in the values in table 8-4. As the strength 
values are widespread it is not possible to simply find a statistically sound standard deviation 
and to use this to determine how well the strength results are matched across scale, as was 
done statistically with the agglomeration data.  
 
Table 8-4: Overview of the mechanical strength test results from the six scaling attempts. Scaling attempt 
B and F were carried out with glass ballotini cores whereas the other scaling attempts were done with 
sodium sulphate cores. 
Strea-1 
 (small-scale) 
MP-1 
(medium-scale) 
MP-2/3 
(Large-scale) 
Scaling 
attempt 
Tbed 
in ºC 
Pnozzle 
in bar 
YAttrition YBreakage YAttrition YBreakage YAttrition YBreakage 
P-value 
from χ2 test 
of attrition 
tests 
P-value 
from χ2 
test of PIG 
tests  
A 55 3 0.06 % 4.6 % 0.04 % 14.2 % 0.09 % 11.1 % 0.12 < 0.01 
           
B 55  3 0.20 % 7.6 % 1.26 % 8.1% 2.13 % 7.9 % < 0.01 0.19 
           
C 55  1 0.16 % 6.1 % 0.08 % 9.4 % 0.14 % 7.8 % 0.03 0.06 
           
D 50  3 0.03 % 4.3 % 0.08% 10.5% 0.05% 8.3 % 0.09 0.01 
           
E 45  3 0.05 % 6.5 % 0.07 % 10.1 % 0.15 % 11.0 % < 0.01 0.02 
           
F 55  1 0.40 % 5.9 % 3.38 % 7.1 % 5.85 % 6.3 % < 0.01 0.14 
 
Analysing the impact strength and attrition strength results separately in table 8-4 reveals 
several interesting things. It may be observed from table 8-4 that in only two scaling attempts 
A and D the attrition values are well matched across scale on a 95 % confidence level, as the 
P-values both exceed 0.05. These two scaling attempts have both used sodium sulphate cores 
as core material, and these two batches were the only ones with this core material that were 
 
Figure 8.5: Cut-through samples of: Left) Coated sodium sulphate cores from experiment S4.  
Right) Coated sodium sulphate cores from experiment M5. 
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also successful in terms of matching the agglomeration tendency and particle size fraction in 
table 8-3. It is interesting that the successful match of attrition strength in scaling attempt A 
and D are associated with some of the lowest attrition values in table 8-4. This is most likely 
no coincidence. It is reasonable to expect that if two batches have granules highly resistant to 
attrition it will be much easier to match the amount of dust created compared to two batches 
that contains a higher proportion of weak granules. This is due to the fact that just a small 
portion of weak granules may unpredictably create relative large amounts of dust decreasing 
the chance of repeatable results.  
 
Interestingly, the two scaling attempts B and F are unsuccessful regarding attrition. By far the 
worst attrition strength in table 8-4 is observed for the glass ballotini cores. As these cores are 
non-porous the coating droplets have no possibility to penetrate into the core structure and to 
build a cohesive structure to the same extent as with the sodium sulphate cores. Furthermore, 
it is reasonable to believe that the sodium sulphate coating attaches worse to glass ballotini 
cores than to sodium sulphate cores. This is likely to cause the poor attrition strength for these 
batches as is observed from table 8-4. As with scaling attempts B and F, the other scaling 
attempts C and E are unsuccessful towards the match of attrition strength. There is, however, 
one important overall tendency to extract from the scaling attempts B, C, E and F: It seems as 
if the attrition strength decreases with increasing scale meaning that the strongest granules are 
produced in the smallest scale. In a scale-up perspective this is an important discovery.  
 
Regarding the match of impact strength across scale the tendencies in table 8-4 are somewhat 
the opposite of the attrition tendencies. It may be seen from the P-values in the right-most 
column in table 8-4 that the impact strength tendencies were matched well in scaling attempt 
B, C and F whereas all the other scaling attempts were unsuccessful in that respect. As 
discussed earlier those three scaling attempts B, C and F all failed in the attempt to reproduce 
attrition strength across scale. Two of these scaling attempts have used glass ballotini cores 
and so it seems as if the impact breakage mechanisms are more well-defined and thereby 
easier to reproduce if the core materials are glass ballotini cores instead of sodium sulphate 
cores. Although being in the high end of the observed impact strength tendencies, the 
breakage percentages for the scaling attempts B and F are not significantly larger than the 
breakage percentages observed for the sodium sulphate cores. In fact the impact strengths of 
the granules in scaling attempt F are among the best. Another interesting thing to note from 
table 8-4 is that in general the particles with the poorest impact strength are produced in the 
medium-scale whereas the coated granules with the best impact strength are produced in the 
small-scale. This means in all that granules coated in the small-scale fluid bed have the best 
attrition as well as the best impact strength.   
 
Overall, the results in table 8-4 reveal an interesting general point, namely that good impact 
strength properties often mean poor attrition properties. The table also reveals that within a 
given fluid bed scale, a low agglomeration tendency gives granules with poor impact strength, 
but with good attrition properties although the tendency is not unambiguous. This may also be 
observed from figure 8.6 showing the measured Yattrition values versus the measured Ybreakage 
values. Especially if the values for the small-scale fluid bed are left out a reciprocal tendency 
appears. Attrition mechanisms and failure due to impacts are in nature different, and from a 
theoretical point of view it seems reasonable that the two types of properties are inversely 
related. Whereas attrition often occurs as a result of gradual small-force wear (e.g. erosion, 
peeling or simply fatigue), fragmentation or chipping of the coating layer due to impacts on 
the other hand often occur at once and as a widespread damage phenomena (Beekman, 2000 
and Pitchumani et al., 2003). This means that if a granule should be resistant to attrition, 
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surface cracks in the coating layer should not be able to propagate. This requires a dense 
homogenous coating layer as has been observed in the SEM pictures for the coated sodium 
sulphate cores. By correlating the observations from the SEM pictures with the attrition 
results in table 8-4, it seems reasonable to state that the attrition strength resistance increases 
with increasing homogeneity of the coating layer surface.  
 
 
High impact strength resistance is somewhat different from attrition strength resistance as it 
requires a hindrance of crack propagation not just in the coating layer, but also in the granule 
bulk phase. As the glass ballotini cores are denser and mechanically stronger compared to 
sodium sulphate cores, it is reasonable to expect a higher resistance towards crack 
propagation in the glass core structure than with the sodium sulphate cores. In accordance 
with this, the best impact strength tendencies are observed with the coated glass ballotini 
cores. Most likely more of the coating layer itself is removed upon impact compared to the 
coated sodium sulphate cores, due to a lower force of cohesion between the glass cores and 
coating layer as discussed earlier, but as the core structure remains relatively unaffected by 
the impacts, smaller amounts of fines is created on a weight basis. Thus a better impact 
strength value is observed for the coated glass ballotini cores, although this in reality does not 
necessarily mean that less of the coating layer is removed upon impact. 
 
8.4. Conclusion 
 
On an overall level, successful up-scaling of top-spray fluid bed coated particles by 48 times 
in weight from the small-scale over medium-scale to the large-scale fluid bed has been 
achieved. The tendency of agglomeration and particle size distribution were repeated across 
scale. Although two of the six scaling attempts were statistically unsuccessful with respect to 
agglomeration tendency, and clearly illustrates the limitations of the Drying Force and 
Relative Droplet size as universal scaling parameters, the scaling results presented in this 
paper are promising in terms of maintaining particle size fractions across scale. The best 
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Figure 8.6: Graph showing the measured Yattrition values versus the measured Ybreakage values. 
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results were achieved with non-porous highly spherical glass ballotini cores, but also 
statistically sound scale-up results were achieved with commercial sodium sulphate cores. 
 
Studies of coated granules by SEM and by visual microscopy showed similar coating 
morphology across scale when the Drying Force and the Relative Droplet size were kept 
constant. Impact and attrition strength tests showed some scattering in the tendencies. The 
best impact strength tendencies were observed with the coated glass ballotini cores, whereas 
the best attrition strength values were observed with sodium sulphate cores coated under 
conditions with high bed temperature and high nozzle pressure. It was observed how high 
impact strength is often inversely related to high attrition strength. 
 
The results presented in this paper suggest that two parameters should be kept constant during 
scale-up: A Drying Force parameter combining bed temperature with humidity conditions 
inside the fluidisation chamber during steady state coating conditions, and a Relative Droplet 
size parameter relating the liquid nozzle feed rate to the nozzle atomisation airflow. The 
present scale-up attempts thereby focus on nozzle conditions as well as on temperature and 
humidity conditions during steady state coating – all properties known to be of major 
importance regarding agglomeration tendency and coating layer properties. The paper further 
propose that nozzle conditions are fixed throughout the coating process and that conditions 
inside the fluidisation chamber are adjusted only in terms of the inlet air temperature. 
 
Scale-up in terms of combined Drying Force and Relative Droplet size is a new proposal 
involving both the particle-level and the unit-operation scale perspective on fluid bed coating. 
The principles presented in this paper provide simple engineering principles for scale-up of 
fluid bed coating processes. 
 
8.5. Table of symbols 
 
Symbols 
 
Unit 
A Constant  Dimensionless 
B Constant  Dimensionless 
d32 The Sauter mean droplet diameter µm 
ddr Droplet diameter µm 
DF Drying Force kPa 
air  nozzlem&  Atomisation air mass flow rate  kg/s 
spraym&  Coating solution mass spray rate  kg/s 
Psat Saturated vapour pressure  Pa 
RD Relative Droplet size s/kg or min/g  
vrel The difference between the nozzle atomisation air 
velocity and the liquid velocity at the nozzle outlet 
m/s 
YAttrition Attrition percentage parameter Dimensionless 
YBreakage Breakage percentage parameter Dimensionless 
   
Greek   
   
α Function of nozzle design Dimensionless 
β Function of nozzle design  Dimensionless 
ρair Atomisation air density kg/m
3 
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Chapter 9. Heat and mass transfer modelling of fluid bed coating  
 
 
Chapter introduction  
 
Chapter nine concerns the scale-up of the top-spray salt coating process in terms of a dynamic 
heat and mass transfer lumped-region model being set up and implemented into Matlab. On 
the basis of selected experiments from chapter six to eight, model simulations are performed 
in order to validate the model and to obtain detailed scale-up insight. Furthermore, 
simulations of a 900 kg production-scale fluid bed are made and valuable conclusions 
regarding scale-up in general are drawn. 
 
The present chapter is published as a peer-reviewed scientific paper in the journal Chemical 
Engineering Science, Vol. 64, No.6, pp. 1293-1317, 2009 and is entitled: Batch top-spray 
fluid bed coating: Scale-up insight using dynamic heat and mass transfer modelling authored 
by Peter Dybdahl Hede (Technical University of Denmark), Poul Bach (Novozymes A/S) and 
Anker D. Jensen (Technical University of Denmark). The paper is referred to as Hede et al. 
(2008g). The following sections are exact reproductions of the published paper, although the 
format has been adapted to that of this thesis.  
 
9. Batch top-spray fluid bed coating: Scale-up insight using dynamic heat 
and mass transfer modelling 
 
Abstract 
 
A mathematical model was developed for batch top-spray fluid bed coating processes based 
on Ronsse et al. (2007a,b). The model is based on one-dimensional discretisation of the fluid 
bed into a number of well-mixed control volumes. In each control volume, dynamic heat and 
mass balances were set up allowing the simulation of the contents of water vapour, water on 
core particles and deposited coating mass as well as fluidisation gas, particle and chamber 
wall temperature. The model was used to test different scale-up principles by comparing 
simulation results with experimental temperature and humidity data obtained from inorganic 
salt coating of placebo cores in three pilot fluid bed scales being a 0.5 kg small-scale (GEA 
Aeromatic-Fielder Strea-1), 4 kg medium-scale (GEA Niro MP-1) and 24 kg large-scale 
(GEA MP-2/3). Results show good agreement between simulated and experimental outlet 
fluidisation air temperature and humidity as well as bed temperature data. Simulations reveal 
that vertical temperature and humidity gradients increase significantly with increasing scale 
and that in fluid beds as the simulated 900 kg (RICA-TEC Anhydro) production-scale, the 
gradients become too large to use the simple combined Drying Force/Relative Droplet size 
scale-up approach without also increasing the inlet fluidisation air temperature significantly. 
Instead, scale-up in terms of combinations of the viscous Stokes theory with simulated 
particle liquid layer profiles (obtained with the model) is suggested. In this way, the given 
fluid bed scale may be optimised in terms of low agglomeration tendency for a given process 
intensity across scale.  
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9.1. Introduction 
 
In the chemical and pharmaceutical industry sensitive biological solid products, such as 
enzyme containing granules, are often produced by coating the active ingredient onto inactive 
filler cores in fluid beds. The desired product thereby consists of unagglomerated individual 
carrier particles each coated homogeneously with a layer of the active ingredient. Besides 
being able to maintain and protect the activity of the active ingredient, process optimisation 
often goes in the direction of finding correct formulation and process conditions in order to 
balance between excessive agglomeration and excessive spray drying of the feed (van Ee et 
al., 1997). If either of the phenomena is dominant, a poor product quality is achieved. In any 
case, control of agglomeration is essential during scale-up and this is known to be closely 
connected to the humidity and temperature inside the fluidisation chamber during the process 
(Hede et al., 2008b). For the sake of activity of the active ingredient, control of the humidity 
and temperature throughout the coating process is likewise of utmost importance (van Ee et 
al., 1997). 
 
In industry, product and process properties are typically optimised in small- and medium-
scale pilot fluid beds and then transferred to production-scale. The scale-up of a fluid bed 
granulation process requires decisions to be made at many levels, including: fixed parameters 
(e.g. nozzle and fluidisation chamber dimensions), parameters related to the core material 
(such as price, composition, porosity, sphericity and more), coating solution (e.g. viscosity, 
work of adhesion and more) and the type of fluid bed, input parameters, operating conditions 
including spray and fluidisation conditions as well as processing time etc. With such a variety 
of interlinked parameters and properties, combined with a lack of quantitative understanding 
of the granulation process, it is obvious that scale-up of a fluid bed granulation process is a 
challenging task (Hede et. al., 2008a,b). 
 
Up-scaling of fluid bed processes is a common industrial engineering exercise and up to now 
the field has not had much academic interest. Typically, the task goes in the direction of 
matching first of all the particle size distribution across scale and, secondly, if possible at the 
same time, to maintain a high-intensity process during scale-up. Other scale-up targets include 
morphology and appearance as well as mechanical properties of the final coating layer (van 
Ee et al., 1997). As reviewed by Hede (2006) advances in scaling principles are often done in 
industry and typically only reach the public in the form of patents. Recent papers by e.g. 
Rambali et al. (2003), Boerefijn & Hounslow (2005) and Hede et al. (2008a,b) indicate some 
progress in the field although the scale-up procedures are somewhat different. Mort (2005) 
suggests that scale-up of wet-granulation processes should focus on combined particle-level 
and unit-operation-level properties and variables. Hede et al. (2008b) followed these trends by 
suggesting scale-up in terms of a combined Drying Force and a Relative Droplet parameter 
explained in detail later (see equation 9.2 and 9.3). These principles focus especially on 
temperature and humidity conditions as well as on nozzle conditions. However, there are also 
limitations to the application of these scale-up principles in terms of keeping the 
agglomeration tendency as low as possible at maximum process intensity. The Flux Number 
(see equation 9.4) suggested by Akkermans et al. (1998) is a different approach as the primary 
focus here is the balance between the particle flux in the spray zone and the liquid spray flux 
that wets the solids. The validation of the Flux Number by Hede et al. (2008a) indicate that it 
does not perform as good, with respect to agglomeration tendency, as the principles by Hede 
et al. (2008b) in the context of coating placebo cores with inorganic salt solutions. 
Nevertheless, neither of these simple scale-up principles provides detailed insight into the 
processes and conditions inside the bed. It is believed that temperature and humidity profiles 
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play an important role, but it is difficult to obtain detailed experimental insight into how these 
variables distribute vertically through the bed. Typically, the bed temperature is measured at 
one location only and the adjustment of the inlet fluidisation air temperature is based on this 
single measurement. It is hereby assumed that the measured temperature is representative for 
the entire bed which is not necessarily the case.  
 
It is the aim of this paper to investigate the scale-up of top-spray fluid bed coating processes. 
Selected experimental data from previous (scale-up) studies by Hede et al. (2008a,b) are 
chosen, and simulations are performed in order to be able to explain the agglomeration 
outcome for these experiments. Simulations are done in terms of a thermodynamic heat and 
mass transfer model by which it becomes possible to obtain steady state temperature and 
humidity profiles as well as particle moisture profiles vertically through the bed. Viscous 
Stokes theory is applied in order to link the simulation and experimental data with a 
mechanistic particle-level agglomeration model. 
 
9.2. Model 
 
Results by Maronga & Wnukowski (1998) indicate that the temperature and humidity during 
the coating process in a top-spray fluid bed vary significantly with radial and especially 
vertical position. During the coating process, pockets of low temperature and high humidity 
are formed deep inside the bed, causing temperature fluctuations. Based on these systematic 
fluctuations, the top-spray fluid bed is suggested to be formally divided into four zones, which 
can be seen in figure 9.1 (Maronga & Wnukowski, 1998). 
 
 
Figure 9.1: Zones in a top-spray fluid bed during steady state coating (Based on Maronga & 
Wnukowski, 1998). The sizes of the zones are not to scale.  
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The experimental results obtained by Maronga & Wnukowski (1997b) among others have 
formed the basis for a recent dynamic heat and mass transfer model suggested by Ronsse 
(2006) and Ronsse et al. (2007a,b). The model is capable of describing the temperature, 
humidity and coating mass concentration fields along the vertical axis of the coating process 
in a top-spray fluidised bed. This simple model approach fulfils the industrial needs for an 
intuitive model that captures only the most important phenomena during the coating process 
at the same time allowing short calculation times and results that can be straightforwardly 
interpreted and used for direct comparison with experimental data.  
 
The model being set up and tested in the present paper is essentially the same model as 
presented by Ronsse et al. (2007a). The model is based on one-dimensional vertical 
discretisation of the fluid bed into a number of well-mixed control volumes. In each control 
volume, dynamic heat and mass balances are set up allowing the simulation of the contents of 
water vapour, water on core particles and deposited coating mass as well as fluidisation gas, 
particle and chamber wall temperature. The model furthermore accounts for heat losses to the 
external environment. However, the original Ronsse model was not developed in a scale-up 
context and we have carefully reviewed, modified and slightly expanded the model in order to 
be better able to predict process changes at different fluid bed scales. The model tested in the 
present paper is presented in its full form in appendix A and the associated assumptions are 
presented in the section below. 
 
9.2.1. Model assumptions 
 
Being a one-dimensional model, the basic principle is to divide the fluidised bed vertically 
into n control volumes from the bottom air distributor plate and up to the nozzle outlet, each 
having the same height of hS,i = hFB/n. Most fluid beds have frustum shapes where the 
diameter is smallest at the bottom plate and largest at the spray zone, which obviously affects 
the fluidisation air velocity in m/s in vertical direction. In a model perspective, this means that 
the upper and lower diameters are different for each control volume which is accounted for in 
the present model. The control volumes are numbered from 1 to n where the first control 
volume is nearest the fluidisation air distributor plate.  
 
It is assumed that the droplets containing the coating solution have only a limited penetration 
depth into the bed, and consequently, that particle-droplet contact takes place only in a certain 
upper part of the volume of the fluidised bed (Maronga & Wnukowski, 1997a). Therefore, 
two types of control volumes are assumed to exist being non-coating and coating control 
volumes. Numbering the coating control volumes with the integer c means that out of n 
control volumes in total, c are coating control volumes and n-c are non-coating control 
volumes. It is assumed that each coating control volume receives a fraction /cM c&  of the 
coating liquid. It is furthermore assumed that all of the sprayed coating solution is collected 
on the particles without premature droplet evaporation, and that the liquid is uniformly 
deposited on all particles in each coating control volume. A schematic representation of the 
model principle can be seen from figure 9.2. 
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Figure 9.2: Schematic representation of the overall model principle (Based on Ronsse et al., 2007a).  
 
A number of other assumptions are made being: 
 
• Particles and air in each control volume (being coating or non-coating) are perfectly 
mixed. This means that the temperature and moisture content is the same for all 
particles in a control volume. It further implies that moisture and temperature is 
instantaneously exchanged when particles and air enter a new control volume. 
 
• All particles have the same diameter dp. 
 
• Both the size of each control volume and the number of particles contained in each 
control volume are constant at all times.  
 
• The weight of the coating mass added to each particle is small compared to the weight 
of the particle itself. Consequently, the weight of each individual particle is assumed 
constant throughout the process. Similarly, the thickness of the deposited coating film 
is small compared to the particle diameter, therefore the particle diameter is assumed 
to be constant. The coating deposition is assumed not to affect fluidisation properties. 
 
• Particles are mechanically strong; there is neither attrition nor agglomeration. This 
means that neither coating material nor core material can be exhausted during the 
process. 
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• The air exhaust is at atmospheric pressure. The pressure drop across the fluidised bed 
is small compared to the overall atmospheric pressure. Consequently, the drying 
process is assumed to take place at constant atmospheric pressure. 
 
• The atomisation air specific heat capacity, Cp,at, and the moist air specific heat 
capacities from two adjacent control volumes, Cp,a,i and Cp,a,i-1, are assumed to be 
independent of temperature and assumed for a given control volume to be represented 
by Cp,a,i.  
 
• Considering the diameter range of both droplets (0 ≤ ddr ≤ 50 µm) and particles      
(100 µm ≤ dp ≤ 500 µm) the following conditions may be assumed according to 
Ronsse (2006):  
0.1
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As a consequence of the small Biot numbers, the internal heat transfer in both the 
particles and the droplets are negligible compared to the convective heat transfer 
resistance at the particle surface. Hence, it is assumed that each droplet and each 
particle are isothermal and can be represented as having a single uniform temperature.  
 
Another basic assumption is that the rate at which particles are transferred from control 
volume Si towards its neighbouring control volume Si+1 (or Si-1) equals the particle transfer 
rate from Si+1 (or Si-1) towards Si. The rate at which particles are exchanged is expressed by r, 
as the fraction of the particle population exchanged between neighbouring control volumes Si 
and Si+1 per time unit. Estimating a reasonable value for r over all of the control volume 
boundaries is not an easy task. Ronsse et al. (2007a) estimated for a Glatt GPCG-1 fluid bed 
values between 0.81 and 1.82 s-1 based on experiments performed by Mostoufi & Chaouki 
(2001). For simplicity, Ronsse et al. (2007a) chose a fixed value of 1.4 s-1 irrespectively of 
fluidisation conditions. Alternatively, the exchange rate r may be calculated from theoretical 
considerations based on the average particle circulation time τc for which an estimation has 
been proposed by Rowe (1972) for bubbling fluid beds according to equation 9.1: 
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In the present study, the choice was to let r vary as a function of the fluidisation conditions 
according to equation 9.1, instead of fixing a single value for r for all simulations. The value 
for va was always chosen to be the value in the middle of the fluidisation chamber. It was 
assumed that the exchange rate was constant across all control volumes, and hmf values were 
estimated from guidelines presented by Hede et al. (2008a). These values can be seen in table 
9-1. For the tested fluidisation conditions in the three fluid bed scales tested, r values ranged 
between 2.26 s-1 and 2.70 s-1 for the small-scale, between 1.47 s-1 and 2.83 s-1 for the medium-
scale and between 1.01 s-1 and 1.09 s-1 for the large scale. It seems reasonable that the r values 
are largest the smaller the fluid bed scale, as the average time of circulation τc is known to 
increase with scale (Rowe, 1972). 
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9.3. Model validation  
 
9.3.1. Experimental validation set-up 
 
Model validation data were obtained with commercial top-spray fluid beds in three pilot 
scales being a small-scale GEA Aeromatic-Fielder Strea-1, a medium-scale Niro-Aeromatic 
Multiprocessor type MP-1 and a large-scale GEA Aeromatic-Fielder MP-2/3. Set-up details 
and the principles of operation for these three fluid beds have been treated in detail elsewhere 
(Hede et al., 2007a & 2008a,b) (see also chapter five). Figure 9.3 shows a sketch of the 
physical dimensions of the fluid beds and table 9-1 summarises the important process 
conditions under which the validation experiments were carried out. Other process and 
physical parameters kept constant during all simulations may be seen in appendix B. 
 
In all three experimental fluid bed set-ups a Testo 645 Thermohygrometer (combined 
humidity and temperature probe) was located just above the nozzle measuring the outlet 
fluidisation gas relative humidity and temperature. The uncertainty of the Thermohygrometer 
was ± 1 rH%, ± 1 ºC, while the uncertainties of the other temperature probes were ± 2 ºC. 
 
Table 9-1: Process- and model-related parameters for the present study. 
Process parameter Small-scale Strea-1 Medium-scale MP-1 Large-scale MP-2/3 
Type of nozzle External mixing two-
fluid 
External mixing two-
fluid 
External mixing two-
fluid 
Liquid orifice diameter 1.2 mm 1.2 mm 1.2 mm 
Fluidisation velocity  
(Simulation of the 
Flux Number exp.) 
82 Nm3/hr ~ 1.0 m/s 
at the top of the 
expanded bed height  
~ r = 2.26 s-1 
137 Nm3/hr ~ 1.0 m/s  
at the top of the 
expanded bed height  
~ r = 1.47 s-1 
651 Nm3/hr ~ 1.0 m/s 
at the top of the 
expanded bed height  
~ r = 1.01 s-1 
Fluidisation velocity  
(Simulation of the  
DF/RD number exp.) 
93 Nm3/hr ~ 3.3 m/s 
4 cm above the air 
distributor plate        
~ r = 2.58 s-1 
270 Nm3/hr ~ 3.3 m/s  
4 cm above the air 
distributor plate  
~ r = 1.98 s-1 
680 Nm3/hr ~ 3.3 m/s  
4 cm above the air 
distributor plate  
~ r = 1.09 s-1 
Bed height at minimum 
fluidisation (hmf) 
6 cm 13 cm 26 cm 
Initial core bed load 0.5 kg 4 kg 24 kg 
Diameter of the orifices in the air 
distributor plate 
3 mm 3 mm 
Number of orifices in the air 
distributor plate 
92 260 
Stainless steel wire 
frame with mesh 
orifices of 90 µm ~ 
Porous air distr. plate 
Coating solution dry-matter 
contents 
10 – 30 w/w% 15 w/w% 15 w/w% 
FB dimensions  
Length a  10 cm 17 cm 27 cm 
Length b 10.5 cm 6 cm 11 cm 
Length c 18 cm (at 3 bar) 32 cm (at 3 bar) 37 cm (at 3 bar) 
Length d 27 cm 57.5 cm 81 cm 
Length e 31 cm 48.5 cm 63 cm 
Length f 15 cm 28 cm 82 cm 
Length g 25 cm 29 cm 64 cm 
Length h 18 cm 93 cm 270 cm 
Model-related parameters  
Total number of control volumes 18 ~ hS,i = 1.5 cm 38 ~ hS,i = 1.5 cm 54 ~ hS,i = 1.5 cm 
Number of coating control 
volumes 
12 (Pnozzle = 3 bar) 
9 (Pnozzle = 1 bar) 
21 (Pnozzle = 3 bar) 
15 (Pnozzle = 1 bar) 
25 (Pnozzle = 3 bar) 
18 (Pnozzle = 1 bar) 
Bed temperature measurement 
corresponds to control volume 
number: 
7 4 7 
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Figure 9.3: Sketch of the fluid bed dimensions for the three fluid bed scales. Length dimensions 
corresponding to the symbols in the figure are stated in table 9-1. 
 
Choosing a control volume height of hS,i = 1.5 cm for all three fluid beds ensured a sufficient 
high number of control volumes without extending the computational time unnecessarily. 
Initially, simulations for the small-scale fluid bed showed that the results depended on the 
number of control volumes up to roughly n = 14. A number of 18 control volumes for the 
small-scale fluid bed thus ensured simulation results being independent of the number of 
control volumes. As a consequence of the choice of hS,i, the other fluid bed scales were 
assigned a larger number of control volumes than the small-scale, and problems with the 
result-dependence of n were not observed for these scales. 
 
Assigning the right number of control volumes to be coating control volumes is likely to be 
important with respect to the comparison of the simulated bed temperatures with the 
experimentally determined values. The outlet conditions should obviously be less affected by 
the assignment. In simulations by Ronsse (2006) a fixed value of c/n = 0.125 was chosen 
based on considerations for that particular fluid bed scale made by Dewettinck (1997). Based 
on detailed temperature and humidity studies, Maronga & Wnukowski (1997a,b & 1998) 
however concluded that the spray zone in practice often is significantly larger, especially for 
small fluid beds. In the present paper, estimations of the c/n ratio were made based on 
experimental observations from empty vessel nozzle operations combined with spray fan 
depth estimations made during coating experiments. Although empirical, these estimations do 
not conflict with results by Maronga & Wnukowski (1997a,b & 1998) and it would be in 
contradiction with observations to assign a single c/n value for all three scales. The estimated 
c/n values range from 0.66 for the small-scale to 0.46 for the large-scale at a nozzle pressure 
of 3 bar, and correspondingly, from 0.50 to 0.33 at a nozzle pressure of 1 bar. Notably, the 
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decreasing ratio of c/n with increasing scale illustrate a general latent problem with fluid bed 
coating scale-up being that the spray zone characteristics are not kept constant during scale-
up. This is discussed further in section 9.4.2. 
 
Hede et al. (2008a,b) concluded that the best practical principle to run a fluid bed coating 
process in general is by fixing nozzle conditions a-priori (i.e. fixing both the coating solution 
and atomisation air mass flow rates), choosing a level for the bed temperature and maintain 
these conditions throughout the coating process by adjusting initially in the process only the 
inlet fluidisation air temperature in order to reach the target bed temperature. All other process 
conditions, including the fluidisation velocity, should be fixed and chosen a-priori. These 
principles of operation were chosen for all validation experiments in the present paper. In all 
cases, the experimental conditions obtained under steady state were the ones to be compared 
with the simulation results. 
 
9.3.1.1. Materials 
 
Sodium sulphate cores pre-sieved twice in the size range of 180 – 350 µm were used as core 
material (see also chapter five). The sodium sulphate cores were coated with aqueous 
solutions of sodium sulphate in the amount of 10 - 30 w/w% using 1 w/w% (of the amount of 
sodium sulphate) Dextrin as binder. Demineralised water was used as solvent. More 
information about the salt coating process may be found in Hede et al. (2008d,e,f) (see 
chapter ten).  
 
9.3.2. Calculation procedure 
 
The model consists of six times n coupled ordinary differential equations (ODE´s): One 
equation for each of the six main variables to be calculated for each control volume Si as a 
function of time. The six main variables are the deposited coating mass, Yp,i, the particle 
surface temperature, Tp,i, the particle water contents, Wp,i, the gas phase temperature, Ta,i, the 
gas phase water contents (absolute humidity), Xa,i, and the control volume wall temperature, 
Tw,i. A number of the parameters and properties in these ODE´s are functions of one of more 
of the six parameters and they are calculated in a number of functions. The connections 
between the independent and the dependent variables are thus complex, and it not possible to 
obtain an analytical solution to the system of ODE´s. Thus a numerical solution procedure is 
required.    
 
The numerical solution is aided by implementing the ODE system in Matlab version 2007a 
(The MathWorks Inc., US) using the ode15s standard Matlab solver (see also Shampine & 
Reichelt, 1997). When allowing Matlab to choose its own value for the step size, ∆t, and 
setting the error value to 10-6, a typical simulation example from t0 = 0 to tend = 800 s in the 
medium-scale fluid bed with 38 control volumes, whereof 21 are coating control volumes, 
takes roughly 15 minutes to complete on a 1.86 GHz, 512 MB of RAM, Pentium M (two 
single-core 32-bit x86 microprocessors).  
 
Chapter 9.  
 
206 
9.3.3. First validation of steady state data – matching the outlet and product 
temperature as well as the outlet humidity in three pilot-scale fluid beds 
 
For the validation of the model, steady state simulation results were compared with the 
measured values of the outlet fluidisation air temperature and outlet relative humidity. This 
was done for 35 fluid bed experiments in total in three fluid bed scales. The data was adapted 
from Hede et al. (2007a & 2008a,b,d). Assuming that the outlet conditions are equal to the 
conditions in the last upper control volume, it was possible to compare the simulated 
temperature and humidity with the experimentally determined values for a broad range of 
different process conditions, ranging from high to low process-intensity. Depending on the 
process intensity, the difference between the bed temperature and the outlet temperature 
typically ranged between 2 and 8 ºC. The experimentally measured outlet temperatures and 
humidities are compared to the values obtained from the simulations in as shown in figure 9.5 
and 9.6, respectively.   
 
In addition, the model predictions of the bed temperature were compared to experimental data 
at the location where the temperature probe was located, as shown in figure 9.4. As observed 
from table 9-1, these locations are different from fluid bed scale to fluid bed scale thus giving 
valuable indication of the performance of the model.  
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Figure 9.4: Simulated versus experimentally measured steady state bed temperatures. 
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Figure 9.5: Simulated versus experimentally measured steady state outlet temperatures. 
 
0
20
40
60
80
100
0 20 40 60 80 100
Experimentally measured outlet rel. humidity [rH%] 
S
im
u
la
te
d
 o
u
tl
e
t 
re
la
ti
v
e
 h
u
m
id
it
y
 [
rH
%
]n
Medium-scale
Small-scale
Large-scale
  
Figure 9.6: Simulated versus experimentally measured steady state outlet relative humidity values. 
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Figure 9.4 – 9.6 show in general a good agreement between model and experimental values 
for all three variables. Although some scattering is observed in all three plots, the data points 
distribute equally well on both sides along the straight line for the entire intervals, indicating 
that no systematic errors are apparent. This illustrates that the basic thermodynamics, 
including heat loss, is well accounted for in the model. 
 
The best fit between model and experimental results is observed for the bed temperatures in 
figure 9.4. The bed temperature probes are for all three scales located deep within the bed at a 
safe distance from the spray zone. Being close to the bottom inlet and away from the assigned 
coating control volumes, the chance of cumulated calculation error, e.g. due to the simplicity 
of the heat loss terms in the model versus the actual heat loss, is thus small in the calculation 
of the fluidisation air temperature in the control volumes, which are used in the comparison 
with measured bed temperatures. In light of the chance of cumulated errors in vertical 
direction, the relations in figure 9.5 and 9.6 between model and experimentally measured 
outlet conditions are satisfactory.    
 
It is furthermore observed from figure 9.4-9.6 that the model is capable of predicting 
conditions equally well ranging from high- to low-process-intensity coating operations giving 
credit to the model. In addition, the model performs observably just as well with the small- 
and medium-scale as with the large-scale, making it reasonable to use the model in a scale-up 
context. 
 
9.3.3.1. Dynamic behaviour 
 
A typical start-up situation in the medium-scale was selected with conditions according to 
table 9-2 in order to test the dynamic behaviour of the model. Before the nozzle is switched 
on, the particles are normally heated by the fluidisation air at an inlet temperature close to 
what is believed to be the correct inlet temperature for the spray phase. The heating process is 
typically maintained until the system reaches steady state where the outlet relative humidity is 
usually only a few rH% and the bed and outlet temperatures are close to that of the inlet 
temperature.  
 
Table 9-2: Conditions for comparison of experimental data with simulation results in terms of the time 
needed to reach steady state in the medium-scale fluid bed. 
Process conditions Values 
Initial particle moisture 
contents 
4·10-3 kg water/kg core 
(experimentally measured) 
External air temperature  23.6 ºC 
External air humidity 35.7 rH% (at 23.6 ºC) 
~ 6.5·10-3 kg H2O/kg dry air 
Initial fluidisation chamber 
temperature (Tw,i) 
23.6 ºC 
Inlet fluidisation air 
temperature (Ta,in) 
80 ºC 
Fluidisation air velocity 270 Nm3/hr ~ r = 1.98 s-1 
Inlet fluidisation air humidity 2.2 rH% (at 80 ºC) 
~ 6.5·10-3 kg H2O/kg dry air 
Bed load 4.0 kg 
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For the medium-scale fluid bed set-up, the inlet air is supplied from an external steam-based 
heating source, which also supplies other equipment. The temperature control is maintained 
by a thermostat which has some delay in response. This means in reality that it will take some 
time for the inlet air to adjust to the set point. Such phenomena are observed for all three fluid 
bed scales. For the present coating experiment, the inlet temperature was recorded and 
observed to develop according to figure 9.7. As observed from figure 9.7, it takes roughly  
100 seconds before the inlet temperature reaches the set point at 80 ºC and another 350 
seconds before the oscillation damps out. If the model is to be used for dynamic studies such 
non-ideal phenomena must be accounted for. An exponential function was thus fitted to the 
measured inlet fluidisation air temperature data and implemented into the model for 
simulations up to 500 seconds of process time.  
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Figure 9.7: The inlet fluidisation air temperature as a function of process/simulation time. 
 
By measuring the outlet and bed temperature as well as the outlet relative humidity each      
20 seconds during start-up, it was possible to compare the measured values with those 
obtained from simulations under identical process conditions. The simulated data were 
obtained as follows: Initially the particles and fluidisation vessel were set to room conditions 
according to table 9-2. Setting all control volumes to non-coating control volumes, the model 
was set to run until steady state which corresponds to the initial heating up of the particles 
prior to the spray phase. Comparison with experimentally measured points can be seen from 
figure 9.8a-c. 
 
Starting with figure 9.8a, it is observed that the curve for the simulated bed temperature 
follows the experimental data closely all the way up to steady state. For both the simulation 
and the experiment, it takes roughly 200 seconds to reach steady state. The tendency of 
reaching steady state at roughly 200 seconds is also observed for the outlet conditions in 
figure 9.8b and 9.8c. However, in these two figures the experimental data is observed to lack 
slightly behind the simulation results in the first 200 seconds although the deviations are close 
to the temperature and humidity probe uncertainty. Especially the humidity probe is known to 
have some seconds of response delay which could account for some of the deviation at the 
steepest gradients in figure 9.8b. In all, the test has showed that the model is indeed capable of 
predicting the dynamic thermodynamic behaviour during fluid bed processing, as the model 
predicts the three important variables well at any given time of operation.  
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Figure 9.8: Comparison of experimental and simulated data as a function of process/simulation time: 
A) Bed temperature, B) Outlet relative humidity, C) Outlet temperature. 
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9.4. Scale-up simulations 
 
The principles, advantages and disadvantages of scaling up the top-spray fluid bed inorganic 
salt coating process in terms of the combined Relative Droplet size (RD) and Drying Force 
(DF) have been thoroughly presented in a number of papers (Hede et al., 2008b, Rambali et 
al. 2003 and Mehta et al., 1988). Likewise, a number of papers have treated the scale-up using 
the Flux Number (Hede et al., 2008a and Boerefijn & Hounslow, 2005). The conclusions 
obtained from these experimental scale-up studies indicate that product temperature and 
humidity are vital parameters for the result of the coating process.  
 
Both scale-up principles have shown to be capable of producing coated granules with 
statistically similar low degree of agglomeration across the three fluid bed scales used in the 
present paper. It is important to note that none of the two scale-up principles automatically fix 
all process conditions for the coating process. The scale-up principles rather give certain 
possibilities for some process parameters once others are chosen. This means in principle that 
other levels of agglomeration could have been observed by Hede et al. (2008a,b) for identical 
FN and RD/DF values. Furthermore, both scale-up principles need experiments to be carried 
out in order to determine the correct setting for the inlet fluidisation air temperature. That is, 
both the DF/RD and the FN approach have an independent parameter being the inlet 
fluidisation air temperature which cannot be determined a-priori from the DF/RD or the FN 
expressions, but needs to be found by adjustment in the coating process start-up phase in 
order to reach the required target bed temperature. Similarly, both scale-up principles are 
focused primarily on being able to reproduce the particle size distribution across scale and 
thereby avoid agglomeration. Although also important in a commercial framework, the two 
scale-up principles focus, however, to a lesser extent on process intensity. The two scale-up 
principles will be briefly introduced below, hereby illustrating how process conditions for the 
coating experiments were obtained with the scale-up parameters. 
 
Based on the results by Mehta (1988), Rambali et al. (2003) scaled up a fluidised 
agglomeration process from small-scale (bed load: 5 kg) to medium- (bed load: 30 kg) and 
large-scale (bed load: 120 kg) by looking at the effect of the particle bed moisture contents 
during and at the end of the spraying process and the effect of coating solution droplet size on 
the granule size. The fluidisation flow rate in m/s at the air distributor plate was kept constant 
in all their experiments in order to have approximately similar breaking forces on the 
granules. For the small- and medium-scale the same nozzle (liquid orifice diameter of         
1.8 mm) was used whereas a three-head nozzle (liquid orifice diameters of 3 x 3.0 mm) was 
used for the large-scale fluid bed. The droplet size was controlled in terms of a Relative 
Droplet size, RD, defined as the ratio of the coating solution mass spray rate spraym&  divided by 
the mass airflow rate through the nozzle air  nozzlem& squared according to equation 9.2. 
 
2
air  nozzle
spray
)m(
m
RD
&
&
=  (9.2) 
 
The idea of RD is to maintain a similar droplet size across scale and the value of RD is only 
unambiguous if both the nozzle pressure and the liquid feed rate are chosen. A further 
discussion of the Relative Droplet size may be found in Hede et al. (2008b).  
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Hede et al (2008b) further suggested that the bed temperature and outlet relative humidity 
(assumed equal to the average bed relative humidity – see chapter eight) during steady state 
coating conditions were combined into a so-called Drying Force parameter (DF), according to 
equation 9.3, indicating the fluidisation air moisture evaporation force.  
 





 −⋅=
rH% 100
rH%Outlet 
1PDF sat  (9.3) 
 
where Psat is the saturated pressure at the dry bulb bed temperature. Results by Hede et al 
(2008b) showed that scale-up in terms of fixed values of both the Drying Force and the 
Relative Droplet size could lead to similar agglomeration tendencies as well as similar 
granule mechanical properties across the three pilot fluid bed scales used in the present paper. 
 
Likewise, a number of papers have treated scale-up using the Flux Number (Hede et al., 
2008a and Boerefijn & Hounslow, 2005). The Flux Number and the expressions for the 
associated parameters were suggested in a Unilever patent by Akkermans et al. (1998). The 
Flux Number is expressed according to equation 9.4. 
 

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




 ⋅
=
mliq
ep
q
vρ
logFN
&
 (9.4) 
 
where ρp is the particle density determined according to equation 9.5. 
 
bed
p
ε1
BD
ρ
−
=  (9.5) 
 
in which BD is the bulk density of the core particles and εbed is the bed porosity determined by 
e.g. mercury porosimetry according to guidelines provided by Akkermans et al. (1998). The 
parameter mliqq& is the spray mass flux in kg/(s·m
2) at a normalised distance D0 from the nozzle 
outlet, and ve is the excess gas velocity in m/s. D0 is determined according to equation 9.6. 
 
bednozzle0 hhD −=  (9.6) 
 
where hnozzle is the height of the spray nozzle above the bottom of the fluidisation chamber 
and height hbed is the expanded bed height (see also chapter seven).  
 
One example of a scale-up attempt across the three fluid bed scales with low and statistical 
similar agglomeration tendencies obtained under high-intensity coating conditions may be 
seen from the first row in table 9-3, adapted from Hede et al. (2008b). Using this successful 
scaling attempt as benchmark, an unsuccessful scaling attempt of similar coating time using 
the Flux Number scale-up principle was adapted from Hede et al. (2008a). The data from the 
Flux Number scaling attempt may be seen from the last row in table 9-3.  
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Table 9-3: Scale-up data adapted from Hede et al. (2008a,b). 
Scaling 
conditions 
Strea-1 
(small-scale) 
MP-1 
(medium-scale) 
MP-2/3 
(Large-scale) 
RD = 3.5 ·10-3 min/g,  
Pnozzle = 3 bar 
DF = 12.2 kPa (Tbed = 55 ºC)  
Tinlet = 74 ºC 
93 Nm3/hr 
RD = 3.5 ·10-3 min/g,  
Pnozzle = 3 bar 
DF = 12.0 kPa (Tbed = 54 ºC) 
Tinlet = 78 ºC 
270 Nm3/hr 
RD = 3.5 ·10-3 min/g,  
Pnozzle = 3 bar  
DF = 12.5 kPa (Tbed = 56 ºC) 
Tinlet = 79 ºC 
680 Nm3/hr 
Scale-up in terms 
of combined 
Relative Droplet 
size (RD) and 
Drying Force 
(DF) 
Results: 
Aggl. = 0.1 w/w% 
Process time: 0:37  
Outlet abs. hum. =  
15.9 g H2O/kg dry air 
Results: 
Aggl. = 1.3 w/w% 
Process time: 1:28 
Outlet abs. hum. =  
18.3 g H2O/kg dry air 
Results: 
Aggl. = 1.5 w/w% 
Process time: 3:46 
Outlet abs. hum. =  
19.1 g H2O/kg dry air 
FN = 4.5, Pnozzle = 1 bar 
Tbed = 55 ºC 
Tinlet = 75 ºC,  
82 Nm3/hr 
FN = 4.5, Pnozzle = 1 bar 
Tbed = 55 ºC 
Tinlet = 97 ºC,  
137 Nm3/hr 
FN = 4.5, Pnozzle = 1 bar 
Tbed = 55 ºC 
Tinlet = 74 ºC, 
651 Nm3/hr Scale-up in terms 
of the Flux 
Number (FN) 
Results: 
Aggl. = 24.5 w/w% 
Process time: 1.02 
Outlet abs. hum. =  
16.1 g H2O/kg dry air 
Results: 
Aggl. = 62.3 w/w% 
Process time: 1:31 
Outlet abs. hum. =  
25.9 g H2O/kg dry air 
Results: 
Aggl. = 4.4 w/w% 
Process time: 4:25 
Outlet abs. hum. =  
17.6 g H2O/kg dry air 
 
Comparing the data in table 9-3 from experiments at the same scale, the resulting 
agglomeration tendencies are far from being similar, and a similar low tendency of 
agglomeration across the scales was not achieved in the Flux Number scale-up attempt. This 
results from the selection of the parameters for the two scaling principles and does not 
necessarily indicate that one of the scale-up principles is superior to the other. Hede et al. 
(2008a) argue that a low nozzle pressure of 1 bar causes a larger two-dimensional spray area 
at the distance of D0 than at higher pressures, and that this, as a consequence of the choice of 
the definition of the Flux Number and hereby the parameter choices made by Hede et al. 
(2008a), dictates a high coating solution spray rate and a poor atomisation, which in all causes 
critically high local particle moisture contents combined with a low temperature of the 
fluidisation air in the spray zone. Furthermore, at a nozzle pressure of 1 bar the vertical 
extension of the spray zone is likely to be smaller than at 3 bar. So far it has not been possible 
to validate these suggested explanations. Simulations using the present model, however, make 
it possible to study local temperatures and humidity conditions in detail.   
 
Initially, the conditions from the successful scaling attempt in terms of the combined Relative 
Droplet size and the Drying Force have been simulated. Steady state fluidisation air 
temperature and relative humidity profiles as well as Drying Force profiles for the three fluid 
bed scales may be seen from figure 9.9 – 9.11. 
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Figure 9.9: Steady state fluidisation air temperature profiles for the three fluid bed scales.  
RD = 3.5 ·10
-3
 min/g, DF = 12.0 – 12.5 kPa, Pnozzle = 3 bar. Other model parameters according  
to table 9-1 and 9-3.  
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Figure 9.10: Steady state fluidisation air relative humidity profiles for the three fluid bed scales.  
RD = 3.5 ·10
-3
 min/g, DF = 12.0 – 12.5 kPa, Pnozzle = 3 bar. Other model parameters according to 
table 9-1 and 9-3. 
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Figure 9.11: Steady state Drying Force profiles for the three fluid bed scales.  
RD = 3.5 ·10
-3
 min/g , DF = 12.0 - 12.5 kPa, Pnozzle = 3 bar. Other model parameters  
according to table 9-1 and 9-3. 
 
From the comparison of the temperature and the relative humidity profiles in figure 9.9 and 
9.10 several points are revealed. In accordance with the principle of which the coating 
operations were carried out, it is observed for all three scales that the fluidisation air 
temperatures are close to 55 ºC in the control volume where the bed temperature probe 
physically is located (see table 9-1). Taking the outlet relative humidity as the relative 
humidity value at normalised length of 1 in figure 9.10 this indicates that the overall Drying 
Force values were close to 12 kPa during scale-up, which is in accordance with the data in 
table 9-3. It appears that the temperature in the spray zone is slightly higher in the small-scale 
fluid bed than for the medium- and large-scale which are quite similar. Regarding the 
humidity profiles, it appears that the largest relative humidity gradients are observed for the 
large-scale followed by the medium- and small-scale. Based on the temperature and the 
relative humidity profiles it becomes clear that there is a greater homogeneity the smaller the 
fluid bed scale indicating that the particle mixing is significantly better the smaller the scale 
and more importantly, that the spray zone constitutes a larger percentage of the total expanded 
bed height (the c/n fraction is greater the smaller the fluid bed size).  
 
The keypoint of the scale-up approach in figure 9.9 – 9.11 was to maintain a constant Drying 
Force across scale. As presented by Hede et al. (2008b) this was done in terms of the 
measured outlet humidity and the measured bed temperature at one location. Hence, the scale-
up principle was based on a single (overall) Drying Force value, and it was therefore not on 
beforehand certain that the Drying Force profiles would be similar across scale on a detailed 
level. Even so, it appears from figure 9.11 that there is a great similarity in the Drying Force 
profiles for all three scales in particular for the first half of the chamber height. Similar 
tendencies have been observed for simulations with other RD/DF values across the three fluid 
bed scales. It is likely that this homogeneity and similarity in the Drying Force profiles across 
scale is part of the reason why the scale-up approach was successful regarding the production 
of particles with similar low tendency of agglomeration and similar attrition strength of the 
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coating layer. This becomes evident in the comparison with the Flux Number scale-up 
approach. Similar to the profiles in figure 9.9 – 9.11, profiles for the Flux Number scaling 
attempt can be seen in figure 9.12 – 9.14.  
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Figure 9.12: Steady state fluidisation air temperature profiles for the three fluid bed scales.  
FN = 4.5, Pnozzle = 1 bar. Other model parameters according to table 9-1 and 9-3. 
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Figure 9.13: Steady state fluidisation air relative humidity profiles for the three fluid bed scales.  
FN = 4.5, Pnozzle = 1 bar. Other model parameters according to table 9-1 and 9-3. 
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Figure 9.14: Steady state Drying Force profiles for the three fluid bed scales.  
FN = 4.5, Pnozzle = 1 bar. Other model parameters according to table 9-1 and 9-3. 
 
In comparison to the profiles in figure 9.9 – 9.11, it is clearly observed from figure 9.12 – 
9.14 how the temperature and humidity profiles vary from scale to scale, but also how 
different the Drying Force profiles are with identical Flux Number. Whereas the Drying Force 
ranges between 12 and 18 kPa in the small-scale, the range is 5-16 kPa in the medium-scale 
and 8-15 kPa in the large-scale. This means that particles in all scales and especially in the 
medium-scale are exposed to a dramatic temperature and moisture change during their drying-
wetting cycle. With these simulation results in mind, it is not surprising to observe from table 
9-3 that the far largest agglomeration tendency was observed in the medium-scale.  
 
The comparison of the RD/DF and FN scale-up experiments should be evaluated in terms of 
the conditions under which the experiments were carried out (see table 9-3). The fluidisation 
air inlet temperatures were close to identical in the RD/DF experiments and the fluidisation 
velocities were also higher than for the FN experiments. It is thus not surprising to observe 
lower agglomeration tendencies for these experiments. Compared to the RD/DF experiments, 
the fluidisation velocities were lower in the FN experiments (as a consequence of the FN 
patent guidelines proposed by Akkermans et al. (1998)) although the liquid spray rates were 
similar and the spray zones shorter in vertical extension due to lower nozzle pressures. 
Especially for the medium-scale the fluidisation velocity was almost halved increasing the 
particle circulation time, which meant that the inlet air temperature had to be as high as 97 ºC 
in order to maintain the product temperature at 55 ºC. This leads to high humidity and 
temperature gradients and local zones with low temperature and high fluidisation air humidity 
which are known to cause severe agglomeration. Low temperature and high humidity leads to 
a low Drying Force causing slower drying, more moist particles and increased chance of 
agglomeration (Hede, 2005,2006). The comparison of the scale-up experiments clearly shows 
that it is difficult to compare the scale-up principles in terms of temperature and humidity 
profiles without also including a comparison of the selection of vital parameters such as 
fluidisation air inlet temperature, nozzle pressure and fluidisation air velocity. What is needed 
is a combination of the model with a fundamental agglomeration model. The advantages of 
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this will become evident when combining the model simulations of the particle moisture 
contents with the viscous Stokes theory in the next section. 
 
9.4.1. Application of the viscous Stokes theory 
 
The comparisons of the Drying Force profiles in figure 9.11 and 9.14 with the measured 
agglomeration percentages in table 9-3 indicate that zones of low temperature and high 
humidity increase the tendency of agglomeration. It is well-known that a low Drying Force 
results in a low drying capacity and thereby moist particles. The correlation between the 
particle moisture contents and the resulting agglomeration percentages in table 9-3 may be 
checked in terms of the present model, as one of the six calculated variables in each control 
volume is the particle moisture contents in kg H2O/kg core. Figure 9.15 shows the steady state 
particle water content profiles from the two scale-up series.  
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Figure 9.15: Steady state particle water content profiles for the three fluid bed scales.  
RD/DF approach: RD = 3.5 ·10
-3
 min/g , DF = 12.5 kPa, Pnozzle = 3 bar.  FN approach:  
FN = 4.5, Pnozzle = 1 bar. Other model parameters according to table 9-1 and 9-3. 
 
Comparison of the FN approach profiles in figure 9.15 with the agglomeration tendencies in 
table 9-3 clearly reveals that there is a close relation between the observed agglomeration 
percentages and the particle water contents in the spray zone. The agglomeration percentages 
in table 9-3 distribute according to the spray zone level of particle moisture contents observed 
in figure 9.15. Similarly for the RD/DF approach curves in figure 9.15, the curves reach close 
to similar levels of particle moisture contents in the spray zone, corresponding to the similar 
agglomeration tendencies in table 9-3, which again are at levels much smaller than what is 
observed for the FN approach. The results obtained in figure 9.15 follow closely the trends 
observed from the Drying Force profiles meaning that similar Drying Force profiles (obtained 
under conditions with similar Relative Droplet size) will ensure similar particle moisture 
content profiles, and possibly similar tendencies of agglomeration. This will become evident 
from the inclusion of the viscous Stokes theory presented below. 
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It is well known from numerous studies that the tendency of agglomeration increases with 
increasing particle moisture contents (Iveson et al., 2001). These observations have led to an 
agglomeration model suggested originally by Ennis et al. (1991). The model assumes 
permanent agglomeration to occur if the kinetic energy of impact is entirely dissipated by 
viscous dissipation in the liquid layer and only elastic losses in the solid phase. The model 
predicts that collisions will result in permanent agglomeration when the viscous Stokes 
number (Stv) is less than a critical viscous Stokes number (Stv
*). The two numbers are given 
as (Ennis et al., 1991) (see also chapter three): 
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where ηliq is the coating solution viscosity, e is the coefficient of restitution, ρg is the granule 
density, hliq is the thickness of the liquid surface layer, hasp is the characteristic height of the 
particle surface asperities and rharm is the harmonic mean granule radius of the two particles 
given as (Iveson et al., 2001): 
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u0 is the initial collision velocity which is not easily obtainable due to the chaotic pattern of 
motion for the particles in fluid beds. A rough estimate based on the bubble rise velocity, vbu, 
has been presented by Ennis et al. (1991): 
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where dbu is the gas bubble diameter and δ the dimensionless bubble space defined as the 
axial fluid bed bubble spacing divided by the fluidisation gas bubble radius. Whereas the gas 
bubble diameter and spacing can be estimated by the dimensions of the air distributor plate, or 
found by experiments, the bubble rise velocity can be found according to the Davidson & 
Harrison (1963) formula (see also chapter two):  
 
0.5
bumfabu )d(g0.711vvv ⋅⋅+−=  (9.11) 
 
The fact that the present model assumes an equal number of particles (each having the same 
diameter) in each control volume at a given time makes it possible to calculate the liquid layer 
thickness on the core particle surfaces. Although the uncoated sodium sulphate cores are 
porous, it is reasonable to assume that the pores have been fully filled early in the process, 
and thereby that all the particle moisture contents at steady state is present at the core particle 
surfaces only. Such an assumption is reasonable based on previous droplet penetration studies 
made by Hede et al. (2007a) and Hede (2005). 
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With the use of the parameters in table 9-4 the liquid coating layer thicknesses are calculated 
for each control volume according to the moisture contents in figure 9.15. These liquid 
thickness profiles are depicted in figure 9.16. Likewise are the viscous Stokes number, Stv, 
and the critical viscous Stokes number, Stv
*, calculated for each control volume. The value of 
the difference between Stv and Stv
* indicates the chance of agglomeration and the different 
regimes have been added to figure 9.16. The boundaries of these regimes are obviously 
dependent on the value of Stv. As parameters such as the gas bubble diameter, dbu, and the 
dimensionless bubble space, δ, change with vertical distance from the air distribution plate, 
the estimate of the initial collision velocity, u0, (and thereby the value of Stv) is different from 
control volume to control volume and, in addition, different from each of the six experiments 
in figure 9.16. This means that no uniform single line may be drawn in figure 9.16 for the Stv 
= Stv
* condition, but rather that this condition is indicated by a regime. As observed from 
figure 9.16 the regime is nevertheless quite narrow as the differences between the Stv values 
have limited practical influence on the Stv - Stv
* values. 
 
Table 9-4: Parameters for the viscous Stokes analyses. 
Parameter Values 
Gravity (g) 9.82 m/s2 
Coefficient of restitution (e) 0.8 
Characteristic length scales of surface 
asperities (hasp) 
1 µm 
Granule density (ρg) 2600 kg/m
3 
Coating solution viscosity (ηliq) 3.5 mPa s 
Coating solution density (ρliq) 1.1 kg/m
3 
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Figure 9.16: Steady state coating liquid thickness profiles for the three fluid bed scales.  
RD/DF approach: RD = 3.5 ·10
-3
 min/g , DF = 12.5 kPa, Pnozzle = 3 bar. FN approach:  
FN = 4.5, Pnozzle = 1 bar. Other model parameters according to table 9-1, 9-3 and table 9-4. 
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The addition of the regimes based on the viscous Stokes theory in figure 9.16 provides a 
quantitative basis for the previous conclusions regarding the effect of the particle water 
contents on agglomeration. A clear relation is observed in figure 9.16 between the 
agglomeration tendencies in table 9-3 and the curve shapes. Whereas the three experiments in 
the RD/DF scale-up attempt, with agglomeration percentages close to zero, are located solely 
in the coating regime (Stv > Stv
*), the curves for the experiments in the small- and medium-
scale from the FN scale-up attempt cross the Stv = Stv
* boundary into the agglomeration 
regime (Stv < Stv
*), just as was expected from the results in table 9-3. 
 
9.4.2. Sensitivity analysis 
 
In a series of detailed sensitivity analyses Ronsse et al. (2007b) and Ronsse (2006) concluded 
that the most important properties with respect to the position of the steady state conditions of 
the fluid bed coating process are the fluidisation air inlet temperature and the volumetric 
fluidisation velocity. Ronsse et al. (2007b) also concluded that an increase in the relative size 
of the spray zone or an increase of the particle exchange rate had a narrowing effect of the 
overall coating mass distribution. Results further indicated that the outlet conditions were not 
affected by a change in the c/n ratio or a change in the value for r. Similar observations were 
observed in this study. More interesting is the effect on particle moisture content profiles as a 
function of the choice of r and c/n, which is investigated in the present sensitivity analysis. 
For the sensitivity analysis, the medium-scale fluid bed was selected and the model 
parameters for the sensitivity analysis can be seen from table 9-5. In all the experiments for 
the sensitivity analysis, the volumetric fluidisation air velocity was fixed at 270 Nm3/hr and 
the r value was varied without the use of the correlation in equation 9.1. 
 
Table 9-5: Model parameters for the sensitivity analyses. 
Process conditions Values 
Initial particle moisture 
content 
4·10-3 kg water/kg core 
External air temperature  20.0 ºC 
External air humidity 35 rH% (at 20.0 ºC) 
~ 5.1·10-3 kg H2O/kg dry air 
Inlet fluidisation air 
temperature (Ta,in) 
80 ºC 
Fluidisation air velocity 270 Nm3/hr 
Inlet fluidisation air humidity 1.7 rH% (at 80 ºC) 
~ 5.1·10-3 kg H2O/kg dry air 
Bed load 4.0 kg 
Pnozzle 3 bar 
Coating solution spray rate 3 kg/h 
Coating volume fraction (c/n 
ratio in % of total bed 
volume) 
10.5-100 %  
Particle exchange rate  
(r parameter) 
0.5 – 3.0 s-1 
 
Initially a value of r = 2 s-1 was selected and fixed while the c/n ratio was varied. Figure 9.17 
shows how the particle moisture content profiles vary as a function of the c/n fraction.  
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Figure 9.17: Steady state particle moisture content force profiles as functions 
of the coating volume fraction, c/n, for the medium-scale pilot fluid bed.   
 
It can be observed from figure 9.17 that there is a significant effect of the c/n value on the 
resulting particle moisture content profile. As the number of coating control volumes 
decreases, the particle moisture gradients increase significantly. The disadvantages of 
operating the fluid bed coating process with a small spray zone are clearly observed from 
figure 9.17 as the liquid is concentrated close to the nozzle leading to high particle moisture 
values and possible agglomeration. It appears, however, that beyond a c/n value of about      
42 % there is only minor effects of increasing the number of coating control volumes any 
further. This value is slightly scale-dependent as the same effect is observed for increasing c/n 
fractions the larger the fluid bed scale. In terms of the viscous Stokes theory, the Stv = Stv
* 
boundary is reached for the medium-scale at a particle water content of 64 g H2O/kg core for 
the given conditions, meaning that, in order to avoid agglomeration, the spray zone should 
take up roughly 50 % or more of the total expanded bed volume. This requirement is easily 
met in the small and medium pilot-scale fluid beds, but not in the larger fluid bed scales.  
 
In order to test the influence of the particle exchange rate r for a given fixed fluidisation 
velocity, the c/n value was fixed at 55.3 % (~ 21 out of 38 control volumes were assigned to 
coating control volumes which corresponds to a nozzle pressure of 3 bar – see table 9-1) 
while the r value was varied between 0.5 and 3.0. All other conditions were chosen from table 
9-4. Figure 9.18 shows the variation in the particle moisture profiles as functions of the r 
value.  
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Figure 9.18: Steady state particle moisture content force profiles as functions 
of the particle exchange rate, r, for the medium-scale pilot fluid bed.  
 
Contrary to figure 9.17, the effect of the particle exchange rate value on the particle moisture 
content profiles is observed from figure 9.18 to be rather small. Apparently, the moisture 
content in and near the spray zone is less affected by the value of r while the moisture content 
near the air distributor plate is slightly affected. If however a c/n value of 0.42 or less is 
chosen, the effect of r have been observed to be increasingly significant with decreasing c/n 
value. In conclusion, this indicates that as long as the spray zone is of considerable size (i.e. 
probably larger than 50 % of the total expanded bed volume), the exact value of r is less 
important for the particle moisture content, but as the spray zone decreases in size, the particle 
circulation time becomes increasingly important. It is reasonable to relate the r parameter to 
the fluidisation velocity as the vertical particle transport in a fluid bed is known to be closely 
related to the bubble rise velocity for Geldart B particles, as the ones being simulated in the 
present study. In that perspective, the use of equation 9.1 seems to be a reasonable choice.  
 
9.4.3. Scale-up into a production-scale fluid bed  
 
The present scale-up study did not allow experiments with production-scale fluid beds, but the 
model was used to simulate the conditions in a RICA-TEC (Anhydro A/S, Denmark) multi-
nozzle production-scale top-spray fluid bed. Initial simulations of the production-scale 
revealed much larger temperature and humidity gradient vertically through the bed than was 
observed with the pilot-scale fluid beds. This means that the measured bed temperature at a 
single location is representative for the gas phase temperature at other positions in the 
chamber to a much lesser extent. Irrespectively of the vertical position, the bed temperature 
probe is positioned, the measurement will be far away from being representative. These 
observations reveal that scale-up into production-scale in terms of a single fixed overall 
Drying Force value is associated with greater uncertainty than scale-up between pilot-scale 
fluid beds, where vertical temperature homogeneity is larger.  
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Following the combination of the viscous Stokes theory with the particle moisture content 
profiles obtained with the model, the task was to obtain conditions for the production-scale in 
which the coating liquid layer thickness profile stays just below the Stv = Stv
* boundary. 
According to the RD/DF scale-up attempt by Hede et al. (2008b) in table 9-3 the fluidisation 
velocity was chosen to be 3.3 m/s 4 cm above the air distributor plate for all three pilot-scale 
fluid beds. This ensured a reasonable high fluidisation air velocity of roughly 0.5 m/s at the 
top of the freeboard. The production-scale fluid bed is, however, designed physically 
different, meaning that the chamber cross-section expansion is not as large as in the pilot-
scale fluid beds. A choice of 3.3 m/s close to the air distributor plate requires 18280 Nm3/hr 
of fluidisation air (and leads to a gas velocity as high as 0.8 m/s at the top of the freeboard), 
which is beyond the actual capacity of the equipment. Instead a velocity of 11080 Nm3/hr was 
chosen, giving 0.5 m/s at the top of the freeboard. The average particle circulation time in the 
production-scale was calculated to 3.5 s with the use of equation 9.1. Although the particle 
circulation time distribution especially in large fluid bed scales is often observed to be quite 
broad with values ranging from a few seconds and up to about 20 s, estimated on the basis of 
Positron Emission Particle Tracking (PEPT) experiments performed by Stein et al. (2002) 
among others, an average value of 3.5 s is in accordance with estimations made by Ronsse 
(2006) and Mostoufi & Chaouki (2001). For the simulation of the production-scale, an 
average particle circulation time was hereby chosen to be 3.5 s thereby giving a particle 
exchange rate of 0.28 s-1. 
 
Following the RD/DF scale-up principle in table 9-3 by Hede et al. (2008b), the Relative 
Droplet size was initially kept fixed at RD = 3.5·10-3min/g ( ~ liquid spray rate = 221 kg/h) 
and other conditions selected according to table 9-6. Under these conditions it was necessary 
to increase the inlet fluidisation air temperature to 95 ºC in order to keep out of the 
agglomeration regime. This is more than 15 ºC higher than what was needed in the pilot-scale 
RD/DF experiments, in order to obtain liquid layer profiles below the Stv = Stv
* boundary. 
This resulted in an outlet absolute humidity of 25.8 g H2O/kg dry air hereby indicating that 
scale-up in terms of combined RD/DF dictates increasing process intensity in order to stay out 
of the agglomeration regime when going into production-scale.  
 
In industrial fluid bed coating processes such a high increase in inlet fluidisation air 
temperature from pilot-scale to production-scale would often not be feasible in practice due to 
a possible damage of the active ingredient in the granule core or coating layer. Granule 
properties such as appearances and morphology will probably also be affected by an increase 
in the inlet fluidisation air temperature. In order to maximize the process intensity, the inlet 
temperature in pilot-scale would probably be chosen to be as high as possible, meaning that 
the inlet temperature in production-scale could not be increased beyond that of the pilot-scale. 
From the pilot-scale RD/DF experiments in table 9-3 it was observed how the inlet 
temperatures were close to each other ranging from 74 ºC to 79 ºC, while the bed 
temperatures were close to 55 ºC. Assuming that 79 ºC is the maximum inlet temperature that 
could be allowed before the granule or coating components would be destroyed, simulations 
are performed in order to find the maximum spray intensity these conditions could allow 
while still being just below of the Stv = Stv
* boundary. Dimensions and process conditions for 
the simulation in the production-scale may be seen from table 9-6.  
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Table 9-6: Process- and model-related parameters for the production-scale scale-up study. Fluid bed 
dimensions correspond to figure 9.3. 
Process parameter Production-scale RICA-TEC 
(Anhydro A/S) 
Type of nozzle External mixing two-fluid, 
3 lances with 3 nozzle each  
(a total of 9 nozzles) 
Nozzle pressure 3 bar 
Liquid orifice 
diameters 
1.2 mm 
Inlet fluidisation air 
temperature 
79 ºC 
Fluidisation velocity  11080 Nm3/hr  
~  0.5 m/s at the top of the freeboard   
Particle exchange rate r = 0.28 s-1 
Coating feed reservoir 
temperature 
60 ºC 
Initial core bed load 900 kg 
Coating solution dry-
matter contents 
15 w/w% 
External air 
temperature  
20.0 ºC 
External air humidity 35 rH% (at 20.0 ºC) 
~ 5.1·10-3 kg H2O/kg dry air 
FB dimensions  
Length a  140 cm 
Length b 30 cm 
Length c 69 cm (at 3 bar) 
Length d 174 cm 
Length e 279 cm 
Length f  - 
Length g 280 cm 
Length h 339 cm 
Model-related 
parameters 
 
Total number of 
control volumes 
116 ~ hS,i = 1.5 cm 
Number of coating 
control volumes 
46 (Pnozzle = 3 bar) 
Bed temperature 
measurement 
corresponds to control 
volume number: 
20 
 
With the conditions in table 9-6 a number of simulations were performed in order to adjust the 
coating solution spray rate so that the particle liquid coating layer thickness profiles remained 
solely in the coating regime. An example where the profile touches the coating/agglomeration 
regime boundary in the upper part of the spray zone can be seen in figure 9.19. The curve 
indicates that the coating process would have had a low level of agglomeration. This is 
nevertheless achieved for a liquid spray rate of 108 kg/h giving a RD value as low as     
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5.2·10-5 min/g. Such a low spray rate would mean that it would take more than eleven hours to 
coat the 900 kg with a 20 w/w% salt layer, which is unacceptably long in practice.    
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Figure 9.19: Steady state coating liquid thickness profiles for the production-scale fluid bed.  
RD = 5.2 ·10
-5
 min/g, Pnozzle = 3 bar. Other model parameters according to table 9-6. 
 
The simulation with the conditions in table 9-6 and a spray rate of 108 kg/h gives an outlet 
absolute humidity of 15.4 g H2O/kg dry air. Compared to the outlet absolute humidity values 
in table 9-3 ranging between 16 - 19 g H2O/kg dry air, this indicates that the process intensity 
needs to be slightly smaller for the production-scale at similar inlet fluidisation air 
temperature in order to avoid agglomeration. Furthermore, as indicated from the RD/DF 
curves in figure 9.16, none of these three pilot-scale experiments came as close to the          
Stv = Stv
* boundary as the production-scale in figure 9.19. This means that the RD/DF 
experiments in table 9-3 could have been optimised further to run at slightly higher spray 
intensity before starting to agglomerate. If the liquid spray rate is optimised in terms of the 
model with fixed inlet fluidisation air temperatures of 79 ºC, similar to the principle applied in 
figure 9.19, the outlet absolute humidity values for the pilot-scale fluid beds would range 
between 19 and 21 g H2O/kg dry air with the larger outlet humidity values the smaller the 
fluid bed scale. Hence, the difference between the optimal pilot-scale and the production-scale 
process intensity without agglomeration is in reality somewhat larger for fixed inlet 
temperatures. The fact that the differences in process intensity are not significantly larger 
between the pilot- and production-scale is due to the counter-acting fact that the heat loss 
from the fluidisation vessel to the surroundings relative to the bed load is smaller the larger 
the fluid bed scale.  
 
In comparison to the three pilot-scale fluid beds having bed temperatures ranging from         
54 - 57 ºC at similar conditions, a bed temperature of 69 ºC was simulated for the production-
scale at the location of the temperature probe. This is partly a consequence of the design of 
the large fluid bed where the distance from the nozzle outlet to the air distributor plate 
increases significantly with scale, while the bed temperature measurement is measured at a 
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similar vertical height across scale. Furthermore, the increased expanded bed height in the 
production-scale significantly increases the average particle circulation time and broadens the 
circulation time distribution hereby reducing the overall mixing, leading to large temperature 
and fluidisation air humidity gradients. Figure 9.20 and 9.21 presents the steady state 
fluidisation air temperature/relative humidity and Drying Force profiles, respectively. 
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Figure 9.20: Steady state fluidisation air temperature and humidity profiles for the production-scale 
fluid bed. RD = 5.2 ·10
-5
 min/g, Pnozzle = 3 bar. Other model parameters according to table 9-6. 
 
As observed from figure 9.20 there is a much larger temperature gradient than what was 
observed for the pilot-scale fluid beds in figure 9.9. From the fluidisation air inlet the 
temperature drops more than 20 ºC, while the relative humidity at the same time increases up 
to a level similar to figure 9.10 even though the RD value is far below the values for the 
experiments in figure 9.10. The overall Drying Force (calculated with the use of equation 9.3) 
is about 24 kPa, which is far from the values of 12 kPa for the three pilot-scales in table 9-3. 
This is due to the large temperature gradients in the production-scale fluid bed. In terms of 
Drying Force, this also has an effect as it can be observed from figure 9.21 showing the 
steady state Drying Force profile for the production-scale.  
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Figure 9.21: Steady state Drying Force profile for the production-scale fluid bed.  
RD = 5.2 ·10
-5
 min/g, Pnozzle = 3 bar. Other model parameters according to table 9-6. 
 
The simulations of the production-scale fluid bed have revealed a classical problem with fluid 
bed coating process upscaling, which is related to the typical design of fluid bed equipment. 
Compared to pilot-scale equipment, production-scale equipment is typically much larger in 
vertical size, while the horizontal dimension is only slightly expanded. This means, among 
many things, that the expanded particle bed height increases significantly with scale. 
Typically, similar types of external mixing nozzles are used for any fluid bed scale, and the 
need for increasing spray capacity in the large scale is solved by adding more identical 
nozzles. As a consequence of this, even with increasing nozzle airflow rate in production-
scale fluid bed equipment, the droplet penetration depth is not increased accordingly to the 
increased expanded particle bed height. In all, this means that while the spray zone remains 
close to similar in extension, the expanded bed height increases significantly with scale, 
causing large temperature and humidity gradients vertically across the bed as well as longer 
drying-wetting cycles for each particle. This is expected to result in accelerated agglomeration 
tendencies and different coating layer properties, as reported elsewhere (Werner et al., 
2007a,b).  
 
It was observed for the RD/DF pilot-scale experiments that similar high fluidisation velocities 
(in m/s) combined with close to similar fluidisation air inlet temperatures result in similar 
tendency of agglomeration, hereby indicating that these fluid bed scales do not behave 
significantly different with respect to coating behaviour as long as the nozzle pressure is not 
too low. These simple principles, however, cannot be followed into production-scale as the 
average particle circulation time significantly increases when going from pilot fluid bed scales 
to production-scale. This is another consequence of the design of large fluid beds, and 
comparison of the average particle exchange rates from the different scales reveals that the 
particle circulation time is roughly seven times larger in the production-scale compared to the 
small pilot-scale. This means that a much higher inlet and product fluidisation air temperature 
for a given spray rate is needed for the production-scale in order keep conditions in the spray 
zone outside the agglomeration regime.  
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As observed from table 9-6 the c/n ratio is less than 40 % which is where the value of r begins 
to play a role, as it was presented in the sensitivity analysis. As an indication of this, 
simulations revealed that the production-scale fluid bed required a simulation time of roughly 
400 seconds to reach steady state for all properties, contrary to the pilot-scale fluid beds that 
required only a few hundred seconds to reach steady state. Besides affecting agglomeration 
tendency, a low average particle circulation time is likely to affect important properties not 
considered in the present study such as the quality of coating in terms of morphology and 
mechanical properties among other things. To overcome such fluid bed design problems the 
use of models as the one presented in this paper are useful tools in the optimisation of each 
fluid bed scale to produce unagglomerated coated granules at the same time having a high-
intensity process. 
 
9.5. Conclusion 
 
A dynamic heat and mass transfer model for the top-spray batch fluid bed coating process was 
presented, enabling the calculation of the fluidisation air temperature and humidity as well as 
particle moisture contents. The model proved good agreement with steady state experimental 
data for important variables such as the outlet temperature and humidity as well as the product 
temperature.  
 
The model was applied to study how changing scale influences the in-bed process conditions 
from an up-scaling point of view. To illustrate successful as well as unsuccessful fluid bed 
coating process scale-up, experimental data across three pilot-scale fluid beds were selected 
for model comparison from two papers by Hede et al. (2008a,b). Detailed simulations 
revealed that the three pilot-scales are not significantly different with respect to steady state 
in-bed conditions, and as long as the atomisation air pressure, coating solution spray rate and 
fluidisation air velocity (in m/s) are all above certain values, similar inlet fluidisation air 
temperatures will lead to similar low tendencies of agglomeration while the process intensity 
is maintained. This is because such process conditions give similar vertical temperature, 
humidity and Drying Force profiles again leading to similar particle liquid layer thicknesses, 
which in turn causes similar tendency of agglomeration as verified using the viscous Stokes 
theory.   
 
When scaling up to production-scale the temperature and humidity gradients increase 
significantly, meaning that the error of measuring the bed temperature at one location 
becomes much larger. It hereby becomes erroneous to define and fix an overall Drying Force 
value. The Relative Droplet size may apparently be fixed across scale during scale-up, just as 
it was observed by Rambali et al. (2003), but this requires a significant increase in the inlet 
fluidisation air temperature in order to keep out of the agglomeration regime. If the inlet 
temperature is fixed across scale, due to product-activity considerations etc., then the spray 
intensity must be decreased the larger the fluid bed scale in order to avoid agglomeration. 
This results in a decreasing outlet absolute humidity and is a consequence of the poor mixing 
and longer particle circulation times the higher the fluidised bed is. This illustrates that for 
similar process intensity, the coating process becomes increasingly sensitive towards the 
tendency of agglomeration the larger the fluid bed scale. 
 
In general, when optimal conditions are to be found for any fluid bed scale, combination of 
the viscous Stokes theory and particle liquid layer thickness profiles obtained from 
simulations appears to be a strong tool. Although requiring a heat and mass transfer model, as 
the one presented in this paper, this optimisation principle is scientifically valid as it is based 
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on thermodynamics and a generic first-principle model as the viscous Stokes theory. Contrary 
to the FN or DF/RD approach, this scale-up principle does not have any independent variables 
(such as the inlet fluidisation air temperature) and all fluid bed process settings can be 
determined a-priori at any scale. 
 
In all, the dynamic thermodynamic modelling and simulations have provided valuable insight 
into the top-spray fluid bed coating process. The simplicity, accuracy and versatility of the 
developed fluid bed coating model makes it a promising simulation tool in future scale-up 
studies, as well as for the study of response of the system to a change in the process 
conditions. The scale-up conclusions may be summed up as: 
 
• For each fluid bed scale the nozzle pressure has a great influence in terms of the 
vertical extension of the spray zone (besides an influence on the mean droplet size and 
the droplet size distribution). The larger the nozzle pressure, the further into the 
fluidised particle bed the droplets reach. In order to avoid high local particle moisture 
contents, the spray zone should ideally take up more than 50 % of the expanded bed 
height. This is normally achieved in small pilot-scale fluid beds, but not in larger 
scales. In order to achieve better coating processes in large scale, it is suggested to 
decrease the distance between the air distributor plate and the nozzle outlet or perhaps 
insert nozzles at difference vertical positions in the chamber, hereby expanding the 
vertical extension of the spray zone. Adjusting the fluidisation velocity accordingly 
should ideally ensure similar particle circulation time across scale. 
 
• The representation of the bed temperature in terms of a single temperature probe 
located near the air distribution plate may be representative for the temperatures at 
other locations only in pilot-scale fluid beds. Due to the large increase in expanded 
particle bed height with increasing scale and the resulting large temperature gradients, 
such single point temperature measurements are not representative for the temperature 
at other locations in production-scale fluid beds. Even if the temperature probe is 
inserted closer to the nozzle outlet, the measurement error would still remain higher 
than for smaller fluid bed scales. It is suggested not to base process control alone on 
single-point bed temperature measurements in production-scale fluid beds.   
 
• Agglomeration tendency during coating with salt solutions is closely related to the 
particle liquid layer profile. The spray rate per kg bed mass and the inlet temperature 
may be chosen differently from scale to scale, still resulting in a similar low tendency 
of agglomeration, as long as the vertical particle liquid layer profile through the bed 
stays below a certain limit determined by the viscous Stokes theory. In scale-up of the 
fluid bed salt coating process into production-scale it is suggested to use lumped-
region models (as the one presented in this paper) in order to combine particle liquid 
layer simulation results with generic particle-level agglomeration models as the 
viscous Stokes theory. 
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9.6. Appendix A. Model equations 
 
A.1. Particle balance on a single control volume 
 
As a result of the model assumptions, the population balance for the particles in control 
volume Si may be written according to equation A.1. The unit on both side of equation A.1 is 
number of particles per second. 
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A.2. Moisture (water) balance of the particles  
 
A.2.1. In a non-coating control volume 
 
In each non-coating control volume, the balance of moisture on the surface of the core 
particles is governed by the amount of water introduced by the particles entering Si from Si-1 
and Si+1, the amount of water removed by the particles leaving Si to Si-1 and Si+1 as well as the 
water evaporated from or condensed on the particle surfaces according to equation A.2. The 
unit on both side of equation A.2 is kg H2O per second. 
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A.2.2. In a coating control volume 
 
In a coating control volume, the introduction of coating solution needs to be taken into 
account, resulting in equation A.3. 
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In the model, it is assumed that the coating solution is uniformly divided over all coating 
control volumes c. Hence the term 1/c in equation A.3. 
 
A.3. Moisture (water) balance in the gas phase  
 
A.3.1. In a non-coating control volume 
 
The change in air moisture in a non-coating control volume Si is determined by the incoming 
moisture in the process air from Si-1, the moisture in the process air leaving towards Si+1 and 
the amount of water coming from evaporated water on the particle surfaces. Because the 
volume fraction of the bed, in which the atomisation air is homogeneously mixed, is 
unknown, it is further assumed that the sprayed coating solution and the atomisation air are 
divided over the same fraction of the fluidised bed being the upper c control volumes. Hence, 
the air moisture balance may be written according to equation A.4. The unit on both side of 
equation A.4 is kg H2O per second. 
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where Ma,i = Vi ·ρa,i·εi and εi is the fraction of the control volume Si that is not occupied by 
particles.  
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A.3.2. In a coating control volume 
 
Similar to equation A.4, equation A.5 expresses the water balance for the coating control 
volumes. 
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A.4. Coating mass balance of the particles 
 
A.4.1. In a non-coating control volume 
 
Particles are assumed only to receive coating if they are in coating control volumes. Hence, 
for the non-coating control volume, the coating mass balance is simply: 
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A.4.2. In a coating control volume 
 
According to the assumptions, all particles located inside a single coating control volume 
receive an equal amount of coating mass. Hence, the equation for the coating mass balance is 
given by equation A.7. 
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A.5. Energy balance of the particles  
 
A.5.1. In a non-coating control volume 
 
The enthalpy balance of the particles within any control volume Si depends on the enthalpy of 
the particles entering and leaving Si, the convective heat transfer between the air and the 
particles, the latent heat of evaporation of water on the particle surface and the heat losses 
through the shell of the reactor. The unit in equation A.8 is in J/s. 
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In equation A.8, Ap is the total surface of one particle in control volume Si and Qlat,i is the 
latent heat of vaporisation for pure water approximated by equation A.9. 
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A.5.2. In a coating control volume 
 
Analogously to equation A.8 with the addition of a coating related term, the enthalpy balance 
for the particle phase in a coating control volume can be expressed in terms of equation A.10. 
Since the diameter of the sprayed droplets is generally between 10 and 40 µm (Lefebvre, 
1989), it is assumed that the droplets, travelling from the nozzle towards the particle surface, 
reach the wet bulb temperature (Twb) before colliding with the particle surface.   
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A.6. Energy balance of the gas phase  
 
A.6.1. In a non-coating control volume 
 
The equation for the enthalpy balance of the gas phase within each control volume Si is given 
by the enthalpy of the air entering from Si-1 and the enthalpy leaving to Si+1, the enthalpy of 
the atomisation air, the heat transferred between the gas phase and the droplet phase, the heat 
transferred between the gas phase and the particles in Si. The unit in equation A.11 is in J/s. 
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A.6.2. In a coating control volume 
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The parameter Cp,a,i is the specific heat of moist air in Si. It is calculated using the following 
equation: 
 
vp,ia,airdry p,ia,p, CXCC ⋅+=  (A.13) 
 
where Cp,dry air is the specific heat of dry air being 1000 J/(kg·K) and Cp,v is the specific heat 
capacity of vapour being 1850 J/(kg·K). 
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A.7. Determining the model parameters 
 
For the application of the model equations is it necessary to find expressions for the model 
parameters. The applied equations are presented in the following section. 
 
A.7.1. Gas/solid heat and mass transfer 
 
The convective heat transfer coefficient between the particles and the gas phase αp,i can be 
approximated using the Whitaker equation according to equation A.14. 
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The Nusselt number provides a basis for comparing the rates of convective heat loss from 
geometrically similar bodies immersed in a moving fluid. The thermal conductivity of the 
fluidisation air λa is required to calculate the Nusselt number, and the following equation was 
obtained by regression analysis by Ronsse (2006) based on data adapted from Janna (2000).  
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Further, the viscosity of air in kg/(m·s) is calculated using the following equation: 
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For the calculation of the Sc and Re numbers, the density of moist air ρa,i is calculated using 
the ideal gas law simply as: 
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The Nusselt number is given as: 
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In the model equations, the drying rate RD,i is expressed as mass unit of water evaporated per 
mass unit of core particles per time. The drying rate is related to the vapour concentration 
gradient across the boundary layer according to equation A.19. 
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In equation A.19 the parenthesis containing aLangmuir is added to the drying rate term in order 
to avoid steep gradients in situations where the particle water contents approaches zero. The 
Langmuir expression has thus been added in order to make the simulations more stable by 
avoiding 0. order drying, which the Matlab ode solvers have difficulties to overcome. The 
parameter has nothing to do with the thermodynamic end result, but influences the Wp,i(t) 
curve shape only. A value of 0.05 has been selected for the simulation in the present paper. 
Other values have been tested, but a value of 0.05 gives the best curve shape. The term Pv,p,i is 
the vapour pressure at the particle surface and Pv,a,i is the vapour pressure in the gas phase. 
Pv,p,i is a function of the particle surface temperature and can be approximated through the 
following equation assuming that the boundary gas layer at the surface of a wetted particle is 
saturated (Campbell, 1977 and Ronsse et al., 2007b). 
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The term (Ta,i + Tp,i)/2 corresponds to the film temperature and the parameter Rg/MWv is the 
specific gas constant for water vapour being 461.9 J/(kg·K). 
 
The vapour pressure in the fluidisation air is calculated as: 
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The mass transfer coefficient α´p,i is calculated through an approximation in terms of the 
dimensionless Sherwood number for which the calculation is analogous to the calculation of 
the Nusselt number in equation A.14. 
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where the dimensionless Schmidt number, Sc, is the ratio of the momentum diffusivity (or 
viscosity) to mass diffusivity given by: 
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where Dv,i is the molecular diffusion coefficient for water vapour in air being approximated 
by: 
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where the control volume pressure Pi is approximated by atmospheric pressure. Thus, Pi in 
equation A.24 is 101325 Pa. 
 
The Sherwood number is given as: 
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where Dv,i is the molecular diffusion coefficient for water vapour in air being approximated in 
the same manner as for the Sc number according to equation A.24. 
 
The wet bulb temperature is estimated on the basis of the given fluidisation air temperature 
and humidity using equation A.26 and A.27. Initially the vapour pressure at dew point Pv_dp is 
calculated according to: 
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The vapour pressure at dewpoint is also equal to (cheresources.com, 2008): 
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 where Psat in found analogously to equation A.20 as: 
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Conversion between absolute and relative humidity is done in terms of the following formulas 
realising that (Clement et al., 2004): 
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where Pambient is assumed 101325 Pa. The relative humidity is found according to: 
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satv,
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A.8. Wall element heat balance and heat losses  
 
To quantify the overall heat losses in each control volume Si, the reactor shell is modelled into 
different elements or control volumes according to figure A1. 
 
 
Figure A1: Schematic representation of the heat losses in a single control volume Si. Based on Ronnse et 
al.  (2007a) 
 
The number of wall elements equals the number of fluidised bed control volumes. In 
modelling the temperature of the wall element, a number of in- and output heat terms were 
considered. The different terms are presented below. 
 
A.8.1. Bed to inner wall heat transfer 
 
In a bubbling fluidised bed some of the rising bubbles sweep past the inner reactor wall 
thereby washing away the particles located there and bringing fresh particles into direct 
contact with the surface. These groups of particles, which are continuously being swept away 
along the inner reactor wall, are denoted as emulsion packets. To take into account the 
coexistence of bubbles and particle emulsion packets in bubbling fluidised beds, the thermal 
resistance from the bed to the vertical and submerged surface in the bed (i.e. the inner wall), is 
denoted Ri (having units of m
2·K/W), and for control volume Si given by: 
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where δw is the bubble voidage at the submerged surface given as (using the Davidson & 
Harrison (1963) approach -  see also chapter two): 
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where Abed is the bed surface area, vbu is the bubble velocity in m/s, vmf the minimum 
fluidisation velocity and dbu is the gas bubble diameter for Geldart group B particles given by 
(Rhodes, 1998): 
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where g is gravity and hbu is the bubble position above the air distributor plate, having a 
diameter of dplate. Nor is the total number of perforations (plate orifices) in the gas distributor 
plate. In case the air distributor plate is not a perforated plate, but rather a porous plate, such 
as a stainless steel wire frame, the term 03.0)N/)2/d((π4 5.0or
2
plate ≈⋅⋅ . The gas velocity at 
minimum fluidisation is found by an approximation of the Ergun equation for particles with 
diameters above 100 µm (Teunou & Poncelet, 2002) as: 
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where Ar is the Archimedes number defined as (Kunii & Levenspiel, 1991): 
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and va,i is found simply as:  
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A.8.2. Particles to inner wall heat transfer 
 
The heat transfer from the particles to the inner reactor wall Rp,i can be further divided into 
two serially connected heat transfers being the heat transfer by the emulsion packets and heat 
transfer through the combination of the wall-particle contact point and the thin gas layer 
surrounding the wall-particle contact point. The latter is composed of conductive and 
radiative heat transfer as given by: 
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where Rpcd is the heat transfer resistance through the particle-vertical surface contact point 
and the surrounding thin gas layer, Rrad is the radiative heat transfer and Rpacket is the heat 
transfer resistance due to the presence of emulsion packets. According to Kunii & Levenspiel 
(1991) the radiative heat transfer can be neglected when the temperature is lower than 400 ºC, 
which is the case for commercial fluid bed coaters. As a result, equation A.37 is approximated 
as: 
 
ipacket,ipcd,ip, RRR +=  (A.38) 
 
The heat transfer through the contact point between the particle and the vertical surface Rpcd 
can be calculated as: 
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where κw is the wall mixing constant assumed to be 0.05 according to Kunii & Levenspiel 
(1991). The thermal conductivity for stagnant gas in the vicinity of the submerged vertical 
surface λaw,i can be estimated according to equation A.40: 
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where τw is the ratio of effective thickness of gas film around a contact point to particle 
diameter for contact between particle and surface. According to data adapted from Kunii & 
Levenspiel (1991), τw may be approximated as: 
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In equation A.40 the variable εmf,w is the bed voidage at the submerged vertical surface and at 
minimum fluidisation gas velocity. This parameter is assumed to be equal to the overall bed 
voidage at minimum fluidisation, and thus: 
 
mfwmf, εε ≅  (A.42) 
 
Considering thermal diffusion through an emulsion packet and assuming that the properties of 
the emulsion are equal to those at minimum fluidisation, Rpacket can be calculated as: 
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where fbu,w is the bubble frequency at the vertical surface. Generally, it is assumed to be equal 
to the overall bubble frequency in the bed fbu. The bubble frequency can be estimated on the 
basis of the volumetric flow rate of the fluidisation gas and the bubble size as: 
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For the use in equation A.40, εmf is calculated as (using the Broadhurst & Becker equation):  
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where ψp is the particle sphericity (see also chapter two). 
 
λamark,i is the thermal conductivity for stagnant gas in the bed and is approximated as: 
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where τmark is the ratio of effective thickness of gas film around a contact point to particle 
diameter for contact between adjacent particles. According to data adapted from Kunii & 
Levenspiel (1991), τmark may be approximated as: 
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A.8.3. Bubbles to inner wall heat transfer 
 
In equation A.31, the term δw/Rconv,i describes the heat transfer resistance between the gas 
bubbles and the inner reactor wall. The heat transfer through convection at a submerged 
surface in the fluidised bed depends on the geometry of the heat transfer surface. However, as 
an approximation, Rconv,i was calculated through the Nusselts number for forced convection in 
a vertical tube according to the Dittus-Boelter equation for fluids in turbulent flow (Ronsse, 
2006): 
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Thus: 
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A.8.4. Heat transfer along the reactor wall 
 
Because of the relatively small heat transfer resistance of the reactor wall (it is stainless steel) 
compared to the heat transfer resistance from the bed towards the wall and from the wall 
towards the environment, the wall element is considered to have a single temperature Tw,i. 
Due to the geometric nature of the wall element (hS,i >> dw), vertical heat conduction to or 
from adjacent wall element is also taken into account, meaning that: 
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A.8.5. Heat transfer from the wall towards the environment 
 
This heat transfer towards the environment is composed of convective and radiative heat 
transfer. The convective heat transfer is approximated by calculating the Nusselt number of a 
vertical cylinder with height hbed (corresponding to natural or free convection): 
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where βa is the thermal expansion coefficient of the fluidisation air being approximated as 
3.0·10-3 K-1. All other physical properties in equation A.53 should be evaluated at the film 
temperature being Tfilm = (Te + Tw)/2, where Te is the external air temperature. Hence the 
subscript “film” in the parameters in equation A.53. 
 
Thus: 
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The radiative heat loss is calculated by: 
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where Aw,i is the wall area in control volume Si (it is assumed throughout the model that the 
outer and inner area of the control volume is the same), σ is the Stefan-Boltzmann constant 
being equal to 5.669·10-8 W m-2 K-4, and θw is the emissivity which is used to describe the 
extent to which a surface behaves similar to a blackbody (θw = 1). A black body is an ideal 
surface which emits the maximum possible energy at a given wavelength and temperature. 
For the present fluid bed model, a value of θw = 0.28 is chosen, corresponding to emittance 
for far-infra-red radiation for stainless steel (omega.com, 2008).  
 
A.8.6. Total heat transfer balance towards environment 
 
By combining all described heat transfer terms, the total energy balance for the reactor wall 
may be written as: 
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where the mass of the reactor element Mw,i is calculated as: 
 
wiS,wiS,iw, ρhddπM ⋅⋅⋅⋅=  (A.57) 
 
where dS,i is the inner (bottom) diameter of the control volume Si, dw is the reactor wall 
thickness, hS,i is the height of the wall element and ρw is the specific density of the reactor 
wall material. The reactor wall control volume can be observed in figure A2. 
 
 
Figure A2: Schematic representation of the reactor wall control volume. 
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In terms of symbols, equation A.56 becomes: 
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(A.58) 
 
In the heat and mass balance equations, the heat transfer from the fluidised bed towards the 
inner reactor wall is divided into two parts being the particles-to-wall heat transfer Φloss,p,i and 
gas-to-wall heat transfer Φloss,a,i. These two heat transfer contributions correspond to the first 
two terms on the right-hand side in equation A.58 according to: 
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9.7. Appendix B. Parameter constants used in the simulations 
 
All the parameters listed below were kept constant throughout all simulations irrespectively of 
the fluid bed scale. 
 
Parameter Symbol Values used in the simulations 
Langmuir coefficient aLangmuir 0.05 (Dimensionless) 
Reactor wall thickness dw 0.003 m 
Reactor wall thermal 
conductivity 
λw 14.6 W /(m · K) 
Reactor wall emittance  θw 0.28 (Dimensionless) 
Reactor wall specific heat 
capacity  
Cp,w 500 J/(kg · K) 
Reactor wall density  ρw 7850 kg/m
3 
Wall mixing constant  κw 0.05 (Dimensionless) 
Stefan-Boltzmann constant  σ 5.669 · 10-8 W/(m2 · K4) 
Particle diameter  dp 250 · 10
-6 m 
Particle sphericity  ψp 0.86 (Dimensionless) 
Particle density  ρp 2600 kg/m
3 
Particle specific heat capacity  Cp,p 837 J/(kg · K) 
Specific heat of dry air Cp,dry air 1000 J/(kg · K) 
Particle thermal conductivity  λp 0.8 W /(m · K) 
Specific heat capacity of water  Cp,H2O 4181.3 J/(kg · K) 
Specific heat capacity of cores  Cp,Core 902.537 J/(kg · K) 
Specific heat capacity of vapour  Cp,v 1850 J/(kg · K) 
Coating solution temperature  Tc 333.15 K 
Atomisation air temperature  Tat 293.15 K 
Absolute humidity of nozzle air  Xat 2.87 · 10
-4 kg water/ kg dry air 
External air temperature  Te 298.15 K 
External atmospheric pressure  Pe 1.01 · 10
5 Pa 
Gravity  g 9.82 m/s2 
Thermal expansion coefficient 
of the fluidisation air  
βa 3.0 · 10
-3 K-1 
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9.8. Table of symbols  
 
Symbols  Unit 
 
aLangmuir Langmuir coefficient Dimensionless  
A Constant  Dimensionless 
Ap  Surface area of a single particle m
2 
Ar Archimedes number Dimensionless 
Aw,i  Total wall area in Si m
2 
B Constant  Dimensionless 
BD  Bulk density of the powder kg/m3 
Bidr Droplet Biot number Dimensionless  
Bip Particle Biot number Dimensionless  
c Number of coating control volumes Dimensionless  
Cp,a,i Moist air specific heat capacity in Si J/(kg·K) 
Cp,c Coating solution specific heat capacity J/(kg·K) 
Cp,Core Specific heat capacity of cores J/(kg·K) 
Cp,dry air Specific heat capacity of dry air J/(kg·K) 
Cp,H2O  Specific heat capacity of water J/(kg·K) 
Cp,p Particle specific heat capacity J/(kg·K) 
Cp,v Specific heat capacity of vapour J/(kg·K) 
Cp,w Reactor wall specific heat capacity J/(kg·K) 
dbottom Reactor bottom diameter m 
dbu Gas bubble diameter m 
ddr Droplet diameter m 
dp Particle diameter m 
dplate Diameter of gas distributor plate m 
dtop Reactor top diameter m 
dw Reactor wall thickness m 
D0 Normalised distance  m 
DF Drying Force kPa 
Dv,i Molecular diffusion coefficient for vapour m
2/s 
DMc Coating solution dry-matter content kg dry-matter/kg solution 
e Particle coefficient of restitution  Dimensionless 
fbu Bubble frequency  1/s 
fbu,w Bubble frequency at the vertical surface 1/s 
FN Flux Number Dimensionless 
g Gravity m/s2 
Ga Fluidisation dry air mass flow rate kg/s 
Gat Atomisation dry air mass flow rate kg/s 
Gr Grasshof number Dimensionless 
hasp Characteristic height of particle surface asperities m 
hbed Bed height m 
hbu Vertical bubble position above the distributor plate m 
hFB Fluid bed height m 
hliq Liquid layer height  m 
hnozzle  The height of the spray nozzle above the bottom of 
the fluidisation chamber 
m 
hS,i Height of control volume Si m 
i Index  Dimensionless 
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air nozzlem&  Atomisation air mass flow rate  kg/s 
spraym&  Coating liquid mass spray rate  kg/s 
cM&  Mass flow rate of coating solution kg/s 
Ma,i Mass of fluidisation air in Si kg 
Mbed Overall bed mass kg 
Mdr,i Mass of droplets in control volume i kg 
Mp Mass of a single particle kg 
MWa Molecular weight of fluidisation air kg/mol 
MWw Molecular weight of water kg/mol 
n Total number of control volumes Dimensionless 
Ni Number of particles in control volume Si Dimensionless 
Nbed Total number of particles in the system Dimensionless 
Nor Total number of perforations in the gas distributor 
plate 
Dimensionless 
Nsim Number of simulated particles Dimensionless 
Nu Nusselt number Dimensionless 
Pambient Ambient pressure Pa 
Patm Atmospheric pressure Pa 
Pat Atomisation air pressure Pa 
Pe External atmospheric pressure Pa 
Pi Pressure in Si  Pa 
Pnozzle Nozzle pressure Pa or bar 
Pv_dp Vapour pressure at dew point  Pa 
Pv,a,i Vapour pressure in gas phase in Si  Pa 
Pv,p,i Vapour pressure at particle surface in Si  Pa 
Pv,sat Saturated vapour pressure  Pa 
Pri Prandtl number in Si Dimensionless 
mliqq&  Spray mass flux  kg/(s·m
2) 
Qlat,i Latent heat in Si J/g 
Qrad,i Radiative heat loss J 
r1, r2 Radius of granule 1 and 2, respectively µm 
r Particle exchange rate 1/s 
rharm Harmonic mean granule radius m 
RD Relative Droplet size min/g 
Ri Thermal heat transfer resistance from the bed to a 
vertical submerged surface in the bed in Si 
(m2·K)/W 
Rcond,i Thermal heat transfer resistance from vertical heat 
conduction coming from an adjacent wall element 
Si-1 
(m2·K)/W 
Rconv,i Thermal heat transfer resistance from convection 
from fluidisation gas to chamber wall in Si 
(m2·K)/W 
RD,i Drying rate in Si kg water / (kg core · s) 
Rg Gas constant m
3·Pa/(K · mol) 
Rrad_ext,i Thermal radiative heat transfer resistance in the 
surroundings 
(m2·K)/W 
Rpcd,i Thermal heat transfer resistance through the 
particle-vertical surface contact point and the 
surrounding thin gas layer in Si 
(m2·K)/W 
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Rp,i Thermal heat transfer resistance from the particles 
to chamber wall in Si 
(m2·K)/W 
 
Rpacket,i 
 
Thermal heat transfer resistance due to the 
presence of emulsion packets in Si 
 
(m2·K)/W 
Rrad,i Thermal radiative heat transfer resistance in Si (m
2·K)/W 
Re Reynolds number of gas phase in Si Dimensionless 
Rep,i Particle Reynolds number in Si Dimensionless 
Rw Thermal heat transfer resistance from the wall to 
surroundings 
(m2·K)/W 
Si The i´th control volume Dimensionless  
Sci Schmidt number Dimensionless 
Shp,i Particle Sherwood number Dimensionless  
Stv Viscous Stokes number Dimensionless 
Stv
* Critical viscous Stokes number Dimensionless 
t Time s 
t0 Simulation start time s 
tend Simulation end time s 
tsim Simulated time s 
theat Time of heating stage s 
tspray Spraying time s 
u0 Initial granule collision velocity m/s 
Ta,i Fluidisation air temperature in Si  K 
Tbed Bed temperature K 
Ta,in Inlet fluidisation temperature  K 
Tat Atomisation air temperature K 
Tc Coating solution temperature K 
Tdb Dry bulb temperature K 
Te Temperature of the surroundings (externals) K 
Tp,i Particle temperature in Si K 
Tref Reference temperature (arbitrarily chosen) K 
Twb,i Wetbulb temperature in Si K 
va,i Fluidisation air velocity in Si m/s 
vmf Minimum fluidisation velocity m/s 
vbu Bubble rise velocity m/s 
ve Excess gas velocity m/s 
vrel The difference between the atomisation air velocity 
and the liquid velocity at the nozzle outlet 
m/s 
Vi Volume of Si m
3 
Vbed Bed volume m
3 
Wp,i Particle water content in Si kg water / (kg core) 
Xa,i Absolute air humidity in Si kg water/ kg dry air 
Xa,in Inlet fluidisation air absolute humidity  kg water/ kg dry air 
Xa_sat Fluidisation air absolute humidity at saturation kg water/ kg dry air 
Xat Absolute humidity of nozzle air kg water/ kg dry air 
Yi Collected coating mass kg dry-matter / kg core 
Yp,i Coating mass deposited in Si kg dry-matter/ kg core 
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Greek   
   
αdr Droplet convective heat transfer coefficient  W /(m
2·K) 
αp,i Particle convective heat transfer coefficient in Si W /(m
2·K) 
α´p,i Mass transfer coefficient in Si m/s 
βa Thermal expansion coefficient of the fluidisation 
air 
K-1 
δ Dimensionless bubble spacing Dimensionless 
δw Bubble voidage at the submerged surface Dimensionless 
∆t Simulation time step s 
εi Bed voidage in Si (volume not occupied by 
particles) 
Dimensionless 
εbed  Bed porosity Dimensionless 
εmf Bed voidage at minimum fluidisation Dimensionless 
εmf,w Bed voidage at the submerged vertical surface at 
minimum fluidisation 
Dimensionless 
εwall Reactor wall emittance for far-infrared radiation Dimensionless 
ηa,i Fluidisation air viscosity in Si Pa·s 
ηliq Coating solution viscosity  kg/m s 
θw Reactor wall emittance Dimensionless 
κw Wall mixing constant Dimensionless 
λa,i Fluidisation air thermal conductivity in Si W /(m·K) 
λaw,i Thermal conductivity for stagnant gas in the 
vicinity of the submerged vertical surface in Si 
W /(m·K) 
λamark,i Thermal conductivity for stagnant gas in the bed in 
Si 
W /(m·K) 
λp Particle thermal conductivity W /(m·K) 
λw Reactor wall thermal conductivity W /(m·K) 
ρa,i Fluidisation air density in Si kg/m
3 
ρg Granule density kg/m
3 
ρliq Coating solution density kg/m
3 
ρp Particle density kg/m
3 
ρw Reactor wall density kg/m
3 
σ Stefan-Boltzmann constant W/(m2·K4) 
τmark Equivalent gas film thickness of the gas film 
around the adjacent particle-particle contact point 
(compared to the particle diameter) 
Dimensionless 
τw Equivalent gas film thickness of the gas film 
around the surface-particle contact point 
(compared to the particle diameter)  
Dimensionless 
Φloss,a,i Fluidisation air heat loss (air-to-wall heat transfer) J/s 
Φloss,p,i Particle loss (particle-to-wall heat transfer) J/s 
ψp Particle sphericity Dimensionless 
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Chapter introduction  
 
Chapter ten provides a comparative study of inorganic salt and polymer fluid bed coating 
processes. The focus is on differences and similarities in processing and operations. Polymer 
coating processes are more difficult to carry out in practice than inorganic salt coating 
processes, although it is not obvious what causes these differences. Studies focusing on 
Drying Force, coating solution bulk viscosity, mean droplet diameter, colloidal phenomena 
and stickiness are carried out, and results lead into a proposal of a new Tack Stokes number 
suggested to be a better measure of the agglomeration tendency than the original viscous 
Stokes number for polymer coating processes under certain conditions.   
 
The present chapter is submitted to the journal Industrial & Engineering Chemistry Research 
as three separate papers. The papers are currently awaiting publication and are entitled, 
respectively: Fluidised bed coating with sodium sulphate and PVA/TiO2. Part I: Review and 
agglomeration regime maps; Fluidised bed coating with sodium sulphate and PVA/TiO2. Part 
II: Influence of coating solution viscosity, stickiness, pH and droplet diameter on 
agglomeration; Fluidised bed coating with sodium sulphate and PVA/TiO2. Part III: The role 
of tackiness and the tack Stokes number. All three papers are authored by Peter Dybdahl Hede 
(Technical University of Denmark), Poul Bach (Novozymes A/S) and Anker D. Jensen 
(Technical University of Denmark). The papers are referred to as: Hede et al. (2008d), Hede 
et al. (2008e) and Hede et al. (2008f), respectively. The following sections are reproductions 
of the proof corrected papers, although the papers have been written together to form a single 
chapter. Furthermore, sections concerning equipment and materials have been left out (please 
refer to chapter five).  
 
10. Fluidised bed particle coating with sodium sulphate or PVA/TiO2 
solutions: Differences and similarities in processing and operations 
 
Abstract 
 
The present paper addresses fluid bed coating of placebo enzyme granules (i.e. sodium 
sulphate cores, size range of 400 – 500 µm) by two types of aqueous coating solutions being 
sodium sulphate and PVA/TiO2. The coating experiments were conducted in a medium-scale 
top-spray Niro MP-1 fluid bed, and a number of rheological experiments were performed on 
the coating formulations to support the interpretation of the fluid bed coating results. Results 
show that the agglomeration tendency is always less for the salt coating process than for the 
polymer coating process under similar process conditions, due to differences in stickiness 
(and not because of differences in bulk viscosities or mean droplet diameters), but also that it 
is possible to optimise the PVA/TiO2 coating formulation and process in order to achieve a 
low tendency of agglomeration similar to the salt coating process. The best results for the 
PVA/TiO2 solution are obtained by substituting the PVA/TiO2 in equal amounts with Neodol 
23-6.5, and further reduce the pH value in the coating solution to pH = 4. With the coating 
liquid layer thicknesses encountered during these fluid bed coating processes, it appears as if 
agglomeration is governed primarily by liquid surface phenomena rather than solely by 
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viscous phenomena. A modification to the original viscous Stokes number is suggested in the 
present paper defining the Stokes number in terms of the work needed to reach maximum tack 
instead of the viscous dissipation energy. The new tack Stokes number correlates well with 
observed levels of agglomeration from fluid bed coating experiments, and as a promising 
feature, proportionality is observed between the agglomeration weight percentages and the 
differences between the new tack Stokes number and a critical tack Stokes number. 
 
10.1. Introduction 
 
In the industrial production of granules in the enzyme and pharmaceutical industry, particles 
are commonly coated with one or several different layers in a fluidised bed. A spray-coated 
granule is thereby typically structured in a series of concentric layers in an onion-like fashion 
(van Ee et al., 1997). Coating layers typically serve a number of functions depending on the 
end-use of the granules. For enzyme-containing granules, the coating may contain the enzyme 
itself or may be used to protect the enzyme-containing core by improving the enzyme 
resistance to degradation or inactivation by components, such as oxygen or bleach 
components, from the surrounding detergent matrix, which are capable of oxidising or 
otherwise inactivating the enzyme (Markussen, 2002). Furthermore, the coating layer may 
have controlled-release properties upon introduction of the granule into an aqueous medium, 
or provide a barrier against ambient moisture to enhance the storage stability of the enzyme 
granule and reduce the possibility of microbial growth within the granule (Arnold et al., 
1993). The ability of a coating to serve as a barrier to protect the enzyme is thereby related to 
the permeability of the protective coating, primarily by water and H2O2. In addition, the 
coatings also prevent the enzyme granules from generating dust when they are handled. This 
is important since enzymes are proteins that have the potential of inducing allergenic response 
when humans are exposed to aerosols of enzymatic active dust. The ability of a coating to 
prevent an enzyme granule from releasing dust is closely related to its mechanical properties 
of which attrition and impact strength are of primary importance (Beekman, 2000).  
 
The most common types of fluid bed coating processes, with respect to enzyme granules, may 
be divided into two general categories: The coating with aqueous solutions of inorganic salts 
(with or without active ingredients) and the coating with aqueous solutions of film-forming 
water-soluble polymers (with or without additional compounds). These types of coating 
processes have been treated in a number of industrial patents that have been filed by some of 
the large enzyme companies such as Genencor International/Danisco (Arnold et al., 1993, 
Dale et al., 1999 and Becker et al., 2005), Kao Corporation (Kiuchi et al., 1998), Novozymes 
(Markussen, 1986 & 2002 and Simonsen, 2002), Procter & Gamble (Foley et al., 2003) and 
Henkel (Paartz et al., 1998). Schematic representations of typical commercial enzyme 
granules with both types of layers can be seen from figure 10.1 and figure 10.2. Figure 10.1 
shows the structure of a commercial Genencor Enzoguard® granule. The core consists of a 
rounded sugar or starch particle with partially hydrolysed polyvinyl alcohol (PVA) as a thin 
outer layer. Atop that layer are three additional layers, where the inner layer consists of an 
enzyme mixed with fully hydrolysed PVA, the middle layer is magnesium (or sodium) 
sulphate, and the outer layer consists of a mixture of partially hydrolysed PVA, titanium 
dioxide and surfactant/lubricant/plasticizer. All layers are sprayed successively onto the core 
in a fluid bed (Dale et al., 1999). Figure 10.2 shows the structure of a commercial Novozymes 
TK granule. The granulation process is based on a combination of mixer and fluid bed 
technology, where the active granulate is built around an inert carrier core, which is produced 
in a high-shear mixer. Enzyme and functional layers are added onto the core in successive 
steps. First, the enzyme is added by absorption of concentrate into the carrier core in a high-
Chapter 10. Fluid bed coating with PVA/TiO2 solutions 
 
 
259 
shear mixer. Additional concentrate then is added by spraying in a fluid bed to attain the 
specified product activity. Next, the granule is coated in a fluid bed with a layer of sodium 
sulphate (optionally, binders and titanium dioxide are added to the salt layer). The granule is 
finally equipped with an outer film coating that consists of a mixture of methylhydroxy-
propylcellulose (MHPC) and polyethyleneglycol (PEG) for perfecting the dust control. An 
additional layer of PEG4000 may be added as a lubricant (Markussen, 2002 and Simonsen, 
2002). 
 
 
Figure 10.1: The structure of a commercial Danisco/Genencor Enzoguard® granule  
(Dale et al., 1999). Figure not to scale. 
 
 
 
Figure 10.2: The build-up of a commercial Novozymes TK granule  
(Markussen, 2002 and Simonsen, 2002). Figure not to scale. 
 
Although the principles behind the coating process of inorganic salts and polymer solutions 
are the same, screening studies by Neidel (2007) clearly show that the coating process of 
polymer solutions is far more difficult in terms of process control. This was the general 
observation within a broad range of tested coating solution formulations. It is not obvious 
what causes these differences in processing, and it is thereby not obvious which process or 
formulation conditions that could be kept similar or what conditions that should be chosen 
differently and to what extent. Phenomena such as agglomeration during coating, loss of 
coating solution due to spray drying loss etc. are notoriously far more outspoken with 
polymer coating than with the inorganic salt coating process (Neidel, 2007). In addition, 
results reported by Chu et al. (2006 & 2007) indicate that different colloidal phenomena in the 
polymer solutions also play a role in the coating process. Finding optimum coating conditions 
where the coating process can be conducted in a reasonable time without agglomeration or 
spray drying loss of the coating feed, for any of the two coating processes, is thus not an easy 
PVA + TiO2  
+ 
MgSO4 
Enzyme + PVA 
Sugar / Starch + PVA 
Lubrication: PEG
PEG + MHPC 
Na2SO4 + Binder + TiO2 
Enzyme + Binder (e.g. Dextrin) 
Inert core (e.g. Sodium sulphate) 
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task. Only limited fundamental research in the open literature has so far been reported in this 
field as previous work is done mostly in industry and often is protected in patents. It is the 
aim of this paper to highlight and suggest explanations for the similarities and differences in 
coating with inorganic salt solutions and polymer solutions in top-spray fluid beds. Initially, 
the different coating ingredients are discussed together with prior coating experiences. 
 
10.2. Review of inorganic salt and polymer fluid bed coatings 
 
10.2.1. Salt coatings 
 
Salt coatings are typically added together with the enzyme or preferably between the enzyme 
core/layer and an outer polymer coating layer. The salt layer provides a protective layer 
toward bleach components when the enzyme granule is stored in a bleach-containing 
detergent. In one of the first Genencor patents by Arnold et al. (1993) a chlorine scavenger 
layer such as ammonium sulphate was preferred as the ammonium ion is able to react with 
chlorine from detergent granules, thereby protecting the enzyme during storage by actively 
neutralising oxidants. However, because of the possible smell of ammonia, newer enzyme 
granules typically use low-cost compounds as magnesium sulphate or sodium sulphate even 
though they do not function as chlorine scavengers. However, these compounds do resemble 
similar water and H2O2 barrier properties and, furthermore, help to reduce enzymatic dust 
problems when the granules are used (Markussen, 2002). 
 
In recent publications by Hede et al. (2007a & 2008a,b) fluid bed coating processes with 
sodium salt solutions were treated in detail in the context of fundamentals and scale-up issues. 
Results are promising regarding control of the process, at the same time, being able to 
produce salt-coated granules with high mechanical strength and a low tendency for 
agglomeration during processing. Results indicate that nozzle conditions especially play an 
important role in the outcome of the process, and that the temperature and humidity 
conditions inside the bed during coating have primary importance regarding agglomeration. 
Hede et al (2008b) suggested that the bed temperature and bed humidity during steady state 
coating conditions were combined into a so-called Drying Force parameter, according to 
equation 8.3 (please refer to chapter eight) indicating the fluidisation air moisture evaporation 
force. The advantages of the Drying Force parameter in a scale-up context was emphasised in 
the work by Hede et al. (2008b). The paper by Hede et al. (2008b) further argues in favour of 
fluid bed process operation in terms of fixed nozzle conditions and fluidisation velocity 
throughout the coating process with the conditions inside the fluidisation chamber being 
adjusted only in terms of the inlet fluidisation air temperature. 
 
10.2.2. Polymer film coatings 
 
A polymer layer is typically added as the final outer layer to provide simultaneous benefits of 
low dust, as well as good colour appearance and moisture barrier properties and controlled 
release of the enzyme. Film coating of granules with water-insoluble substances is usually 
based on organic solutions of the film-forming material or on aqueous colloidal dispersions of 
polymer particles (Abletshauser et al., 1993). Typically, however, water-soluble polymers are 
used, and numerous polymers are used commercially for enzyme granule coatings, including 
most often, polyvinyl alcohol (PVA), polyethylene glycol (PEG), methylcellulose (MC) and 
methylhydroxy-propyl cellulose (MHPC or HMPC). With only a few exceptions, a range of 
other components are typically added to the aqueous polymer solution including plasticizers, 
lubricants, pigments as anti-agglomerating agents van Ee et al., 1997 and McGinity, 1997).  
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10.2.2.1. PVA 
 
Polyvinyl alcohol (PVA) is used in a variety of pharmaceutical and drug delivery applications 
such as active component jellies, protein-based pharmaceuticals and sustained release oral 
dosage forms etc. (McGinity, 1997). PVA has in recent years been used for many 
pharmaceutical formulations due to its low cost as well as good barrier and tensile properties. 
As a component of tablet coating formulations intended for products such as e.g. food 
supplement tablets, PVA protects the active ingredients from moisture, oxygen, and other 
environmental components, while simultaneously masking their taste and odour. It allows for 
easy handling of finished products and facilitates ingestion and swallowing. The viscosity of 
PVA allows for the application of the polymer in tablets, capsules and other forms to which 
film coatings are typically applied at relatively high solids contents (Hsu et al., 2001 and 
McGinity, 1997). A repeat unit structure of PVA can be seen from figure 10.3. 
 
 
Figure 10.3: The chemical repeat unit structure of partially hydrolysed polyvinyl alcohol  
(Saxena, 2004). 
 
In the context of commercial enzyme granules, PVA is used for outer as well as inner 
coatings of the enzyme granules, where PVA serves as a barrier to protect the enzyme from 
exposure to harsh chemicals that may be present in the final product in which the enzyme is 
used. PVA has been proven to be a very effective coating component for detergent enzyme 
granules. PVA is particularly useful because it simultaneously provides a coating with 
reduced permeability to moisture and oxidants, a strong and attrition-resistant coating, and a 
coating that is readily soluble in water and detergent solutions in both cold and hot water. It is 
also sufficiently water-soluble to be prepared in aqueous coating solutions and sprayed onto 
enzyme-containing granules at a reasonable rate (Hsu et al., 2001 and Dale et al., 1999). It is 
soluble in water, and typically a 5 w/w% solution of polyvinyl alcohol exhibits a pH in the 
range of 5.0 to 6.5. PVA has a melting point of 180°C to 190°C, and the polymer further has 
the advantage of being non-toxic, hydrophilic and relatively easy to handle (Saxena, 2004). It 
is an odourless and tasteless, translucent, white or cream coloured compound that typically is 
manufactured in granular form (Celanese, 2005).  
 
PVA is commercially available in a wide range of molecular weights and varying degree of 
hydrolysis from the polymer acetate precursor, making it possible to control the relative 
solubility and physical properties of the polymer coating, which again can be optimised to 
balance factors such as the ease of coating, dissolution rate of the granule, attrition resistance, 
and permeability of the granule to moisture and oxidants (Saxena, 2004 and Hsu et al., 2001). 
Suitable PVA types for an outer enzyme granule coating layers include typically partially to 
fully hydrolysed PVA having a low viscosity in the range of 5 – 15 cP in a 4 w/w% aqueous 
solution (Arnold et al., 1993).  
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Additional advantages of PVA include the facts that it can readily be plasticized with water, 
glycerol, PEG and other polyhydric compounds, and that it is compatible with pigments and 
fillers such as titanium dioxide, talc and carbonates among others (Saxena, 2004). For coating 
purposes, PVA is often dissolved in aqueous solutions, together with dispersed inert filler 
particles such as TiO2, in order to help reducing the tendency of agglomeration as well as to 
make the granules appear white. PVA solutions also may be coloured with different kinds of 
dye colours (Jordan & Taylor, 2002).  
 
10.2.2.2. Tackiness and work of adhesion of polymer solutions 
 
Coating formulations consisting of water-soluble polymeric film-formers such as PVA are 
known to be inherently tacky (sticky) in nature and spontaneously adhere to many materials 
on contact, readily forming adhesive joints with no need for primary chemical bonding (Chau 
& Swei, 2004). The tack problem is especially troublesome in the coating of small particles, 
as their tendency to agglomerate is known to increase significantly with coating solution 
stickiness (Wan & Lai, 1992a). Most film-forming polymers become tacky during their 
drying phase, which is believed to be the major cause of undesired particle agglomeration 
during the fluid bed coating process (Wan & Lei, 1992b). Although the coating solution spray 
rate, bed temperature and moisture have been identified as critical parameters in the 
prevention of agglomeration (Hede, 2005 & 2006) it is sometimes not possible with 
troublesome coating solutions to use these operating parameters alone in controlling the 
extent of agglomeration. For coating applications, a low tackiness is generally desirable. A 
polymer formulation with a low tackiness generally shows a lesser tendency for film coating 
defects and results in an easier coating process and reduced processing time (Wesseling et al., 
1999). 
 
The mechanisms behind the stickiness of polymers in solution are not yet fully understood. It 
is believed that mainly viscoelastic effects and fibrillation of the adhesive are responsible for 
a large energy dissipation and strong adhesion and tackiness (Creton & Leibler, 1996, Russell 
& Kim, 1999, Roos et al., 2002). Chemically, stickiness of PVA is believed to be closely 
related to the conformation of the polymer chains. While being in solution, the polymer 
chains normally do not touch each other very often and slide over each other quite easily. 
Thus, PVA solutions are quite flexible and able to get into the microscopic cracks and 
crevices in the core particle surface. Upon solvent evaporation, the polymer chains will get 
closer, and, depending on the length of the chains, they will hook in the surface cracks and 
adhere well to the surface in mechanical interlocking mechanisms (Adhikari et al., 2001). The 
result is a sticky surface ready for agglomeration. This theory is supported by various 
experiments, indicating that there is a strong connection between tack and the contact with 
rough surfaces. In the presence of asperities on the solid surface, the actual area of contact is 
always less than the nominal area. This is because the polymer solution sinks into the surface 
valleys. Results by Hui et al. (2000) support previous findings by Creton & Leibler (1996) 
indicating that this true contact area depends on both the applied load and the time of contact 
between the adhesive and the adherent. As for other pressure sensitive adhesives (an adhesive 
that retains tack after solvent evaporation, so that it can be bonded by simple hand pressure), 
PVA needs a certain pressure to cohere, meaning that a certain force is necessary for two 
objects covered with PVA to stick together. Clamping is believed to be necessary in order for 
the PVA chains to twine into each other. After the PVA chains have been forced to coil into 
each other, they will leave a strong network upon solvent evaporation. This network is 
believed to cause the good cohesion properties of PVA and may be part of the explanation for 
the agglomeration tendency of wet PVA coated particles (Rajsharad & Kamble, 2006).  
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In the literature, a distinction is often made between adhesion studies and tackiness studies 
although these properties, indeed, are related. Adhesion is the work required to separate a 
unit-cross sectional area of two materials and it is governed by mechanical interlocking, 
wetting and electrostatic and chemical forces (Adhikari et al., 2001). From a mechanical point 
of view, the strength of an adhesive joint can be characterised by the work of detachment per 
unit area of interface Acon, which is given by the following equation (Zosel, 1985): 
 
∫ ⋅⋅⋅= dtvFA
1
W sep
con
adhesion  (10.1) 
 
where vsep is the rate of separation and F is the tensile force during the unbonding process. 
This fracture energy per unit area of interface (also known as the intrinsic adhesive failure 
energy) is a measure for the adhesive bond energy (Zosel, 1985). From a theoretical point of 
view, work of adhesion is interesting because it can be related to well-known physical and 
chemical parameters such as contact angle, surface tensions and spreading coefficient, with 
the latter being the difference between work of adhesion and work of cohesion (York & 
Rowe, 1994) (see also chapter three). Furthermore, work of adhesion may be combined with 
solubility theory such as the Hansen or Hildebrand solubility parameters giving a theoretical 
possibility for the a-priori prediction of work of adhesion (Rowe, 1988). Considerable 
research has been conducted in an attempt to correlate the physical properties of polymer 
binder and coating solutions with subsequent granule and tablet properties, but often with 
limited success (Okhamafe & York, 1985, Johnson & Zograf, 1985, Rowe, 1988 & 1989, 
Parker et al., 1990, Felton & McGinity, 1997, Tüske et al., 2005). Experimental work has 
been somewhat inconclusive in demonstrating any quantitative relationship between surface 
energetics of the coating solution and the solid substrate and the resulting adhesive strength. 
One reason for this, which is a general problem faced in studying film adhesion, is the 
difficulty in accounting for the effect of bulk film properties on the adhesion measurement. 
Further problems often occur when static surface energetics are to be compared to the 
dynamic interactions that are occuring during granulation. Correlations between measured 
values for work of adhesion with those predicted from theory require optimum or fully 
developed interfacial contact between the adhesive and the adherent, which almost never 
takes place during granulation. Measured adhesion energies are often observed to be several 
orders of magnitude larger than the predicted thermodynamic work of adhesion (Creton & 
Leiber, 1996). In that respect, work of adhesion theory must be regarded as less interesting for 
dynamic particle processes such as the fluid bed coating process, as the interface interactions 
here are so fast that dynamics and possible imperfect interfacial contact also must be taken 
into account. More on polymer adhesion and measurement techniques for adhesion may be 
found in the thorough review by Michalski et al. (1997). 
 
Tack or tackiness is the main property of pressure-sensitive adhesives and is defined as the 
ability of an adhesive to develop interactions under short contact time with a substrate under 
light pressure and during short contact time. Contrary to the work of adhesion, tack is not a 
material parameter that can be theoretically related to fundamental physical/chemical 
parameters. Because tack is evaluated by the maximum energy (stress) required to propagate 
an interfacial fracture, it is strongly dependent on the interfacial adhesion strength between 
the adhesive and adherent, but also on the energy dissipated in the polymer during separation, 
through viscoelastic losses and fibrillation phenomena etc. (Smitthipong et al., 2004 and Roos 
et al., 2002). Both viscoelasticity and the wetting of the adherent by the adhesive are of 
particular importance during the bond formation (Adhikari et al., 2001), and it is generally 
observed that tack is dependent on surface roughness and increases with contact time, contact 
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force and separation rate, as it has been demonstrated in results by Zosel (1985) and Hui et al. 
(2000). Tack is connected with the glass transition of the adhesive and is related to the 
corresponding compliance just above the glass transition temperature range, which itself is 
determined by the entanglement network of the polymer (Bartenev et al., 1969 and Phillips et 
al., 2007). The glass transition temperature is the temperature below which the physical 
properties of amorphous materials such as polymers vary in a manner similar to those of a 
solid phase (glassy state), and above which amorphous materials behave like liquids (rubbery 
state). Above Tg, the secondary non-covalent bonds between the polymer chains become 
weak in comparison to thermal motion and the polymer becomes rubbery and capable of 
elastic or plastic deformation without fracture (Goodwin, 2004). 
 
The fact that tackiness cannot be unambiguously related to well-known physical parameters 
means that many types of equipment for the measurement of tackiness have been developed, 
as reviewed by Christensen (1998) and Gay (2002). These methods of expressing tack are 
useful in many practical cases, but the physical meaning of these values is not necessarily 
clear. The values determined by any tack tester are relative values under fixed conditions and 
do not necessarily compare with values determined under different conditions with other 
determining methods. The most popular method is in general the Probe tack test, as the 
Texture analyser set-up used in the present study (please refer to chapter five), in which the 
butt end of a cylindrical probe is brought into contact with the liquid sample at a specified 
load and time, and then removed at a specific rate. Several detailed stickiness studies have 
used this method previously (Zosel, 1985 and Werner et al., 2007). Probe tack tests for 
coating solutions have been reported by Chopra & Tawashi (1982, 1984 & 1985) and Wan & 
Lai (1992a,b). The probe tack test provides two measures of tack being the work spent in 
debonding the probe from the adhesive and the maximum tensile force achieved during the 
debonding step. Usually only the maximum tensile force is considered as a measure of tack, 
although this Fmax(tack) parameter is qualitatively different in nature from other measures of 
tack because it cannot be expressed as an integral of force or tension over time, distance or 
strain. It is unclear how Fmax(tack) depends on the rheological response of the adhesive during 
debonding, but it is certainly not as strongly influenced by the ability of the adhesive to 
dissipate energy during the debonding step as are the various other measures of tack. Thus, 
Fmax(tack) may be a better measure of the quality of the bond between adhesive and substrate in 
a fluid bed with fast interface interactions, than any other commonly employed measures of 
tack (Christensen, 1998). The Probe tack test with measurement of Fmax(tack) is thus the test 
principle selected to simulate the stickiness of the coating solutions in the present paper. A 
thorough review of mechanisms and test methods for stickiness determination may be found 
in Adhikari et al. (2001).  
 
10.2.2.3. Viscous Stokes theory 
 
Realising the importance of liquid layer properties for the tendency of agglomeration the 
viscous Stokes theory has been suggested by Ennis et al. (1991) as a way to express the 
likelihood of permanent coalescence between two spherical particles each covered equally 
with a liquid layer. The outcome of the collision of the two particles covered with a liquid 
layer of height hliq is determined by the ratio of the initial kinetic energy of the system 
(relative to the center of mass) and the energy dissipated from the viscous force in the liquid 
bridge. This can be expressed analytically by the definition of the viscous Stokes number 
according to equation 10.2 (Ennis et al., 1991) (please refer also to chapter three). 
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where Fvis is the viscous force due to the liquid bridge defined according to: 
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and the reduced mass and radius between two different particles is given by: 
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The parameter ηliq is some time-average coating solution viscosity of the granulation process 
and u0 is the initial collision velocity (please refer to chapter three). 
 
Based on simple energy considerations, the viscous Stokes theory shows that if the viscous 
Stokes number is smaller than a critical value Stv
*
, collision between particles result in 
permanent agglomeration. If Stv >> Stv
*
 particles will rebound because the total incoming 
energy is larger than the one dissipated during collision (Tardos, 2005). The critical viscous 
Stokes number is given by (Ennis et al., 1991): 
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where hasp is the characteristic height of the particle surface asperities and e is the coefficient 
of restitution (Ennis et al., 1991). The viscous Stokes number and the critical viscous Stokes 
number are both derived in the appendix in section 10.8 as this was not done in the paper by 
Ennis et al. (1991). 
 
Although focusing on liquid viscosity rather than tack or work of adhesion, the viscous Stokes 
theory does account for the influence of surface asperities i.e. if the parameter hasp increases 
(due to increased roughness of the core particle surface) the critical viscous Stokes number 
will decrease allowing a smaller range of Stv values for permanent agglomeration. 
Analogously, an increased liquid layer (increasing hliq values) results in larger Stv
*
 values 
meaning that more particles will agglomerate. More information about the viscous Stokes 
theory may be found in Ennis et al. (1991), Tardos et al. (1997) and Tardos (2005).  
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10.2.3. Plasticizers 
 
Plasticizers are usually high-boiling organic solvents that are used to impact the flexibility of 
otherwise hard or brittle polymers. They are typically added to aqueous colloidal polymer 
dispersions to reduce the minimum film formation temperature (Wesseling et al., 1999). The 
effects of plasticizers on mechanical properties and permeability of polymers are well-known. 
Plasticizers generally cause a reduction in the cohesive intermolecular forces along the 
polymer chains, resulting in various changes in the polymer properties such as a reduction in 
tensile strength, while the elongation and flexibility are increased. Furthermore, the glass 
transition temperature is typically significantly reduced with the addition of plasticizer 
(McGinity, 1997). What takes place is that small molecules of plasticizer embed themselves 
between the polymer chains, increasing the spacing and free volume, and allowing them to 
move past one another even at lower temperatures. The decrease in the glass transition 
temperature of a polymeric film, as the plasticizer concentration increases, is a common 
measure of the plasticizer effectiveness. The degree of plasticization of the polymer is 
dependent to a large extent on the amount of plasticizer with respect to the polymer, and the 
interaction between the plasticizer and the polymer. For a plasticizer to be effective, it must be 
able to diffuse into and interact with the polymer and have minimal or no tendency for 
migration or exudation from the polymer (McGinity, 1997).  
 
On the negative side of adding plasticizers to a polymer solution is that the water permeability 
typically is increased. This effect is due to the interaction of the plasticizer with the polymer 
molecules. The interactions decrease the intermolecular forces along the polymer chains, 
reducing internal hydrogen bonding while increasing intermolecular spacing. Furthermore, 
the addition of plasticizers in an attempt to reduce the minimum film formation temperature is 
known to increase the stickiness of the coating solution due to softening of the polymer 
(Wesseling et al., 1999). 
 
Plasticizers do not necessarily need to be soluble in the solvent used for dissolving the 
polymer. For plasticizers that are soluble in the solvent phase, these can be added directly to 
the mixture or may be dissolved first in the solvent prior to addition of the polymer. 
Otherwise proper suspension is required (McGinity, 1997). Examples of commonly used 
plasticizers are: polyols such as glycerol, propylene glycol, polyethylene glycol (PEG), urea, 
triethyl citrate or dibutyl or dimethyl phthalate (McGinity, 1997). 
 
10.2.4. Lubricants 
 
With the term “lubricant” is usually understood any non-aqueous compound or mixture of 
compounds, which forms a liquid at 25 ºC and 1 bar, reduces the particle surface friction, 
lubricates the surface of the granule, decreases static electricity and/or reduces friability of the 
granules (Dale et al., 1999). Lubricants are thereby added to the coating solution in order to 
reduce the relative friction coefficient between the coated granules, thereby functioning at the 
outer granule surface at the particle-level contrary to the plasticizers that work at the 
intermolecular-level. Such thin layers of liquid on each individual granule reduce the 
frictional forces that might otherwise cause the granules to break. Lubricants can also play a 
related role in improving the coating process by reducing the stickiness of the coating layer, 
thus serving as an anti-agglomerating agent. However, the fundamental understanding of the 
mechanisms behind this effect is not complete (Hsu et al., 2001). Some plasticizers such as 
selected liquid alcohols of alkenes or alkenes with a carbon atom chain length between 9 and 
15 also have a particle-level lubricating effects besides being a plasticizer and surfactant, but 
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in general the preferred lubricants are different from the preferred plasticizers. Suggested 
lubricating agents for commercial use include preferably fatty acids and plant, animal and 
minerals oils as well as silicone oils. However, other compounds or mixtures forming low 
viscosity non-aqueous liquids at 25 ºC may also in principle be used (Simonsen, 2002). 
Preferably, the lubricant is also a surfactant, reducing the surface tension of the coating 
solution hereby improving the coating solution wetting of the core particles. 
 
One advantage of using lubricants having a low viscosity is that they are considerably easier 
to apply as a thin layer in small amounts on a granule surface, and that a homogenous 
distribution of the small amounts of lubricant on the entire granule surface is facilitated by a 
low viscosity. When using lubricants having a relative high viscosity, the lubricant tend to 
adhere inhomogenously to the granule surface in the form of sticky lumps. Hence, such types 
are not typically used for coating purposes due to increased risk of particle agglomeration. 
Commercial lubricants such as Neodol 23-6.5 and Softanol 50 have viscosities in the range of 
20 – 40 mPa·s at 25 ºC (Simonsen, 2002 and Dale et al., 1999).  
 
10.2.5. Pigments 
 
Insoluble ingredients may be included in the coating formulation for a variety of reasons. 
Sometimes pigments are simply used as a filler to reduce the percentage of the amount of 
other more costly components in the film composition (Jordan & Taylor, 2002). Another 
important application is to use pigments to help reduce agglomeration or stickiness of coated 
particles during processing. Following the principles described in section 10.2.2.2. the filler 
particles act as granule surface asperities and thus help to reduce that actual contact area, 
lowering the chance of permanent particle-particle bonding. Suitable anti-agglomeration 
agents include fine insoluble materials such as talc, TiO2, clays, amorphous silica, magnesium 
stearate and kaolin. In general, the anti-agglomerating agent should be inert with respect to 
the active ingredient (e.g. the enzyme) and preferably not affect the granule properties in a 
negative manner. Surface and morphology properties including the hydrophilicity of insoluble 
filler particles are known to be important factors that contribute to the properties of the final 
polymer film. Likewise has the concentration of pigment material a strong influence on the 
final mechanical and barrier properties of the film (McGinity, 1997). Application of insoluble 
materials in the film coating composition may not be used uncritically since adding pigments 
to a polymer film coating composition typically decreases the tensile strength, meaning that a 
weaker film is obtained as the amount of pigments in the film coating increases (Jordan & 
Taylor, 2002). 
 
Pigments also act as colouring agents. In the sense of appearance for the granule end-users it 
is often desired to produce granules with homogenous colour. Often white is the preferred 
colour and such pigments are typically finely divided whiteners such as titanium dioxide or 
calcium carbonate. Preferably, such pigments are low residue pigments upon dissolution 
(Arnold et al., 1993 and Lehtola et al., 1995). Titanium dioxide is preferred in commercial 
enzyme granules because of its brightness and very high refractive index. TiO2 particles 
added in a PVA solution further have the advantage of producing a film with high gloss, good 
light diffusion properties and uniform dimensions (Chu et al., 2007). TiO2 is a cheap non-
toxic all-use white pigment well-known from food and cosmetic products.  
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10.2.6. Rheology and colloidal phenomena in the PVA/TiO2 system 
 
Contrary to a sodium sulphate solution, a typical polymer solution with dispersed filler 
particles as the PVA/TiO2 solution constitutes a colloidal system in which the TiO2 particles 
are dispersed among the PVA chains in the aqueous solvent. The interactions between these 
components could possibly have an influence on the observed agglomeration tendencies. Such 
interactions are complex, however, and the behaviour of suspensions in the presence of 
polymers has been studied for many years due to the numerous applications of the processes 
occurring in such systems. Adding polymers to suspensions in order to control colloidal 
dispersion has been the subject of extensive research because of its importance in industrial 
applications (Chu et al., 2007). From these studies, valuable information about the PVA/TiO2 
systems may be obtained.  
 
Several authors have studied the rheological behaviour of suspensions of inorganic particles 
in polymer solutions. Suspensions such as the PVA/TiO2 generally behave as Newtonian 
liquids at low particle volume fraction, but become non-Newtonian at high particle 
concentration, exhibiting shear-thinning/shear-thickening and yield stress etc. (Chang et al., 
1992 and Otsubo, 1986). Changing the suspension pH affects the particle surface charges, and 
hence the rheological behaviour. Particles in suspension experience various inter-particle 
forces, and the stability of a uniformly dispersed suspension is determined by the relative 
magnitude of various interparticle forces such as Brownian, van der Waals, electrostatic and 
hydrodynamic forces (Liang et al., 2005). Particles tend to aggregate when the van der Waal 
force of attraction is larger than the electrostatic and/or repulsive force. In that case the 
suspension is not stable. On the other hand, a well-dispersed suspension can be obtained when 
the repulsive force is greater than the attractive force. Suspensions generally exhibit shear-
thinning characteristics and sometimes yield stress depending on the particle concentration 
near the iso-electric point. Newtonian behaviour prevails when pH is remote from the iso-
electric point (Chu et al., 2007).  
 
The surface of uncoated TiO2 particles has surface hydroxyl groups. At high pH, these groups 
can ionise to give O- groups and at low pH the lone pair on the oxygen can hold a proton to 
give OH2
+ groups. The reactions of the amphoteric surface are given by the following reaction 
scheme (Goodwin, 2004 and Chu et al., 2007): 
 
OHTiO Surface TiOH Surface TiOH Surface 2
-OHOH
2
3 +→ ←
−++  
 
Hence, the TiO2 surface not only shows a variation in the magnitude of the surface charge 
with pH, but also a variation in the sign. At a certain pH value, the charge can be reduced to 
zero and the pH, at which this occurs, is termed the isoelectric point (Goodwin, 2004). For 
suspensions containing polymer, the phenomenon of polymer adsorption on particle surfaces 
in suspension has been theoretically verified and widely used for the creation of stable 
suspensions. When PVA is adsorbed on the surfaces of TiO2 it generates a steric stabilisation 
repulsive force which aids the stabilisation of the suspension system. The active sites on the 
particle surface, at which the polymer chains are attached, are known as attachment points. 
According to the reaction scheme above, increasing pH results in a decrease of TiOH2
+ and an 
increase of TiO-, whereas TiOH tends to increase initially and then decrease. Since the 
adsorption of PVA on TiO2 is primarily due to hydrogen bonding, the amount of PVA 
adsorbed on the TiO2 surfaces increases significantly as pH increases. For 15 w/w% TiO2 in 
2.5 w/w% PVA suspensions, Chu et al. (2007) have determined the adsorption to increase 
from 0.024 g PVA/g TiO2 to 0.080 g PVA/g TiO2 as the suspension pH increases from 4 to 
Chapter 10. Fluid bed coating with PVA/TiO2 solutions 
 
 
269 
10. The increased adsorption is suggested by Chu et al. (2007) to be due to the differences in 
polymer chain conformations under different solvent environments causing the adsorbed 
macromolecules to form network structures on the particles surface. 
 
To understand the mechanism of polymer adsorption on solid particle surfaces, it is important 
to consider the role of the functional groups present in the polymer. The main functional 
group in PVA is the hydroxyl group, but due to the presence of a small residual of non-
hydrolysed acetate groups after polymerisation, the adsorption of PVA on the TiO2 surface is 
greatly influenced by the acetate groups for partially or intermediately hydrolysed PVA. Since 
the affinity of the acetate group with TiO2 is greater than the hydroxyl group, more segments 
of PVA chains will be attached to the particle surfaces the lower the degree of hydrolysation 
in the PVA, resulting in a more flat conformation. However, PVA with a higher degree of 
hydrolysis contains less acetate groups, and the adsorbed segments form loops and tails 
arranged perpendicularly on the particle surface. This allows more TiO2 surface area available 
for polymer adsorption, meaning that in all more PVA is adsorbed on TiO2 surfaces the higher 
the degree of hydrolysis (Sairam et al., 2006 and Chu et al., 2007).  
 
The change in the coating solution characteristics upon a change in pH goes beyond the effect 
in viscosity. Also the surface tension is affected. As pH changes from acidic to basic, an 
increasing number of PVA macromolecules are adsorbed on the TiO2 surfaces, resulting in a 
higher surface tension. This has been experimentally verified by Chu et al. (2007). With time, 
however, sedimentation occurred at high pH in the PVA/TiO2 solutions tested by Chu et al. 
(2007). Chu et al. (2007) measured an isoelectric point of pH = 9.2 for a 15 w/w% TiO2/     
2.5 w/w% PVA suspension (compared to an isoelectric point of 3.5 for a pure TiO2 dispersion 
reported by Goodwin (2004)) and observed how the suspended particles started to 
agglomerate when pH approached the neighbourhood of the isoelectric point. Although the 
amount of PVA adsorbed on the TiO2 surfaces is relatively large at pH ≈ 10, the concentration 
of TiO2 in the continuous phase is actually lower than at lower pH due to the sedimentation of 
flocs. In general, Chu et al. (2007) found that dilute PVA/TiO2 suspensions at pH close to the 
isoelectric point is not ideal for coating purposes. Chu et al. (2007) found that the surface 
tension increases with increasing degree of hydrolysis, but decreases with increasing 
molecular weight of PVA. At the same time, the amount of PVA adsorbed on the TiO2 
surface increases with increasing degree of hydrolysis and molecular weight.    
 
Chibowski (1986) has studied the kinetics of the PVA adsorption on TiO2 particles at 
different pH values for 0.05 w/w% PVA solutions. He observed that the adsorption of PVA 
on the TiO2 particles is fast, irrespectively of the pH value of the solution. At pH = 10 the 
time necessary for the establishment of the equilibrium state is longer than at pH = 4 due to 
the difference in adsorption density. The adsorption density of PVA in g/m2 TiO2 surface area 
increases slightly when the pH value of the suspension increases due to the change of surface 
properties of TiO2 and change of hydration of the surface groups as presented earlier. 
Chibowski & Szcypa (1984) and Chibowski (1986) observed, however, that the rate of PVA 
adsorption on TiO2 is in general not considerably affected by the surface charge of TiO2. The 
electrostatic interactions are thereby concluded to be unimportant in the mechanism of 
polymer adsorption on TiO2 particles.  
 
The mechanism of adsorption of PVA on inorganic particles has been further investigated by 
Killmann et al. (1988). Their results clearly indicated that the amount of adsorbed PVA is 
strongly dependent on the molecular weight and the number of acetate groups of PVA, 
resulting in different adsorption layer thicknesses. The adsorption force was observed to 
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increase with increasing degree of hydrolysis of PVA in accordance with Chu et al. (2007) 
and Chibowski (1986). The presence of the hydrophilic acetate groups also affect the 
conformation of polymer chains adsorbed on the particle surface (Killmann et al., 1988). The 
adsorption mechanisms of PVA on different types of particles are also different. For example, 
the amount of PVA adsorbed on TiO2 particles increases with the suspension pH as the 
thickness of the double layer surrounding the TiO2 particle is determined mainly by the 
molecular weight and the number of acetate groups of PVA. By contrast, the affinity of PVA 
and SiO2 particles is strong at low pH, but weak at high pH. That is, the quantity of PVA 
adsorbed on the silica surface decreases with increasing pH (Boisvert et al., 2003). Since the 
adsorption of non-ionic polymers such as PVA takes place due to hydrogen bonding with the 
silanol group on the silica surface, the adsorption is favourably under low pH. Several other 
papers also report the importance of pH on the adsorption of non-ionic polymers on metallic 
oxide particles as reviewed by Chu et al. (2007). Most of the studies reported have focused on 
the adsorption mechanisms, but very little research has been done on the effect of the surface 
tension of the suspension. 
 
Although there is a general agreement that much of the behaviour of PVA/TiO2 suspensions is 
due to the adsorption of PVA on the surface of the TiO2 particles, there is no general theory 
describing the adsorption of macromolecular compounds from the electrolyte solutions. The 
studies of the effect of polymers on colloid stability show that the flocculation and 
stabilisation processes depend on the amount of polymer adsorbed (Chu et al., 2007). The 
other factors affecting the colloid system behaviour are the pH value of the solution, the 
surface properties of the TiO2 solid particles, the type of PVA and the ionic composition of 
the liquid phase, i.e. the presence of foreign ionic species. All of the above mentioned factors 
affect the magnitude of polymer adsorption and the polymer configuration on the solid TiO2 
particle surface (Chibowski, 1986).  
 
Despite the numerous studies on the adsorption and rheological behaviour of adding PVA in 
inorganic suspensions, very little information is available on the coating behaviour of these 
polymer suspensions. Studies by Chu et al. (2007) indicated that the coating window is 
enlarged with the addition of inorganic particles such as TiO2 and SiO2 in PVA solutions, 
which is in agreement with the patent by Arnold et al. (1993).  
 
10.3. Experimental 
 
Coating experiments were carried out on sodium sulphate cores sieved in the range of       
400-500 µm (see also chapter five). It was verified by microscope analysis of the different 
fractions that coated granules with diameters above 710 µm consisted of agglomerates, 
whereas particles below this limit were primarily single coated granules. Thus, this mesh 
orifice diameter was set as the agglomeration limit, and based on the weight of each of the 
fractions, an agglomeration percentage was determined for each batch according to equation 
10.7 (see also chapter five). 
 
% 100
htbatch weig coated total
µm 710dith fraction wht batch weig coated
%ion Agglomerat
p ⋅
>
=  (10.7) 
 
Issues concerning reproducibility of data with the same type of fluidised bed equipment and 
core materials were treated in detail by Hede et al. (2008b). Analogously to the works by 
Hede et al. (2008b) it was observed in the present study how the standard deviation from the 
Retsch Sieve Shaker AS 200 equipment for the given core materials was 0.44 w/w % in terms 
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of the agglomeration percentage, thereby indicating as a common rule of thumb that different 
batches having agglomeration percentages within the range of ± 0.88 w/w % are not 
statistically different.  
 
10.3.1. Preparation of the coating solutions 
 
The sodium sulphate coating solutions were prepared by pouring the Dextrin and the crushed 
sodium sulphate into the vortex of cold water. The solutions were afterwards heated up to    
60 ºC in order to avoid any precipitation of Glauber salt (see chapter five). Stirring was kept 
at all times during the coating process and the temperature of the coating solutions was 
always kept at 60 ºC. 
 
Preparation of the PVA solutions was a more complex exercise. The most critical step in 
effectively dissolving PVA is to completely disperse the PVA granules in water. Since the 
surface of the PVA granules will swell very quickly and clump together, it is very important 
to control the agitation as well as the temperature of the dispersion. Initially, the pigment 
material TiO2 was added into the vortex of cold water at temperatures below 25 ºC. While 
stirring was maintained, the PVA granules were added slowly into the vortex. Cold water 
below 25 ºC is important to allow good dispersion before PVA swelling. If PVA is added into 
hot water the particles swell rapidly and clump together before complete dissolution can be 
achieved. Once the PVA granules were well dispersed in cool water, stirring was kept on for 
½ hour before any other ingredients were added. Next the dispersion was carefully heated by 
ramping up to 85 ºC and keeping this temperature for further two hours. Afterwards, the 
coating solution was cooled down and kept at a constant temperature of 60 ºC during the 
coating process. 
 
10.3.2. Coating solutions 
 
According to the preparation guidelines presented in the previous section seven different 
aqueous coating solutions were prepared in order to allow the proper testing of the theories 
presented in the following section 10.4. The composition of the seven different coating 
solutions used for the studies in the present paper can be seen from table 10-1. In each coating 
experiment (all carried out in the top-spray medium-scale Niro MP-1 fluid bed) the aim was 
to coat until the bed load had increased 20 w/w%. This was done in order to make sure that a 
reasonable coating layer ( ~ 5-10 µm) had developed on the core particles (see also chapter 
five). The use of PVA and TiO2 in equal amounts in experiments A – F (experiment E is 
solution A being five times diluted) follows suggestions by Arnold et al. (1993) and Becker et 
al. (2005). In experiment D and F, some of the PVA and TiO2 are replaced by Neodol 23-6.5. 
The advantages of using plasticizers and lubricants in polymer coating solutions have been 
previously presented. Neodol 23-6.5 is used commercially and included in several 
Danisco/Genencor patents (e.g. Dale et al., 1999 and Arnold et al., 1993). The advantage of 
Neodol 23-6.5 is that it functions both as lubricant, plasticizer and surfactant (Arnold et al., 
1993). Arnold et al. (1993) suggest that the lubricant should replace up to 30% of the polymer 
or pigment, but recent studies by Hsu et al. (2001) indicate that the best coatings are obtained 
with Neodol 23-6.5 replacements between 10 and 20 w/w%, in order to have the best 
plasticizing effects. In solution D and F Neodol 23-6.5 constitutes 10 w/w% of the coating 
solution dry-matter contents replacing both PVA and TiO2 in equal amounts hereby following 
the newest guidelines.  
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Table 10-1: The seven different coating solution formulations tested in the present paper.  
The solvent was pure demineralised water in all coating solutions.  
Solution number Composition in w/w% pH in the coating solution 
A 10 w/w% PVA 
10 w/w% TiO2 
Measured to pH = 7.0 
B 10 w/w% PVA 
10 w/w% TiO2 
Adjusted to pH = 4.0 using 1 M HNO3 
C 10 w/w% PVA 
10 w/w% TiO2 
Adjusted to pH = 10.0 using 1 M NaOH 
D 9 w/w% PVA 
9 w/w% TiO2 
2 w/w% Neodol 23-6.5 
Measured to pH = 7.0 
E 2 w/w% PVA 
2 w/w% TiO2 
Measured to pH = 7.2 
F 9 w/w% PVA 
9 w/w% TiO2 
2 w/w% Neodol 23-6.5 
Adjusted to pH = 4.0 using 1 M HNO3 
G 15 w/w% Na2SO4 
1 w/w% Dextrin (of the 
amount of Na2SO4) 
Measured to pH = 7.1 
 
10.4. Testing possible causes for differences in processing 
 
Previous experience with sodium sulphate coatings (Hede, 2005 and Hede et al. 2007a & 
2008a,b) and initial trials with PVA coatings by Neidel (2007), provided the basis for detailed 
studies of a number of possible reasons why the two types of coating solutions behave 
differently with respect to agglomeration. Industrially, there are several quality parameters 
that could be chosen for the comparison of the outcome of the two types of coating processes. 
In this paper the main focus was to find reasons for differences regarding agglomeration 
tendency during the coating process. First the theoretical background for the studies is 
emphasised.  
 
10.4.1. The Drying Force and the liquid spray rate 
 
As presented in Hede et al. (2008b), fixing the Drying Force as well as a spray related 
parameter, named the Relative Droplet size, made it possible to match the agglomeration 
tendency as well as the particle size distribution of the final coated granules across three pilot 
fluid bed scales in the salt coating process, where sodium sulphate cores were coated with 
coating solution G. Fixing nozzle conditions and the Drying Force gives adequate control 
over the salt coating process, as there is a clear relation between the nozzle conditions and 
Drying Force on one hand, and the agglomeration tendency on the other (see also chapter 
eight). Being a tool for the control of the salt coating process, it seems possible that fixing the 
same parameters will also lead to regimes of successful coating with no or little tendency of 
agglomeration for PVA/TiO2 solutions. It is, however, difficult to estimate in advance if the 
PVA/TiO2 coating process will respond to the changes in Drying Force and spray rate in a 
similar manner as the salt coating process. Therefore, as a start, 24 coating experiments were 
carried out for each of the coating solutions A and G for Drying Force values in a broad range 
between 3 and 19 kPa and for spray rates in a broad range between 8 and 160 g/min. This 
initial screening study is aimed at providing a first basis for how the two types of coating 
solutions behave in a relevant range of temperature/humidity and spray rate conditions. 
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10.4.2. Bulk viscosity, stickiness and the influence of the mean droplet diameter 
 
When the coating solutions are being prepared, significant differences in bulk coating solution 
viscosities are observed. Whereas the sodium sulphate solution appears to have a viscosity 
close to pure water, the PVA/TiO2 solution is far more viscous. Viscosity of the coating 
solution is believed to play an important role regarding the tendency of agglomeration, 
coating layer morphology and more (Hede, 2005 and Schæfer & Wørts, 1977). In addition, 
viscosity is known to affect the mean droplet diameter produced at the nozzle, and thereby 
also phenomena such as droplet penetration into the cores and droplet drying time (Hede, 
2005). It is thereby likely that these apparent differences in bulk viscosities could be part of 
the reason for the observed differences in agglomeration tendency.  
 
An important consequence of the difference in coating solution bulk viscosities is the 
differences in stickiness as the droplets dry on the particle surface. As the coating solution 
droplets dry upon evaporation of the aqueous solvent, the viscosity and stickiness increase. 
Upon solvent evaporation PVA solutions are known to be sticky and for that reason PVA is 
used in many commercial glues often simply with water as solvent. It is known to have good 
adhesion properties to objects upon complete drying and leaves a non-sticky film layer, 
although PVA glue is known to become sticky again on contact with moist surfaces or under 
humid conditions. Although there is no uniform agreement on how the PVA glue works, its 
stickiness is believed to be closely related to the polymer chains as discussed in section 
10.2.2.2. (Rajsharad & Kamble, 2006).  
 
It is reasonable to believe that the viscosity and stickiness are phenomena closely related as 
presented in section 10.2.2.2. It is possible that the viscosity of the PVA/TiO2 solution will 
increase to a higher level than the viscosity of the sodium sulphate solution upon evaporation 
of the solvent, and that this increase in viscosity increases the coating stickiness and thus the 
tendency of agglomeration. It seems thereby obvious to test the influence of the coating 
solution bulk viscosity and the development in stickiness upon solvent evaporation. For this 
purpose three coating solutions were selected for rheological characterisation as well as for 
fluid bed coating experiments. The three coating solutions were solution A, E and G. Three 
coating experiments were performed for each coating solution for three sets of Drying 
Force/spray rate conditions according to table 10-2.  
 
Table 10-2. Coating experiments for the test of the influence of coating solution bulk viscosity.  
 Series 1 Series 2 Series 3 
Solution A 
10 w/w% PVA 
10 w/w% TiO2 
pH = 7.0 
Drying Force = 18 kPa 
Spray rate = 24 g/min 
Drying Force = 18 kPa 
Spray rate = 90 g/min 
Drying Force = 18 kPa 
Spray rate = 120 g/min 
Solution E 
2 w/w% PVA 
2 w/w% TiO2 
pH = 7.2 
Drying Force = 18 kPa 
Spray rate = 24 g/min 
Drying Force = 18 kPa 
Spray rate = 90 g/min 
Drying Force = 18 kPa 
Spray rate = 120 g/min 
Solution G 
15 w/w% Na2SO4 
1 w/w% Dextrin 
pH = 7.1 
Drying Force = 18 kPa 
Spray rate = 24 g/min 
Drying Force = 18 kPa 
Spray rate = 90 g/min 
Drying Force = 18 kPa 
Spray rate = 120 g/min 
 
It is well known from detailed two-fluid nozzle studies that the liquid viscosity plays an 
important role regarding the resulting mean droplet diameter (Hede et al., 2008c). The mean 
droplet diameter is important for the coating process for several reasons (Schæfer and Wørts, 
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1977). First of all, the droplet diameter influences the droplet drying time. There is roughly a 
log-log linear dependence between the droplet diameter and the droplet drying time (Hinds, 
1999). With increasing droplet diameter, and thereby increasing droplet drying time, the 
coated particles will be wet and sticky for a longer time thereby increasing the chance of 
agglomeration. Furthermore, the droplet diameter influences other important phenomena such 
as the time of droplet penetration into the core particle and the morphology of the final 
coating layer (Hede, 2005). Hence, there are indeed many reasons to believe that a careful 
control of the droplet diameter may be crucial with respect to control of agglomeration. 
Knowing that the bulk viscosity of the coating solutions A and G are significantly different, 
this means that for identical spray rates at identical nozzle pressures, the resulting mean 
droplet diameters are likewise different. This could be part of the reason for the observed 
differences in agglomeration tendency between the coating formulations. Following the 
studies of bulk viscosities and stickiness, it seems reasonable to perform detailed studies of 
the influence of the mean droplet diameter. 
 
From the review of two-fluid nozzles for coating purposes in fluid beds by Hede et al. (2008c) 
it becomes clear that the determination and a-priori prediction of the mean droplet diameter 
produced in external mixing nozzles, as the one used in the present fluid bed set-up, is not an 
easy task. Direct measurement techniques often give different results. There are, nevertheless, 
a variety of correlations that may be used to estimate the mean droplet diameter from the 
coating solution properties and the nozzle dimensions and process conditions. Not all 
correlations can be used for the coating solutions and atomisation conditions in the present 
study, but the expression in equation 2.3 (please refer to chapter two) proposed by Mulhem et 
al. (2003 & 2006) was shown to give precise estimations of the mean droplet diameter for 
coating solutions similar to those used in the present study. Hence, this equation is used in the 
present study to estimate the droplets produced by the PVA/TiO2 suspensions and the sodium 
sulphate solutions. Knowing the dimensions of the applied two-fluid nozzle and the 
corresponding atomisation air mass flow rate as well as the coating solution properties, made 
it possible to adjust the liquid flow rate in order to produce similar mean droplet diameters for 
solution A and solution G. In order to test the influence of the mean droplet diameter six 
experiments were performed according to table 10-3. 
 
Table 10-3. Coating experiments for the test of the influence of the mean droplet diameter. Values for the 
d32 were calculated using equation 2.3 (please refer to chapter two). 
 Series 1 Series 2 Series 3 
Solution A 
10 w/w% PVA 
10 w/w% TiO2 
pH = 7.0 
Drying Force = 18 kPa 
Spray rate = 24 g/min 
Mean droplet diameter  
= 11.3 µm 
Drying Force = 18 kPa 
Spray rate = 19 g/min 
Mean droplet diameter  
= 8.0 µm 
Drying Force = 18 kPa 
Spray rate = 14 g/min 
Mean droplet diameter  
= 5.2 µm 
Solution G 
15 w/w% Na2SO4 
1 w/w% Dextrin 
pH = 7.1 
Drying Force = 18 kPa 
Spray rate = 62 g/min 
Mean droplet diameter  
= 11.2 µm 
Drying Force = 18 kPa 
Spray rate = 50 g/min 
Mean droplet diameter  
= 8.0 µm 
Drying Force = 18 kPa 
Spray rate = 37 g/min 
Mean droplet diameter  
= 5.2 µm 
 
10.4.3. pH, colloidal phenomena and additives 
 
In terms of the previous experience with the colloidal phenomena in the PVA /TiO2 system 
presented in section 10.2.6., it seems reasonable to test the influence of pH in the PVA/TiO2 
system on the tendency of agglomeration. In order to test this, three coating solutions were 
selected for rheological characterisation and for fluid bed coating experiments. The three 
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coating solutions were solution A, B and C. Two coating experiments were performed for 
each coating solution for two sets of Drying Force/spray rate conditions according to table  
10-4. 
 
Table 10-4. Coating experiments for the test of the influence of pH in the PVA/TiO2 solution.  
 Series 1 Series 2 
Solution A 
10 w/w% PVA 
10 w/w% TiO2 
pH = 7.0 
Drying Force = 18 kPa 
Spray rate = 24 g/min  
Drying Force = 18 kPa 
Spray rate = 14 g/min 
Solution B 
10 w/w% PVA 
10 w/w% TiO2 
pH = 4.0 
Drying Force = 18 kPa 
Spray rate = 24 g/min 
Drying Force = 18 kPa 
Spray rate = 14 g/min 
Solution C 
10 w/w% PVA 
10 w/w% TiO2 
pH = 10.0 
Drying Force = 18 kPa 
Spray rate = 24 g/min 
Drying Force = 18 kPa 
Spray rate = 14 g/min 
 
There are reasons to believe that the introduction of Neodol 23-6.5 will reduce the tendency 
of agglomeration in comparison to the original PVA/TiO2 solution under similar process 
conditions. According to the manufacturer, Shell Chemicals Europe (2005), Neodol 23-6.5 is 
not charged and it will thereby most likely be less sensitive to changes in pH. This also 
indicates that Neodol 23-6.5 should be chemically stable at acidic pH values although this has 
not yet been tested properly. Nor have the lubricating and plasticizing effects for Neodol     
23-6.5 at acidic pH been tested, but there is no reason to believe that Neodol 23-6.5 should 
function differently at pH = 4 than under conditions with pH = 7. Hence, it is believed that if a 
low pH value is beneficial in terms of reduced agglomeration tendency for the pure PVA/TiO2 
system, this will also be the case for a PVA/TiO2/Neodol 23-6.5 system. In that sense it seems 
reasonable to study the influence of substituting PVA/TiO2 with an additive and see how this 
substitution will work under acidic conditions. For this purpose three coating solutions were 
selected for rheological characterisation as well as for fluid bed coating experiments. The 
three coating solutions were solution A, D and F. Two coating experiments were performed 
for each coating solution for two sets of Drying Force/spray rate conditions according to table 
10-5. 
 
Table 10-5. Coating experiments for the test of the influence of additives and pH in the PVA/TiO2 system.  
 Series 1 Series 2 
Solution A 
10 w/w% PVA 
10 w/w% TiO2 
pH = 7.0 
Drying Force = 18 kPa 
Spray rate = 24 g/min  
Drying Force = 18 kPa 
Spray rate = 14 g/min 
Solution D 
9 w/w% PVA 
9 w/w% TiO2 
2 w/w% Neodol 23-6.5 
pH = 7.0 
Drying Force = 18 kPa 
Spray rate = 24 g/min 
Drying Force = 18 kPa 
Spray rate = 14 g/min 
Solution F 
9 w/w% PVA 
9 w/w% TiO2 
2 w/w% Neodol 23-6.5 
pH = 4.0 
Drying Force = 18 kPa 
Spray rate = 24 g/min 
Drying Force = 18 kPa 
Spray rate = 14 g/min 
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10.5. Results and discussion  
 
Following the structure of section 10.4, the results and discussion section is divided into 
subsections each treating its own study. 
 
10.5.1. Testing the influence of the Drying Force and the liquid spray rate  
 
In accordance with the guidelines for the first study, 24 coating experiments with solution A 
and 24 coating experiments with solution G were carried out for different values of the 
Drying Force and spray rate in g/min (always at an atomisation air pressure of 3 bar). For 
each batch the weight gain was determined after coating. For all the experiments in the test of 
the Drying Force versus agglomeration tendency, the weight gain varied between 18.6 and 
19.7 w/w% meaning that the spray drying losses in the experiments were quite small. All the 
resulting agglomeration tendencies for the sodium sulphate coating experiments (determined 
with the use of equation 10.7) were plotted in terms of their spray rate and Drying Force 
coordinates according to figure 10.4. 
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Figure 10.4: Agglomeration regime map for the salt coating process (with solution G) in the medium-
scale fluid bed. The dashed lines indicate the demarcation between the different agglomeration regimes. 
 
As observed from figure 10.4, the agglomeration tendencies are distributed in distinct bands. 
In accordance with results by Hede et al. (2008b) the agglomeration tendency is observed to 
increase as the Drying Force decreases. With decreasing Drying Force the coated particles are 
wet for a longer time thus increasing the likelihood of agglomeration. Likewise is the 
agglomeration tendency observed to increase for increasing spray rate at identical Drying 
Force, which is reasonable because at increasing spray rate, more particles will be wet locally 
in the bed thus increasing the chance of agglomeration as observed. Of interest in figure 10.4 
is the fact that there is a wide range of Drying Force and spray rate values for which the 
agglomeration tendency is small. 
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A similar plot for the PVA/TiO2 coating process in figure 10.5 indicates several interesting 
points. A first look reveals that the demarcations between the agglomeration categories are 
somewhat different from figure 10.4. Further, it can be observed that it was not possible to get 
below an agglomeration limit of 10 w/w% in any of the 24 experiments. The agglomeration 
tendency in figure 10.4 was observed to decrease when the Drying Force increased 
irrespectively of the spray rate, but in figure 10.5 the agglomeration tendency seems to be low 
only in a narrow regime surrounded by agglomeration tendencies in the range of                   
20 – 50 w/w %. A plausible reason for this could be that at Drying Force values close to and 
above 16 kPa, the bed temperature during steady state coating was approaching the glass 
transition temperature for PVA, which is approximately 58 ºC for the used type of PVA. At a 
temperature above Tg, the PVA is soft and can be easily deformed, which most likely 
increases the stickiness of the coating layer. It is thus not surprising to observe an increasing 
agglomeration tendency for the PVA/TiO2 solution as the Drying Force increases beyond a 
certain boundary.    
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Figure 10.5: Agglomeration regime map for the PVA/TiO2 coating process (with solution A) in the 
medium-scale fluid bed. The dashed lines indicate the demarcation between the different agglomeration 
regimes. Iso-bed-temperature lines are added in order to indicate at which bed temperatures the 
experiments were processed. 
 
It is clear from the comparison of figure 10.4 and figure 10.5 that the tendency of 
agglomeration for the two types of coating solutions is not the same for identical value of the 
Drying Force and the spray rate. The two coating processes do not respond in a similar 
manner towards changes in the Drying Force and the spray conditions, and within the tested 
range for the PVA/TiO2 solution, it has not been possible to find coating conditions leading to 
agglomeration percentages below 10 w/w%. Hence, it may be concluded that similar spray 
and similar Drying Force conditions do not lead to similar agglomeration tendency for the two 
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types of coating processes. The results from the test have indicated, however, that the 
agglomeration tendency for both types of processes distribute into regimes based on the spray 
rate and Drying Force. 
 
10.5.2. Testing the influence of bulk viscosity, stickiness and mean droplet diameter 
 
Prior to the test of the influence of the bulk viscosity, the coating solutions were initially 
characterised with respect to rheological properties, and detailed viscosity measurements were 
made for each of the three coating solutions in terms of both varying the shear rate and the 
temperature. In figure 10.6 the viscosities of the coating solutions have been determined as a 
function of shear rate at a constant temperature of 25 ºC. It becomes obvious from the curves 
in figure 10.6 that there are major differences between solution A and solution G with respect 
to rheological behaviour. Solution A being the PVA/TiO2 solution, exhibits non-Newtonian 
behaviour as the viscosity clearly decreases with increasing shear rate. Furthermore, solution 
A has roughly a 20-30 times higher viscosity than the two other solutions. Newtonian 
behaviour is in contrary observed for solutions E and solution G up to a shear rate of 200 1/s 
at which possible eddy flow regimes occur in the rheometer. Solution E is the five times 
diluted solution A, and thus the graph in figure 10.6 shows that it is possible to have a 
PVA/TiO2 and a sodium sulphate solution with similar bulk viscosities, when the PVA/TiO2 
solution is sufficiently diluted.  
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Figure 10.6: Viscosity curves of the solutions A, E and G as a function of shear rate at a  
constant temperature of 25 ºC. 
 
Similar differences in viscosities can be observed from figure 10.7 where the viscosity as a 
function of temperature was determined for the three solutions for a constant shear rate of 
1000 1/s. For solution A a dramatic decrease is observed with the viscosity being more than 
halved going from a solution temperature of 25 ºC to 70 ºC. The viscosity dependencies on 
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temperature for the diluted solution E and for the sodium sulphate solution are fairly small in 
comparison. 
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Figure 10.7: Viscosity curves of the solutions A, E and G as a function of temperature at 
a constant shear rate of 1000 1/s. 
 
For the test of the influence of coating solution bulk viscosity, coating experiments were 
carried out in accordance with table 10-2. For each batch the weight gain was determined 
after the coating process. For all the experiments the weight gain varied between 19.1 and 
19.7 w/w% meaning that the spray drying losses in the experiment were quite small. The 
corresponding agglomeration tendencies for all nine experiments (determined with the use of 
equation 10.7) may be observed from table 10-6. 
 
Table 10-6. Results for the coating experiments for the test of the coating solution bulk viscosity. The 
viscosities were adapted from figure 10.7 at a temperature of 60 ºC. 
 Series 1 Series 2 Series 3 
Solution A 
10 w/w% PVA 
10 w/w% TiO2 
pH = 7.0 
ηbulk = 46.7 mPa·s 
Drying Force = 18 kPa 
Spray rate = 24 g/min 
Aggl% = 19.1 w/w% 
ηbulk = 46.7 mPa·s 
Drying Force = 18 kPa 
Spray rate = 90 g/min 
Aggl% = 81.7 w/w% 
ηbulk = 46.7 mPa·s 
Drying Force = 18 kPa 
Spray rate = 120 g/min 
Aggl% = 91.1 w/w% 
Solution E 
2 w/w% PVA 
2 w/w% TiO2 
pH = 7.2 
ηbulk = 4.8 mPa·s 
Drying Force = 18 kPa 
Spray rate = 24 g/min 
Aggl% = 17.8 w/w% 
ηbulk = 4.8 mPa·s 
Drying Force = 18 kPa 
Spray rate = 90 g/min 
Aggl% = 74.4 w/w% 
ηbulk = 4.8 mPa·s 
Drying Force = 18 kPa 
Spray rate = 120 g/min 
Aggl% = 88.1 w/w% 
Solution G 
15 w/w% Na2SO4 
1 w/w% Dextrin 
pH = 7.1 
ηbulk = 4.3 mPa·s 
Drying Force = 18 kPa 
Spray rate = 24 g/min 
Aggl% = 0.9 w/w% 
ηbulk = 4.3 mPa·s 
Drying Force = 18 kPa 
Spray rate = 90 g/min 
Aggl% = 1.3 w/w% 
ηbulk = 4.3 mPa·s 
Drying Force = 18 kPa 
Spray rate = 120 g/min 
Aggl% = 1.5 w/w% 
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First of all it may be observed from table 10-6 that for solution G and solution A the resulting 
agglomeration tendencies are nicely within the regimes predicted by figure 10.4 and figure 
10.5 respectively, adding further validity to the regimes maps. Of further interest from the 
results in table 10-6 are the differences between the resulting agglomeration tendencies for 
solution A and E, and solution E and G. Even though solution E and solution G have similar 
coating solution bulk viscosities, the resulting agglomeration tendencies are far from being 
similar even though the coating process conditions indeed were similar. In fact the 
agglomeration tendencies observed for the three experiments with solution E are close to the 
agglomeration tendencies observed for solution A, although not being statistically similar. 
The observed agglomeration tendencies are only slightly smaller for coating solution A than 
for coating solution E. Hence, regarding agglomeration tendency there is no obvious 
advantageous effect of diluting the PVA/TiO2 solutions. The disadvantage is more outspoken 
for the processing point of view as the coating time for solution E is five times the time for 
solution A, in order to apply the same dry-matter content on the particle core bed. One 
plausible explanation for the similar agglomeration tendencies with solution E and A could be 
that, even though the diluted droplets from coating solution E have a lower initial bulk 
viscosity, they will eventually reach the properties of the droplets of solution A as the solvent 
evaporates. This was studied in Texture analyser tests studying the stickiness for the three 
solutions. Figure 10.8 shows the stickiness as a function of the dry-matter contents for the 
three solutions.  
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Figure 10.8: Stickiness as a function of dry-matter contents in the coating solution for  
solution A, E and G. 
 
As observed in figure 10.8 the stickiness curves for solution A and solution E peak at almost 
the same value of ~ 95 mN/mm2 and, furthermore, closely follow each other. This means that 
even though solution E has a solute concentration five times lower than solution A, the 
stickiness upon evaporation of the aqueous solvent will eventually reach an almost identical 
value for the two solutions. There are thus, no advantages of diluting the PVA/TiO2 solution 
from a stickiness point of view. Figure 10.8 reveals that even though the stickiness of solution 
E and solution G are similar initially, the developments in stickiness upon solvent evaporation 
are quite different. For comparison with the PVA/TiO2 solutions, the stickiness of the sodium 
solution G peaks several magnitudes lower at a maximum stickiness of ~ 30 mN/mm2. 
Interestingly, the peak in stickiness for solution G is at dry-matter contents of roughly          
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90 w/w% in a narrow peak, whereas the stickiness peaks for a broader range of dry-matter 
contents ranging from roughly 30 – 55 w/w% for the PVA/TiO2 solutions. This means that the 
stickiness of a sodium sulphate coating solution in general is significantly lower than for the 
PVA/TiO2 solution, which is a plausible reason for the observed differences in agglomeration 
tendencies among the three solutions.  
 
One parameter that influences agglomeration is the stickiness of a coating solution with 
respect to the dry-matter contents. Another parameter is the time required to evaporate all 
coating solution solvent and thereby reach 100 w/w% dry-matter contents. Figure 10.9 shows 
the stickiness as a function of time the heating fan was switched on, and figure 10.10 shows 
the dry-matter contents in the coating solution as a function of the time the heating fan was 
switched on. As observed from these two figures, solution A with the highest initial dry-
matter contents requires the shortest time to reach complete drying, although the stickiness 
remains high during the drying phase. The sample with solution A has no measurable 
stickiness after 250 seconds of drying, whereas it takes almost 700 seconds before solution G 
is completely dried even though the dry-matter concentration between solution A and solution 
G differs only 5 w/w%. It is obviously questionable whether or not this drying time can be 
compared to the actual drying time in a fluid bed, but there is reason to believe that the drying 
times in figure 10.9 and figure 10.10 indeed are representative of what is taking place during 
fluid bed processing. As expected, figure 10.9 and figure 10.10 show that it takes the longest 
time to reach complete drying of solution E having initially a dry-matter contents five times 
lower than solution A.  
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Figure 10.9: Stickiness as a function of the time the heating fan was switched on for  
solution A, E and G. 
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Figure 10.10: Dry-matter contents in the solution as a function of the time the heating fan was  
switched on for solution A, E and G.  
 
The bulk viscosity is known to be of primary importance regarding the level of droplet 
penetration into the core particle as observed by Hede (2005). It was observed in studies by 
Hede (2005) how the droplet penetration decreased as the bulk viscosity of a sodium sulphate 
solution increased due to addition of sodium carboxymethylcellulose. Thus, it is expected that 
if there is any significant droplet penetration in the present study, the level will be larger for 
particles coated with coating solution E than for particles coated with solution A. From cut-
through profiles in figure 10.11 it becomes clear that the levels of droplet penetration indeed 
are significantly different for coating solution A and E. For the granule in figure 10.11 coated 
with solution E, the coated granule is red all the way through the granule. This indicates that 
the coating solution has penetrated far into the original core. For the granule coated with 
solution A only a modest penetration is observed as the inner core has remained unaffected by 
the coating process. Interestingly, for both granules coated with PVA/TiO2, the boundary 
between the coating layer and the core structure can be easily distinguished as a white/pale 
red shell layer. This indicates that upon impact with the coating droplet, the majority of 
PVA/TiO2 remains on the outside of the core, whereas the aqueous solvent containing the 
pigment colour is drained into the pores of the core. For the granule coated with solution G, 
the blue colour has penetrated far into the core structure indicating a deep droplet penetration. 
For the salt coating, the boundary between the coating layer and the original core structure 
cannot easily be distinguished. These observations are in agreement with previous studies by 
Hede et al. (2007a & 2008b). 
 
The data obtained in the test of the influence of the bulk viscosity have revealed several 
important things. First of all, the hypothesis suggesting similar tendency of agglomeration 
when similar coating solution bulk viscosity, cannot be confirmed. Even if the bulk viscosities 
of the PVA/TiO2 solution and the sodium sulphate solution are arranged to be identical, the 
resulting agglomeration tendencies are far from being similar. It may furthermore be 
concluded from the data, that there is no beneficial effect regarding the dilution of the 
PVA/TiO2 coating solution. On the contrary, by diluting the PVA/TiO2 solution the stickiness 
eventually goes through the same magnitudes of stickiness of a more concentrated PVA/TiO2 
solution upon evaporation of the solvent, resulting in a similar agglomeration tendency.  
 
Chapter 10. Fluid bed coating with PVA/TiO2 solutions 
 
 
283 
 
 
Figure 10.11: Cut-through profiles of granules coated under conditions with a Drying Force of 18 kPa 
and a spray rate of 24 g/min. Upper left: Coating solution A. Upper right: Coating solution E. Bottom: 
Coating solution G. Visual microscopy analyses were performed using an Olympus KL 1500 LCD 
microscope. 
 
Coating experiments to test the influence of the mean droplet diameter were carried out in 
accordance with table 10-3. For each batch the weight gain was determined after coating. For 
all the experiments the weight gain varied between 18.8 and 19.5 w/w% indicating that the 
spray drying losses in the experiment were quite small. For both coating solutions, the spray 
drying losses were highest in the third series where the mean droplet diameters were the 
smallest. The corresponding agglomeration tendencies for all six experiments (determined 
with the use of equation 10.7) may be observed from table 10-7. 
 
Table 10-7. Results for the coating experiments for the test of the influence of the mean droplet diameter.  
Values for the d32 were calculated using equation 2.3 (see chapter two). 
 Series 1 Series 2 Series 3 
Solution A 
10 w/w% PVA 
10 w/w% TiO2 
pH = 7.0 
d32 = 11.3 µm 
Drying Force = 18 kPa 
Spray rate = 24 g/min 
Aggl% = 18.7 w/w% 
d32 = 8.0 µm  
Drying Force = 18 kPa 
Spray rate = 19 g/min 
Aggl% = 16.4 w/w% 
d32 = 5.2 µm  
Drying Force = 18 kPa 
Spray rate = 14 g/min 
Aggl% = 13.7 w/w% 
Solution G 
15 w/w% Na2SO4 
1 w/w% Dextrin 
pH = 7.1 
d32 = 11.2 µm  
Drying Force = 18 kPa 
Spray rate = 62 g/min 
Aggl% = 0.7 w/w% 
d32 = 8.0 µm  
Drying Force = 18 kPa 
Spray rate = 50 g/min 
Aggl% = 0.8 w/w% 
d32 = 5.2 µm  
Drying Force = 18 kPa 
Spray rate = 37 g/min 
Aggl% = 0.2 w/w% 
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First of all it may be seen from the results in table 10-7 that even though the droplet diameters 
are identical, the resulting agglomeration tendencies are significantly different for coating 
solution A and G, irrespectively of the mean droplet diameter levels. The agglomeration 
tendencies are statistically similar in the three experiments with coating solution G, as the 
three agglomeration percentages are within the ± 0.88 % range. The situation is different for 
the experiments with coating solution A as there are significant differences between the 
agglomeration percentages. In accordance with expectations, the agglomeration tendency 
decreases with decreasing mean droplet diameter.   
 
Studies of cut-through profiles of granules coated with the same coating solution, but with a 
different mean droplet diameter, did not reveal any significant differences with respect to 
droplet penetration for both of the two solutions. However, the outer coating layer 
morphology was affected by the mean droplet diameter. As observed from figure 10.12, the 
coating layer becomes increasingly rough and raspberry-like as the mean droplet diameter 
increases. This tendency was most pronounced for coating solution A, as no significant 
differences in coating layer morphology were observed for granules coated with solution G. 
These findings clearly support previous results by Hede et al. (2008b), Neidel (2007) and 
Waldie (1991) stating that the mean droplet diameter is an important parameter regarding the 
final coating layer morphology. Apparently, under identical process conditions, this effect is 
most pronounced for polymer coatings. 
 
 
Figure 10.12: Microscope pictures of particles coated with coating solution A. Left: Red coated granule 
from series 1 (spray rate 24 g/min ~ d32 = 11.3 µm). Right: White coated granule from series 3 (spray 
rate 14 g/min ~ d32 = 5.2 µm). Visual microscopy analysis was performed using an Olympus KL 1500 
LCD microscope. 
 
In conclusion the results have shown that similar mean droplet diameters for solution A and 
solution G do clearly not result in similar agglomeration tendencies. It was, however, 
observed how the tendency of agglomeration in fact could be reduced by reducing the mean 
droplet diameter, although the reduction was only limited for solution A and not even 
statistically significant for solution G having agglomeration percentages close to zero in all 
three experiments. For solution A, the reduction of the mean droplet diameter did, 
furthermore, lead to coated particles with a smoother coating layer, which in addition most 
likely give granules with improved mechanical properties. One problem with the reduction of 
the mean droplet diameter is, nevertheless, that spray drying losses may increase (depending 
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on the nozzle position and the drying conditions), and if the droplet diameter is reduced 
simply by reducing the liquid feed rate, the coating time will increase with decreasing mean 
droplet diameter.     
 
10.5.3. Testing the influence of pH, colloidal phenomena and additives 
 
For the test of the influence of pH in the PVA/TiO2 system, the coating solutions were 
initially characterised with respect to rheological properties, and viscosity measurements were 
made for each of the three solutions in terms of both varying the shear rate and the 
temperature, similarly to the second study. In figure 10.13 the viscosities of the coating 
solutions have been determined as a function of shear rate at a constant temperature of 25 ºC. 
It may be observed that all three solutions exhibit non-Newtonian behaviour as the viscosities 
all decrease with increasing shear rate. The largest decrease with shear rate is observed for 
solution C having the highest pH value. A general trend in figure 10.13 is that the viscosity 
decreases with decreasing pH. Going from solution C (pH = 10) to solution B (pH = 4) the 
viscosity is more than halved. The tendencies of the curves in figure 10.13 comply fully with 
the tendencies of the PVA/TiO2 viscosity curves determined by Chu et al. (2007), although 
Chu et al. (2007) studied a more dilute 15 w/w% TiO2/2.5 w/w% PVA suspension. 
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Figure 10.13: Viscosity curves of the solutions A, B and C as a function of shear rate at a  
constant temperature of 25 ºC. 
 
Similar differences in viscosities can be observed from figure 10.14 where the viscosity as a 
function of temperature was determined for the three solutions at a constant shear rate of  
1000 1/s. For these three solutions, a dramatic decrease is observed with the viscosity being 
more than four times lower going from a solution temperature of 25 ºC to 70 ºC.  
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Figure 10.14: Viscosity curves of the solutions A, B and C as a function of temperature at 
a constant shear rate of 1000 1/s. 
 
The results from the second study indicated that the bulk viscosity properties cannot directly 
be correlated with the tendency of agglomeration. Texture analyser studies of the stickiness 
for the three solutions A, B and C reveal in addition, that the magnitude of difference in bulk 
viscosity cannot directly be correlated with the difference in stickiness. Comparison of figure 
10.15, 10.16 and 10.17 indicates that solution C exhibits both the largest stickiness and the 
longest time to reach complete evaporation. Figure 10.15 reveals that the lowest stickiness is 
found for solution B, having the lowest pH value, followed by solution A having a higher 
peak stickiness for a broader range of dry-matter contents. The decline in stickiness for 
solution B is the most pronounced, and the effect in stickiness upon reducing pH is clearly 
observed from figure 10.15. A possible reason for the reduced stickiness at pH = 4 is that, at 
this pH level far way from the isoelectric point, the TiO2 particles are well distributed among 
the PVA chains and thus function more effectively as anti-stickiness agents. Although only a 
minor difference between solution A and solution B in figure 10.16 in terms of stickiness, it 
can be observed from figure 10.17 that it takes roughly 50 seconds longer to reach complete 
drying of solution B and C compared to solution A. The actual stickiness in these 50 seconds 
is, however, fairly low for solution B, but relatively large for solution C, as observed from 
figure 10.16. It may thereby be concluded that there is a statistical significant effect of 
reducing pH in the PVA/TiO2 system in terms of stickiness. What is left to investigate is 
whether or not this effect can be correlated with any differences in agglomeration tendency, 
but before this is tested, the dependence between stickiness and viscosity is studied.  
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Figure 10.15: Stickiness as a function of dry-matter contents in the coating solution for  
solution A, B and C. 
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Figure 10.16: Stickiness as a function of the time the heating fan was switched on for  
solution A, B and C. 
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Figure 10.17: Dry-matter contents in the coating solution as a function of the time the  
heating fan was switched on for solution A, B and C.  
 
One thing is that the bulk viscosity cannot be correlated with stickiness, but as the viscosity 
(as well as stickiness) changes with dry-matter concentration, it is possible that there is a 
relation between stickiness and viscosity for similar dry-matter concentrations. In order to test 
this, the viscosity of the three solutions A, B and C were measured as a function of dry-matter 
concentration at a constant shear rate of 1000 1/s according to figure 10.18.  
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Figure 10.18: Viscosity curves for ramping-up concentrations of PVA/TiO2 solutions  
measured at a constant shear rate of 1000 1/s. 
 
It is observed how the viscosity rapidly increases for all three solutions up to roughly           
30 w/w% dry-matter concentration where after the curves flatten out, meaning that a further 
increase in dry-matter concentration does not lead to any significant increase in viscosity.  
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Based on figure 10.15 and figure 10.18 it was possible in figure 10.19 to plot the viscosity 
versus the stickiness for data pairs of similar dry-matter concentration. It may be observed 
that although the stickiness increases with viscosity, there is no direct correlation between the 
magnitude of viscosity and the measured stickiness. The viscosity value at which the 
stickiness peaks is different for each coating solution. Not surprisingly, the large stickiness 
values are observed for large viscosities, but for all three solutions it appears as if there is a 
maximum viscosity beyond which the stickiness decreases rapidly. In conclusion, there is no 
obvious relation between viscosity and stickiness.  
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Figure 10.19: Stickiness as a function of viscosity for similar dry-matter concentrations. 
 
Coating experiments for the test of the influence of pH were carried out in accordance with 
table 10-4. For each batch the weight gain was determined after coating using equation 10.7. 
For all the experiments the weight gain varied between 19.3 and 19.8 w/w% indicating that 
the spray drying losses in the experiments were quite small. The corresponding agglomeration 
tendencies for all six experiments may be observed from table 10-8. 
 
Table 10-8. Results for the coating experiments for the test of the influence of pH in the PVA/TiO2 
solution. The results for solution A were the results obtained in the test of the mean droplet diameter. 
 Series 1 Series 2 
Solution A 
10 w/w% PVA 
10 w/w% TiO2 
pH = 7.0 
Aggl% = 18.7 w/w% 
Drying Force = 18 kPa 
Spray rate = 24 g/min 
Aggl% = 16.4 w/w% 
Drying Force = 18 kPa 
Spray rate = 14 g/min 
Solution B 
10 w/w% PVA 
10 w/w% TiO2 
pH = 4.0 
Aggl% = 12.6 w/w% 
Drying Force = 18 kPa 
Spray rate = 24 g/min 
Aggl% = 11.8 w/w% 
Drying Force = 18 kPa 
Spray rate = 14 g/min 
Solution C 
10 w/w% PVA 
10 w/w% TiO2 
pH = 10.0 
Aggl% = 27.7 w/w% 
Drying Force = 18 kPa 
Spray rate = 24 g/min 
Aggl% = 17.1 w/w% 
Drying Force = 18 kPa 
Spray rate = 14 g/min 
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As observed from table 10-8 the agglomeration tendencies decrease with decreasing spray 
rate irrespectively of the coating solution. Interestingly, the agglomeration tendency decreases 
with decreasing pH in the coating solution as it was expected from the stickiness curves in 
figure 10.15, 10.16 and 10.17. Hence, there is a clear relation between the stickiness and the 
resulting agglomeration tendencies. There is a difference in agglomeration tendency of 
roughly 10 w/w% points going from solution C (pH = 10) to the solution B (pH = 4). The 
difference is smallest for the lowest spray rate indicating that, under conditions with very 
small droplet diameters, the stickiness effect is less pronounced. This could also arise from 
the fact that with small droplets the drying rate is so fast that the chance of collision between 
sticky wet granules is significantly reduced. 
 
On the basis of the results, an important conclusion may be drawn: The fact that the 
PVA/TiO2 system is a colloidal system may indeed be used to suppress the tendency of 
agglomeration. Adjusting the pH value in the coating solution to a value far away from the 
iso-electric point may reduce the agglomeration tendency significantly. Although the effect of 
adjusting the pH value to pH = 4, instead of leaving it at pH ≈ 7, is rather small, there is 
indeed a clear effect. Next is to test whether these observed effect can be advantageously 
combined with additives.  
 
10
100
1000
10 100 1000
Shear rate (1/s)
S
h
e
a
r 
V
is
c
o
s
it
y
 (
m
P
a
 s
)
Solution D (Neodol, pH = 7)
Solution F (Neodol, pH = 4)
Solution A (ref)
 
Figure 10.20: Viscosity curves of the solutions A, D and F as a function of shear rate at  
a constant temperature of 25 ºC. 
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Figure 10.21: Viscosity curves of the solutions A, D and F as a function of temperature at 
a constant shear rate of 1000 1/s. 
 
Similar to the previous studies, the rheological properties of the coating solutions in the test of 
adding additives were initially characterised, and detailed viscosity measurements were made 
for each of the three solutions in terms of both varying the shear rate and the temperature. In 
figure 10.20 the viscosities of the coating solutions have been determined as a function of 
shear rate at a constant temperature of 25 ºC. It may be observed first of all that all three 
solutions exhibit non-Newtonian behaviour as the viscosities all decrease with increasing 
shear rate. The effect of replacing PVA/TiO2 with Neodol is clearly observed from figure 
10.20 and figure 10.21, where the viscosity as a function of temperature was determined for 
the three solutions at a constant shear rate of 1000 1/s. Both curves for solution D and solution 
F are situated significantly below the curves for solution A. Interestingly, there is also an 
effect of reducing pH in the PVA/TiO2/Neodol solution, as it was observed in a similar 
manner with the pure PVA/TiO2 solutions in the test of the influence of pH.  
 
Texture analyser studies of the stickiness for the three solutions in figure 10.22, 10.23 and 
figure 10.24 reveal that the stickiness distribute after a similar pattern as the viscosity curves. 
As observed from figure 10.22, the stickiness for solution A is higher and remains higher for a 
broader range of dry-matter contents than for the other solutions. The stickiness for solution D 
and F are in contrary lower than for solution A, and furthermore peak in narrow ranges before 
rapidly declining. Already at a dry-matter content of roughly 45 w/w% the stickiness are 
reduced by 50 % for solution D and F.  
 
For the curves in figure 10.23 and figure 10.24 it becomes clear that there is a clear effect of 
substituting PVA/TiO2 with Neodol in terms of reduced drying time. Whereas the time for 
complete drying is roughly 50 seconds longer for solution A, the drying time for solution D 
and F is roughly the same, meaning that in terms of drying time, pH has no importance. This 
means in conclusion that solution D and F dry faster than all other solutions tested, and that 
they, in addition, exhibit significantly lower stickiness for a shorter range of dry-matter 
contents. What is left to investigate is whether or not these trends correlate with the resulting 
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agglomeration tendencies when the solutions are being atomised and sprayed onto agitated 
particles in fluid bed coating processes.  
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Figure 10.22: Stickiness as a function of dry-matter contents in the coating solution for 
solution A, D and F. 
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Figure 10.23: Stickiness as a function of the time the heating fan was switched on for  
solution A, D and F. 
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Figure 10.24: Dry-matter contents in the coating solution as a function of the time the  
heating fan was switched on for solution A, D and F.  
 
Coating experiments for the test of additives were carried out in accordance with table 10-5. 
For each batch the weight gain was determined after coating. For all the experiments the 
weight gain varied between 19.2 and 19.5 w/w% meaning that the spray drying losses in the 
experiments were quite small. The corresponding agglomeration tendencies for all six 
experiments (determined with the use of equation 10.7) may be observed from table 10-9. 
 
Table 10-9. Results for the coating experiments for the test of additives. The results for solution A were 
the results obtained in the test of the mean droplet diameter. 
 Series 1 Series 2 
Solution A 
10 w/w% PVA 
10 w/w% TiO2 
pH = 7.0 
Aggl% = 18.7 w/w% 
Drying Force = 18 kPa 
Spray rate = 24 g/min 
Aggl% = 16.4 w/w% 
Drying Force = 18 kPa 
Spray rate = 14 g/min 
Solution D 
9 w/w% PVA 
9 w/w% TiO2 
2 w/w% Neodol 23-6.5 
pH = 7.0 
Aggl% = 10.8 w/w% 
Drying Force = 18 kPa 
Spray rate = 24 g/min 
Aggl% = 7.7 w/w% 
Drying Force = 18 kPa 
Spray rate = 14 g/min 
Solution F 
9 w/w% PVA 
9 w/w% TiO2 
2 w/w% Neodol 23-6.5 
pH = 4.0 
Aggl% = 3.9 w/w% 
Drying Force = 18 kPa 
Spray rate = 24 g/min 
Aggl% = 2.7 w/w% 
Drying Force = 18 kPa 
Spray rate = 14 g/min 
 
As observed from the results in table 10-9, the agglomeration tendencies decrease in general 
with decreasing spray rate as it has been observed for all other solutions. Of primary interest 
is the clear effect of replacing some of the PVA/TiO2 with Neodol. Going from solution A to 
solution D, the agglomeration tendency is remarkably reduced by roughly 10 w/w% points or 
60 %. This is a significant reduction and it correlates well with the trends observed from the 
stickiness and viscosity measurements. The effect of reducing pH in the PVA/TiO2/Neodol 
system is clearly observed from table 10-9. In fact the reduction in agglomeration tendency is 
roughly 5 w/w% points just by reducing pH from 7 to 4. As a support for this observation, the 
effect of reducing pH is similar to the effect on agglomeration for a simple PVA/TiO2 
Chapter 10.  
 
294 
solution observed in the test of the influence of pH. Interestingly, by substituting some of the 
PVA/TiO2 with Neodol and further reduce pH to 4 it is possible to reduce the tendency of 
agglomeration significantly. The agglomeration tendency of 3.9 w/w% in table 10-9 is fairly 
close to the agglomeration percentage of 0.9 w/w% observed for the sodium sulphate solution 
in the test of the bulk viscosity, processed under identical conditions. Notably, this is achieved 
even though the bulk viscosity of solution F is roughly six times the bulk viscosity of the 
sodium sulphate solution. This further supports the previous conclusion that it is the stickiness 
and the time length to reach complete solvent evaporation and zero stickiness, and not the 
bulk viscosity of a sprayed coating solution, which is important for the tendency of 
agglomeration.  
 
On the basis of the test results it may be concluded that there is a significant effect of 
replacing PVA/TiO2 in equal amounts by a lubricant as Neodol. The reduced stickiness effect 
of lowering the pH to a value far from the isoelectric point can also be beneficially exploited 
in a PVA/TiO2/Neodol system. In terms of this, the tendency of agglomeration for a 
PVA/TiO2/Neodol coating process can be reduced to a level close to the tendency of 
agglomeration for a sodium sulphate coating process, processed under similar conditions. 
 
10.6. The tack Stokes number  
 
Returning to the viscous Stokes theory, the conclusions from the experiments, especially 
regarding the viscosity and stickiness, may be used to suggest a modification to the original 
viscous Stokes number. Instead of defining Stv on the basis of the viscous energy dissipated in 
the liquid bridge, the suggestion is to define a new tack Stokes number, Sttack, on the basis of 
tack work measured in the probe tack test. Analogously to the original viscous Stokes number, 
the new tack Stokes number relates the initial kinetic energy of the colliding particles to the 
energy (work) required to separate the particles upon rebound. However, the separation 
energy is suggested to be related not to viscous, but to tack-related forces. If the kinetic 
energy is larger than the work done by the tack force, separation between the particles will 
occur. Otherwise permanent agglomeration will be the result. 
 
For most materials it would be reasonable to believe that the liquid contact area between the 
rebounding particles will be reduced significantly with separation distance until the maximum 
tack force is reached and liquid bridge breakage occurs. Such effects are often related to fibril 
elongation and are often observed with engineering materials including some polymers 
(Christensen, 1998). In that case it would be erroneous to relate the maximum tack force 
simply to initial wetted area. For pressure sensitive adhesives, however, elongation at 
maximum stress is typically far less than 50 % of the initial sample length (Ukei et al., 2005). 
This means that upon strain it is reasonable to assume that pressure sensitive adhesives 
rapidly reach the maximum break force without a significant reduction in contact area in a 
simple Hooks law manner. This “Velcro effect” observed with PVA/TiO2 solutions is 
believed to result from the fact that bonding with pressure sensitive adhesives is a local 
surface phenomena where only polymer chains present at the surface entangle with the 
surface of the contact material. Assuming that this behaviour is also the case for the 
PVA/TiO2 coating solutions, the suggestion is to define the tack energy as: 
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Assuming that the tack force increases linearly from zero to the maximum, the first integral in 
equation 10.8 can be approximated by the second integral using trapezoid integration. The 
maximum tack force is treated as a constant, and the factor of ½ ensures that an average value 
is used to calculate the work to reach maximum tack. Defining the maximum tack energy 
according to equation 10.8 assumes that it requires only a separation distance of κ·(hliq-hasp) to 
reach the maximum tack and thereby the distance where breakage of the liquid bridge occurs.  
 
The factor κ accounts for the fact that tack work is not the maximum tack force times the full 
liquid thickness hliq-ha but rather the work done over a somewhat smaller length. This is due 
to the assumption that tack is a surface phenomenon and not a bulk phenomenon. According 
to the estimations by Ukei et al. (2005) the largest chance of liquid bridge breakage will occur 
at a distance between 30 – 50% of hliq-hasp depending on the type of adhesive. In this work a 
factor κ of 0.45 has been chosen. A value of 1 has also been tested giving only little deviation, 
so this is not a critical parameter. Based on these assumptions the modified Stokes number is 
suggested to be defined as: 
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where φ is a correction factor suggested to be the ratio between the collision velocity u0 times 
the wetted area of the liquid bridge contact point, Aliq,wet, and the probe test speed used to 
measure the tack, utest, times the tack probe contact area Acon according to: 
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By introducing the correction factor φ it is assumed that the tack force relates linearly to the 
area of contact as well as linearly to the velocity of which two particles collide. Such 
assumptions are reasonable based on previously observed tendencies with pressure sensitive 
adhesives, where it is known that the yield stress of polymers often increase linearly with 
increasing strain rate (Smitthipong et al., 2004 and Christensen, 1998). In order to minimise 
the influence of φ, the probe test speed should be chosen as close to u0 as possible. 
 
In order to estimate the liquid layer thickness hliq, contact angles are needed. The contact 
angles were measured in the present study by dispersing 6.00 µL of coating solution onto a 
special glass plate and then measure the contact angle using the OCA-20 software interface 
(see also chapter five). The contact angles were measured at 45 ºC between the coating 
solutions and a non-porous glass plate. Due to the hygroscopic and porous nature of the 
sodium sulphate cores it was not possible to measure the contact angles between the coating 
solutions and the core material. As a reference, the contact angle for pure demineralised water 
was measured to be 40.81º indicating that the glass plate is quite hydrophilic, hereby 
resembling well the sodium sulphate core surface. 
 
Measured contact angles for the seven coating solutions may be seen from table 10-10. As 
observable from table 10-10 and figure 10.25, in comparison with previously presented data 
tables and figures, the measured contact angles correlate well with the measured 
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agglomeration tendencies and stickiness etc., as the best wetting is observed for solution D 
and F. It appears as if Neodol significantly aids the droplet spreading and reduces the contact 
angle. Interestingly, solution A and G have almost similar contact angles although being 
otherwise quite different with respect to viscosity, stickiness etc. as previously presented.  
 
Table 10-10. Measured contact angles between the coating solutions and a non-porous glass plate. Data 
obtained with the use of a DataPhysics OCA-20 video-based contact angle meter (see also chapter five).  
 Measured contact angle 
Solution A 
10 w/w% PVA, 10 w/w% TiO2 
pH = 7.0 
57.10 º 
Solution B 
10 w/w% PVA, 10 w/w% TiO2 
pH = 4.0 
51.73 º 
Solution C 
10 w/w% PVA, 10 w/w% TiO2 
pH = 10.0 
73.96 º 
Solution D 
9 w/w% PVA, 9 w/w% TiO2, 
2 w/w% Neodol 23-6.5 
pH = 7.0 
34.24 º 
Solution E 
2 w/w% PVA, 2 w/w% TiO2 
pH = 7.2 
41.50 º 
Solution F 
9 w/w% PVA, 9 w/w% TiO2, 
2 w/w% Neodol 23-6.5 
pH = 4.0 
31.74 º 
Solution G 
15 w/w% Na2SO4,  
1 w/w% Dextrin 
pH = 7.1 
56.59 º 
 
 
 
Figure 10.25: Examples of contact angles of: Top left) Solution C; Top right) Solution B;  
Bottom) Solution F. The diameter of the syringe cylinder is 1.6 mm. 
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Values for parameters e and hasp, needed for the calculation of the critical viscous Stokes 
number (valid as reference for the original viscous Stokes number only), were adapted for the 
given core materials from Hede (2005). Values for hliq were estimated from the following 
equations adapted from Clarke et al. (2005) and Thielmann et al., (2007): 
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where Vdr is the volume of a single droplet, θ is the contact angle and Aliq,wet is the wetted 
area. Assuming monodisperse droplets with diameters of d32, equation 2.3 (see chapter two) 
were used to determine the Sauter mean droplet diameter for the given coating conditions. 
The collision velocity u0 should ideally be represented by a distribution of velocities, but 
similar to the model by Ennis et al. (1991), an average collision velocity for a fluid bed is 
estimated with the use of equation 3.12 (see chapter three). 
 
Similarly to the original viscous Stokes number a critical viscous Stokes number is needed as 
a cut-off value between agglomeration and no agglomeration. The original critical viscous 
Stokes number given by equation 10.6 cannot be used for comparison with the tack Stokes 
number as it is derived on the basis of viscous dissipation. Instead another expression is 
needed. Following the definition of the tack Stokes number in equation 10.9, the result of wet 
particle collision will be agglomeration if the tack work is larger than the initial kinetic energy 
(Sttack < 1), and vice versa, no agglomeration will be the result if Sttack > 1. Hence, the critical 
tack Stokes number can be represented simply be 1. 
 
In order to compare the viscous Stokes theory with the tack Stokes theory the parameters 
were made dimensionless with respect to the related critical Stokes number according to 
equation 10.12 and 10.13. This was done in order to be able to compare the two Stokes 
approaches in a similar and fair manner. A simple comparison of Stv-Stv
* with Sttack-1 gives a 
worse fit of the original viscous Stokes theory to a straight line, but makes it difficult to 
compare the performance of the two approaches in a fair manner because the x-axis length 
scales are different. Hence, a comparison using equation 10.12 and 10.13 is a more fair 
option.  
 
   
St
StSt
*
v
*
vv −  (10.12) 
 
and 
 
1
1St tack −  (10.13) 
 
Using equation 10.2 and equation 10.9 respectively, the original and the tack Stokes number 
as well as the critical viscous Stokes number (using equation 10.6) were calculated for all 
coating solutions processed at a Drying Force of 18 kPa and plotted for solutions A – F as 
functions of the resulting agglomeration tendencies according to figure 10.26 and figure 10.27 
using the relations in equation 10.12 and 10.13. For the original viscous Stokes number the 
values for ηliq were chosen not as “time-averaged” viscosities as suggested by Ennis et al. 
(1991), but as the viscosities at which the tack forces were at maximum. This gives a more 
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realistic comparison of the viscous versus the tackiness effects. The calculated viscous Stokes 
numbers for experiments with solution G at a Drying Force of 18 kPa were not included in 
figure 10.26 and figure 10.27 as the theory is known to be less precise when the 
agglomeration percentages approaches zero (Ennis et al., 1991 and Tardos, 2005). Calculated 
values for the difference between Stv and Stv
* for solution G in experiments with 
agglomeration percentages of 1.5 w/w% and less resulted in values in the range of 15 to 35, 
indicating that the viscous Stokes theory based on mean overall values for process and 
formulation variables is less precise for coating conditions near the agglomeration limit. 
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Figure 10.26: The resulting agglomeration percentages obtained in coating experiments for 
solution A, B, C, D, E and F as a function of the relation (Stv - Stv
*
)/ Stv
*
. 
 
Although some scattering is observed in both figures, especially with the low agglomeration 
percentages, the overall tendency is clear from figure 10.26 and figure 10.27, namely that the 
agglomeration tendency increases the larger the difference between the Stokes number and 
the critical Stokes number, in accordance with the theories proposed by Ennis et al. (1991). A 
comparison between the data points in figure 10.26 and figure 10.27 reveals several important 
things. First of all, the tack Stokes number appears to predict the agglomeration tendency 
almost linearly across the entire range with a trend line having an R2 value close to 1. This   
R2 value refers to the data points adaption to the {(0, 0) ; (-1, 100)} line and thus not to a best 
linear fit.  
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R2 = 0.9010
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Figure 10.27: The resulting agglomeration percentages obtained in coating experiments for  
solution A, B, C, D, E and F as a function of the relation (Sttack - 1)/ 1. 
 
Similarly, the R2 value for the viscous Stokes numbers is as low as 0.65 with many of the 
points below the straight line. For the original viscous Stokes number it appears as if there is 
no apparent linear relation between the agglomeration tendency and (Stv – Stv
*) / Stv
*. 
Secondly, the tack relation appears to be capable of predicting the agglomeration tendency 
equally well whether the tendency of agglomeration is high or low. Being a simple theory 
based on average values for a range of process parameters such as droplet diameter, droplet 
volume, tack force, collision velocity and more, the tack Stokes number appears to be capable 
of providing improved first guidelines for the outcome of the fluid bed coating process in 
terms of agglomeration tendency. The observed good linearity is promising with respect to 
implementing the tack Stokes number in granulation models. Predicting the agglomeration 
tendency using either the tack or the original viscous Stokes number will in any case require 
a-priori measurements of, respectively, the tack force or viscosity. Tack gives better estimates 
of the agglomeration tendency, but at the cost of more experimental work, as tack 
measurement is not yet a standard technique as is the measurement of viscosity. 
 
In order to investigate the influence of the choice of viscosity for the calculation of the 
original viscous Stokes number, the bulk viscosity values adapted from figure 10.7, 10.14 and 
10.21 at 60 ºC were inserted in equation 10.3. These values are the lowest viscosity values of 
what coating droplet experience during their lifetime, but interestingly the resulting tendency 
from the use of these new Fvis values followed closely the one observed in figure 10.26. The 
viscous Stokes number obviously increased with decreasing viscosity, but the difference 
between the viscous Stokes number and the critical viscous Stokes number remained more or 
less unaffected. This is due to the fact that with the tested core material and the tested process 
conditions, the values of the critical viscous Stokes numbers Stv
* are significantly higher than 
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the calculated Stv numbers. This indicates that with particles coated with thin liquid layers of 
polymers, it is not the viscous forces in the droplet bulk phase that are of major importance, 
but rather the phenomena on the coating layer surface, which are measured well in the probe 
tack test. If, however, process conditions were chosen differently from the ones in the present 
study or if e.g. the core materials were non-porous glass ballotini cores without significant 
surface asperities and/or surface pores, the liquid layer thickness could be larger than in the 
present study, meaning that the viscous forces could dominate over the tack surface forces 
with respect to agglomeration. Under such conditions, it is likely that the original viscous 
Stokes number would be a better way of predicting the agglomeration tendency than the tack 
Stokes number. The tack Stokes number is thus not likely to always be a better way of 
predicting the agglomeration tendency. Whether it is the viscous or tack forces that dominate 
with respect to agglomeration appears to depend especially on the liquid layer thickness and 
the type of coating material (e.g. polymer or inorganic salt coating). 
 
10.7. Summary and conclusion 
 
In the pursuit of finding the causes why polymer and inorganic salt solutions cannot be 
processed under similar fluid bed process conditions in order to result in similar tendencies of 
agglomeration, a number of detailed studies were carried out in order to optimise process and 
formulation conditions. Experimental studies were based on theories originating from 
previous experience and theoretical knowledge found in literature.  
 
Although the agglomeration tendencies for salt coating as well as for PVA/TiO2 coating 
processes indeed distributed well in categorical bands in agglomeration regime maps, the first 
test results indicated that the agglomeration tendencies were not similar for the two coating 
formulations for identical process conditions. Whereas the agglomeration tendency for the 
sodium sulphate solution was low (< 5 w/w%) for a broad range of coating solution spray 
rates and Drying Force values, it was not possible to determine a range where the 
agglomeration tendency is below 10 w/w% for the PVA/TiO2 solution. Furthermore, the 
second best 10-20 w/w% agglomeration range for the PVA/TiO2 solution was very narrow. 
The studies with different values of the Drying Force and spray rates led to an important 
conclusion: Namely that the two types of coatings are not equally affected by the spray rate 
and the Drying Force conditions. The Drying Force combining the bed temperature and 
bed/outlet humidity is of major importance for the tendency of agglomeration during the salt 
coating process, and the tendency of agglomeration may well be controlled in terms of these 
two parameters alone, in accordance with results by Hede et al. (2008b). For the PVA/TiO2 
solution, however, the correct choice of the Drying Force and spray conditions may be seen as 
a prerequisite, but is not sufficient to control agglomeration. There are in other words no 
apparent combinations of the two parameters for completely avoiding agglomeration for the 
PVA/TiO2 solution. Other parameters must additionally come in to play. 
 
Testing the effect of the bulk viscosity revealed that it is not the bulk viscosity of a coating 
solution that has the primary importance regarding the tendency of agglomeration, but rather 
that it is the maximum possible stickiness during coating solution solvent evaporation and the 
length of the stickiness period that is important. Furthermore, the stickiness may not be 
correlated directly with bulk viscosity. In the comparison of two different coating 
formulations it is thereby impossible to predict the tendency of agglomeration based on the 
bulk viscosities alone. In accordance with previous studies by Hede (2005), it was observed 
on the other hand, that the bulk viscosity indeed plays an important role regarding the degree 
of droplet penetration into the core particle and the morphology of the outer coating layer. As 
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the coating solution bulk viscosity increased, the level of droplet penetration decreased and 
the final coating layer became increasingly rough and raspberry-like.  
 
Following previous studies by Schæfer & Wørts (1977) and Hede et al. (2008a,b) it was 
further observed how similar mean droplet diameters for the two coating solutions (salt and 
PVA/TiO2) did not result in similar agglomeration tendencies. It was, however, observed how 
the tendency of agglomeration clearly decreased as the mean droplet diameter decreased, but 
also that the two types of coating solutions responded differently in the tendency of 
agglomeration for identical droplet diameters, i.e. the PVA/TiO2 solution responded clearly 
with an increased agglomeration percentage upon a small increase in the mean droplet 
diameter, whereas the agglomeration tendency for the salt solution was hardly affected in the 
tested range of the mean droplet diameters. This indicates once again, in accordance with 
qualitative studies by Neidel (2007), that the coating process with salt coatings is far less 
sensitive towards agglomeration than polymer coating processes.  
 
The colloidal phenomena in the PVA/TiO2 solution were additionally studied, and it was 
observed how the viscosity, stickiness, time length of stickiness and agglomeration tendency 
all could be reduced by reducing the pH to a value far from the isoelectric point. The results 
were in close agreement with previous studies by Chu et al. (2007) indicating that for coating 
processes with PVA/TiO2 solutions, pH should be close to 4. The reduction in pH would most 
likely also be beneficial regarding the use of a coated enzyme granule for detergent 
applications as a low pH is known to improve the enzyme stability (van Ee et al., 1997).  
 
The test of additives clearly indicated the advantages of replacing equal amounts of 
PVA/TiO2 with Neodol. By replacing 1/10 of the PVA and an equal amount of the TiO2 with 
Neodol, the resulting agglomeration tendency could be reduced by roughly 10 w/w% points. 
The results furthermore revealed that colloidal phenomena in the PVA/TiO2 solution were not 
significantly affected by the introduction of Neodol. By reducing pH to 4 in the 
PVA/TiO2/Neodol system, it was finally possible to arrive at an agglomeration tendency 
below 5 w/w%, and thus within range of the agglomeration tendency for a salt solution 
coating process processed under similar conditions. 
 
In conclusion, the polymer coating process is much more sensitive towars agglomeration than 
the process of coating with inorganic salt solutions. First of all, the tendency of agglomeration 
cannot be avoided in terms of proper choices for the process parameters alone. Correct 
choices of process conditions are even so still important as there is only a narrow regime in 
which there is a possibility that the agglomeration tendency can be kept low. Most likely, this 
regime is different for each type of polymer in solution as properties such as glass transition 
temperature, molecular weight and degree of hydrolysis most likely also play a role. The 
influence of these properties were, however, not tested in the present study, but have been 
tested by others (Arnold et al., 1993). The polymer coating formulation is of primary 
importance for the agglomeration tendency. The fact that a polymer solution with dispersed 
inorganic particles constitutes a colloidal system requires knowledge of surface and 
electrostatic phenomena for the correct optimisation of the formulation. This also means that 
the correct preparation (order of dispersion, temperature range, stirring, correct heating 
ramping etc.) of the coating solution is of importance. The strict requirements for correct 
choices of process and formulation properties all together clearly make the polymer coating 
process a challenging exercise.  
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The introduction of a tack Stokes number combining particle properties and fluidisation 
conditions with the maximum tack force was observed to result in a parameter relationship 
capable of providing improved first guidelines for the indication of agglomeration tendency 
during the polymer fluid bed coating, in comparison to the original viscous Stokes number. It 
appears that defining the Stokes number based on viscous forces will lead to erroneous 
prediction of the agglomeration tendency in cases with fluid bed coating conditions as the 
ones tested in this paper. A possible reason is the influence of the liquid layer thickness. In the 
polymer fluid bed coating process the liquid layer is very thin, meaning that any 
agglomeration tendency is due primarily to liquid surface phenomena and not due to bulk 
viscous phenomena. These surface phenomena appears to be well predicted by the probe tack 
test giving reasons to believe that the tack Stokes number is a better way to predict the 
agglomeration tendency for the polymer coating systems tested in this paper. In any case the 
Stokes theory does, however, not take into account the clear effect of the Drying Force also 
observed in the present paper, but for the comparison of coating processes processed under 
similar Drying Force values, the practical and simple yet intuitive principle of the tack Stokes 
number appears to be a useful first principle. The observed proportionality between (Sttack - 
1)/1 and the agglomeration tendency is a promising feature of the modification to the original 
viscous Stokes number also in a modelling perspective. Even so, more results are needed for a 
full validation of the tack Stokes number, but the results in the present paper have clearly 
showed that it is possible to address the polymer coating process quantitatively, and thus be 
able to reduce the agglomeration tendency to an acceptable level at the same time having a 
coating process of high intensity. 
 
10.8. Appendix: Derivation of the viscous Stokes numbers 
 
Consider two individual spherical granules with masses and radiuses m1, r1 and m2, r2 
respectively, as indicated in figure 3.6 (please refer to chapter three). Assuming that the two 
granules are approaching one another at an initial relative velocity of 2u0 and that each are 
covered with a coating layer thickness hliq. As the individual liquid layers come into contact, a 
dynamic pendular bridge will form between the colliding granules now separated by a gap of 
distance 2hliq. For sufficiently large liquid viscosity, the bridge will dissipate the relative 
kinetic energy of the colliding granules preventing rebound. To determine the minimum 
velocity required for particle rebound, a force balance on an individual granule can be 
considered. Ignoring the effect of capillary forces and assuming creep flow between the two 
granules, the force balance equation of motion (Newton’s second law) for the approach stage 
can be expressed as: 
 
x
1
dt
dx
rηπ
2
3
dt
du
m 2harmliqharm ⋅⋅=  (A.1) 
 
where x is half of the dimensional gap distance at a given time t and mharm and rharm are the 
harmonic mean mass and radius for the unequal granules given by: 
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A solution to equation A.1 can easily be obtained by integrating the left side between u0 and 
u, and the right side between hliq and x. The solution can be expressed as: 
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where Stv is the viscous Stokes number given by: 
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Assuming that the granules have an equal density of ρg and that they are spherical, one may 
assume: 
 
g
3
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4
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and by insertion into equation A.4 one finally ends at: 
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For rebound of the colliding granules to occur, the Stokes number must exceed a critical value 
of Stv
*. With the initial velocity of u0, let the velocity of the colliding granule upon reaching a 
distance of hasp be uasp, where hasp represents a characteristic length scale of surface asperities. 
The initial rebound velocity is then e⋅uasp where e is the particle coefficient of restitution with 
the presence of the coating layer. Realising that the granule velocity u is a scalar velocity and 
thereby a sign-depend parameter (for the rebound u is decreased as x increases, whereas 
during approach u decreases as x decreases), the situation of the two granules colliding and 
afterwards rebounding can be split up into two situations analogously to equation A.1: 
 
Approach: 
x
1
dt
dx
rηπ
2
3
dt
du
m 2harmliqharm ⋅⋅=  (A.7) 
 
with the boundary 
conditions: 
at  t = 0 : x = hliq and u = u0 
 and at:  t = t1 : x = hasp and u = uasp 
 
 
Rebound: 
x
1
dt
dx
rηπ
2
3
dt
du
m 2harmliqharm ⋅⋅=−  (A.8) 
 
with the boundary 
conditions: 
at  t = t1:  x = hasp and u = e⋅uasp 
 and at:  t = t2 : x = hliq and u = 0 
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By integrating equation A.7 between its boundaries one achieves: 
 
asp
liq2
harmliq0aspharm h
h
lnrηπ
2
3
)u(um ⋅⋅⋅−=−  (A.9) 
 
Analogously, one achieves by integration of equation A.8 between its boundaries: 
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and by insertion of equation A.10 into equation A.9 one achieves: 
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Dividing by the right-hand side and multiplying and dividing with u0 in the left-hand side of 
equation A.11, one finds the critical condition for the fraction between the kinetic energy and 
the viscous dissipation energy for which agglomeration begins: 
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(A.12) 
 
By exploiting the result in equation A.4 one finds that the Stokes number exactly at the 
beginning of agglomeration is given by: 
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10.9. Table of symbols 
 
Symbols 
 
Unit 
Aliq,wet  The wetted area m
2 
Acon Area of contact m
2 
d32  The mean Sauter mean droplet diameter µm 
dp Particle diameter µm  
e Particle coefficient of restitution  Dimensionless 
F Force kg·m/s2 
Fmax(tack) The maximum (peak) tack force measured in a probe tack 
test 
kg·m/s2 
Fvis Viscous force kg·m/s
2 
hasp Characteristic height of particle surface asperities m 
hliq Coating liquid layer thickness covering colliding granules m 
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m1, m2 Mass of granule 1 and 2, respectively kg  
mharm Harmonic mean particle mass kg 
r1, r2 Radius of granule 1 and 2, respectively µm 
rharm Harmonic mean particle radius m 
s Distance  m 
Sttack Tack Stokes number Dimensionless 
Stv Viscous Stokes number Dimensionless 
Stv
* Critical viscous Stokes number Dimensionless 
t Time  s 
u Velocity  m/s 
uasp Granule rebound velocity m/s 
u0 Initial granule collision velocity m/s 
utest Test speed for the probe tack test m/s 
vsep Separation rate m/s 
Vdr Droplet volume m
3 
Wadhesion Work of adhesion  kg/s
2 
x Length coordinate m 
   
Greek   
   
ηbulk Bulk viscosity  Centipoises 
ηliq  Coating solution viscosity  Centipoises 
θ Contact angle ° 
κ Dimensionless factor Dimensionless 
π Pi  Dimensionless 
ρg Granule density  kg/m
3 
φ Correction factor Dimensionless 
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Chapter introduction  
 
Chapter eleven contains the general conclusion for the thesis. The chapter discusses the 
results and conclusions of the previous chapters. The research work results are combined into 
perspective hereby providing an overview of the thesis and the implications of the obtained 
results. 
 
11. Thesis conclusion 
 
The top-spray batch fluid bed coating process has been investigated with respect to process 
and product optimisation as well as scale-up. The focus has been primarily on agglomeration 
tendency as well as the mechanical strength and morphology of the coating layer, aiming at 
obtaining a fundamental understanding of the phenomena and variables influencing these 
topics. In continuation of this, the objective has been to study and apply selected 
mathematical models and approaches in order to validate their capabilities and limitations. 
Taking its origin in industrial enzyme fluid bed coating processes, the research work has 
focussed on two of the most common types of coating processes; coating with aqueous 
inorganic salt solutions (exemplified in terms of aqueous solutions of sodium sulphate) and 
coating with aqueous solutions of polymers (exemplified in terms of aqueous solutions of 
PVA with dispersed TiO2 particles). Coating experiments have been carried out in three pilot-
scale fluid beds ranging from a bed load of 0.5 kg (small-scale) to 4 kg (medium-scale) and 
24 kg (large-scale).   
 
The limitations and capabilities of black-box statistical data-driven models were tested in the 
first part of the experimental research work involving a simple double unreplicated               
24-1 fractional factor design. This was applied on small-scale coating experiments in order to 
test the influence of the fluidisation velocity, atomisation air pressure, coating solution dry-
matter concentration and bed temperature on two response parameters being agglomeration 
tendency and impact strength of salt coated sodium sulphate cores. The derived 
agglomeration model indicated decreasing agglomeration tendency with increasing coating 
solution dry-matter concentration and atomisation air pressure. This is explained by the fact 
that increasing atomisation air pressure produces smaller droplets. Smaller droplets combined 
with less solvent in each droplet to be evaporated means that the droplets are wet for shorter 
time hereby reducing the chance of agglomeration. The study further indicated that there is no 
apparent contradiction between low tendency of agglomeration and high granule impact 
strength. The derived impact strength model indicated increasing strength with increasing 
coating solution dry-matter concentration, atomisation air pressure and bed temperature. A 
reasonable theory is that depleted coating droplets with high dry-matter contents form solid 
salt bridges inside the pores of the core particles upon drying, and that this will improve the 
impact stress resistance of the final coated granule. This was partly verified by porosity 
measurements indicating a decrease in final coated granule porosity with increasing coating 
solution dry-matter contents. For standard sodium sulphate coating experiments the degree of 
droplet penetration into the core particles was observed to be significant although droplet 
penetration was observed to decrease with increasing coating solution bulk viscosity. The 
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coating layer morphology was further observed to be increasingly rough and raspberry-like 
with increasing viscosity. 
 
In conclusion, the black-box statistical model approach may be a good approach initially in an 
optimisation process in order to get a quick and rough screening of the influence of different 
process and formulation parameters. However, black-box models do not provide any 
fundamental insight into the particle-level phenomena influencing the coating process, and 
they cannot be used outside the parameter space on which they were derived. Further, the 
models are too equipment-specific to be used for scale-up. 
 
Two simple engineering fluid bed coating scale-up principles were tested in salt coating 
experiments being the Flux Number and the Relative Droplet size/Drying Force approach. 
Neither of the two principles automatically specifies all the variables involved in the process, 
and proper choices of e.g. the inlet fluidisation air temperature have to be made. This further 
means that coating experiments are needed to be carried out in order to find the optimal 
choice for the inlet fluidisation temperature.  
 
For the selected values of the variables constituting the Flux Number, experiments showed 
that it is possible to maintain a low tendency of agglomeration and match the particle size 
distribution across the three pilot-scale fluid beds, but only for a very slow coating process 
with significant spray drying loss of the coating solution. It was observed how two coating 
processes with identical Flux Number values could result in completely different 
agglomeration tendencies based on the choice of the variables constituting the Flux Number. 
This is due to the fact that a fixed Flux Number states nothing about temperature and 
humidity conditions inside the bed during processing. Neither does the Flux Number give any 
indication of how the inlet fluidisation air temperature or nozzle pressure should be chosen, 
which is an obvious disadvantage. Balancing the particle flux in the spray zone with the liquid 
spray flux appears in principle to be a sound theoretical approach to control the coating 
process in terms of agglomeration, and the validation of the Flux Number as scale-up 
principle did not discard the principle. Rather, the results indicated that the Flux Number 
alone cannot be used for successful upscaling without selecting the Flux Number variables 
carefully within narrow boundaries. Apparently, the guidelines provided by the inventors of 
the Flux Number are too broad for some of the variables, in all leading to too many possible 
variable combinations for the same Flux Number value. New boundaries have been suggested 
in the present work that are narrower than the ones presented in the original patent. Even so, 
the Flux Number scale-up approach is concluded to be a too simple approach to be used as a 
generic scale-up principle.  
 
With the qualified choices for the variables constituting the Relative Droplet size and Drying 
Force, results showed that it is possible to keep the agglomeration tendency low and at the 
same time match the particle size distribution across the three pilot-scale fluid beds. The 
agglomeration tendency was observed to increase with increasing Relative Droplet size (due 
to larger mean droplet diameters) and with decreasing Drying Force (due to a lower moisture 
evaporation force and thereby more moist particles). It was concluded that scale-up in terms 
of either of the two parameters alone could not be carried out successfully. Only by 
combining the two parameters could the particle size distribution be matched across scale. 
Impact and attrition tests showed that it is possible to produce granules with similar attrition 
and impact strength across fluid bed scale, and that the two types of mechanical properties are 
inversely related. It was observed that a high bed temperature combined with a high 
atomisation air pressure lead to strong and homogenous coating layer structures. Coatings on 
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top of non-porous glass ballotini cores exhibited the best impact strength whereas coatings on 
top of porous sodium sulphate cores were observed to have the best attrition strength. This 
was explained by the difference in coating droplet core penetration.  
 
Following the experimental studies of the salt coating process a lumped-region dynamic heat 
and mass transfer model was set up and implemented into MATLAB allowing simulations of 
the fluidisation air temperature and humidity as well as particle moisture contents and 
temperature. The model is based on two-phase theory for bubbling fluid beds and includes 
detailed heat and mass transfer models as well as heat loss to the surroundings. This simple 
yet versatile model made it possible to simulate previous salt coating experiments and 
furthermore be able to obtain detailed scale-up insight. Good agreement between simulations 
and steady state experimental data was observed for important variables such as the 
fluidisation air outlet temperature and humidity as well as the bed temperature. Simulations 
revealed that the three pilot-scale fluid beds are not significantly different with respect to 
steady state in-bed conditions, and as long as the atomisation air pressure, liquid spray rate 
and fluidisation air velocity (in m/s) are all above certain values, similar inlet fluidisation air 
temperatures will lead to similar low tendencies of agglomeration while the process intensity 
is maintained. This is because such process conditions give similar vertical temperature, 
humidity and Drying Force profiles again leading to similar particle liquid layer thicknesses, 
which in turn causes similar tendency of agglomeration as verified using the viscous Stokes 
theory. Simulations of a 900 kg RICA-TEC production-scale fluid bed revealed that the 
temperature and humidity gradients increase significantly with respect to the pilot-scale beds, 
meaning that the error of measuring a representative bed temperature at one location (as 
typically done industrially) becomes much larger. It hereby becomes erroneous to define and 
fix an overall Drying Force value. The Relative Droplet size may apparently be fixed across 
scale during scale-up, but this requires a significant increase in inlet fluidisation air 
temperature in order to keep out of the agglomeration regime. If the inlet temperature is fixed 
across scale then the spray intensity must be decreased the larger the fluid bed scale in order 
to avoid agglomeration. This is a consequence of the poor mixing and longer particle 
circulation times the higher the fluidised bed is. This illustrates that for similar process 
intensity the coating process becomes increasingly sensitive towards agglomeration the larger 
the fluid bed scale. 
 
The choice of the proper modelling approach obviously depends on the interest and the 
purpose of the model. Both in terms of scale-up and when optimal conditions are to be found 
for any fluid bed scale, combination of the viscous Stokes theory and particle liquid layer 
thickness profiles obtained from simulations is concluded to be a strong and versatile tool. 
Although requiring a heat and mass transfer model, as the one presented in the present work, 
this optimisation principle is scientifically valid as it is based on thermodynamics, and a 
generic first-principle particle-level model as the viscous Stokes theory. Contrary to the Flux 
Number or Drying Force/Relative Droplet approach, this scale-up principle does not have any 
independent variables and all fluid bed process settings can be determined a-priori at any 
scale. Alternatively, more detailed particle-level models could serve as guidelines for how 
different variables and properties affect the coating process in detail, but models at this scale 
cannot be used to predict the outcome at the macro-level (unit-operation scale). Modelling 
approaches in terms of advanced hydrodynamic and population balance models are concluded 
not to be useful approaches in a scale-up or process-control context due to problems related to 
the mathematical capabilities, limitations and solution techniques as well as potential 
problems of validating the models with experimental data. In that sense, the lumped-region 
modelling approach is concluded to be the most versatile and obvious choice. A clear 
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advantage with this approach is that the model can be continuously expanded to include 
further details, and elements from other modelling techniques may be implemented in such 
lumped-region models. 
 
With the obtained results and experience with the salt coating process, focus was next turned 
toward more complex coatings. The PVA/TiO2 coating process was studied in the pursuit of 
finding the causes why polymer and inorganic salt solutions cannot be processed under 
similar fluid bed process conditions without resulting in significantly different agglomeration 
tendencies. Fluid bed coating experiments with different values of the Drying Force and the 
liquid spray rate indicated that the PVA/TiO2 coating process is much more sensitive towards 
agglomeration under similar thermodynamic and spray conditions. Detailed studies indicated 
that such differences do not arise solely from differences in coating solution bulk viscosity or 
from differences in mean droplet diameters. Rather, the different behaviour results from 
differences in stickiness (tack) measured in terms of a probe tack tester developed for the 
purpose. Realising that the PVA/TiO2 coating solution is a colloidal dispersion of TiO2 
particles this was made use of to suppress the tendency of agglomeration by substituting some 
of the PVA/TiO2 with lubricant and plasticizer in the form of Neodol 23-6.5, and further 
reduce pH to a value far from the isoelectric point. In terms of this it was shown possible to 
arrive at a low agglomeration tendency within range of the agglomeration tendency for a salt 
solution coating process processed under similar conditions.  
 
Based on the experimental work with the polymer coating solutions a new tack Stokes 
number was introduced for the polymer coating process based on the work needed to reach 
maximum tack (above which breakage occurs) in the probe tack test instead of the viscous 
dissipation energy used in the traditional viscous Stokes number. The new tack Stokes 
number correlates well with observed levels of agglomeration, and as a promising feature, 
proportionality is observed between the agglomeration weight percentages and the new tack 
Stokes number. The better performance of the tack Stokes number was explained by the 
influence of the liquid layer thickness. In the polymer fluid bed coating process the liquid 
layer is very thin and sticky, meaning that agglomeration is primarily due to liquid surface 
phenomena rather than due to bulk viscous phenomena. Such surface phenomena are well 
predicted by the probe tack test giving reasons to believe that the tack Stokes number is a 
better way to predict the agglomeration tendency for the polymer coating systems tested in the 
research work. An important conclusion from the PVA/TiO2 studies is that the optimisation of 
a fluid bed coating process should focus also on the coating solution formulation besides 
focussing on process-related variables. 
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Chapter 12. Engineering guidelines  
 
 
Chapter introduction  
 
Chapter twelve provides simple engineering guidelines and considerations for the scale-up 
and process optimisation of the top-spray batch fluid bed coating process. The chapter 
contains short discussions of the implications of the results obtained in the research work in a 
broad perspective. Such implications necessarily have a character of being general trends and 
comments rather than unambiguous guidelines. They are nevertheless relevant for future 
process optimisation and scale-up of the top-spray batch fluid bed coating process. The 
chapter is finally ended with a section concerning suggestions for future work 
 
12. Engineering guidelines and general optimisation issues 
 
The top-spray configuration is the oldest and simplest fluid bed coating set-up. In an overall 
perspective, it appears intuitively contradictory to introduce coating solution at the opposite 
end of where the fluidisation air drying capacity is largest. In this set-up the temperature will 
decrease vertically up through the bed while the humidity increases. In terms of this it is not 
surprisingly to find good arguments in the literature why the top-spray fluid bed coater should 
be replaced with bottom-spray systems such as the Wurster fluid bed. Results from the 
present research work support such arguments, as the coating layer morphology and 
mechanical strength is observed to be better if the core particles are coated with many small 
droplets that dry fast enough to produce amorphous coating layer structures primarily. Such a 
coating condition is easier to obtain in a bottom-spray fluid bed, where the droplets are 
introduced where the fluidisation air is hottest. The degree of premature droplet spray drying 
is also lower in the bottom-spray configuration hereby increasing the coating efficiency. In 
spite of this, new top-spray fluid beds are still being designed for industrial coating 
operations, mainly because of simplicity both in design and operation, as well as the fact that 
the principle works sufficiently well for many coating applications. In terms of this it makes 
good sense to continue to optimise the top-spray fluid bed configuration for coating purposes.  
 
The core material is an important parameter for the coating process outcome. Especially the 
porosity of the core particles have been observed to be of primary importance for the 
morphology and mechanical strength of the final coating layer. Coating droplet penetration 
into the core particle is typically much faster than the droplet drying time, depending of the 
coating solution properties and the droplet diameters with respect to the core particle pore 
diameters. This means that under most of the coating conditions studied in the present work, 
droplet penetration has been observed to be significant. Whereas this is beneficial in terms of 
mechanical strength and morphology, it may be a potential problem with certain heat and 
moisture sensitive active ingredients. Enzyme-containing core particles e.g. are known to lose 
activity if they are exposed to high levels of moisture during coating. In such situations it may 
be beneficial to try to reduce the porosity of the core particle prior to coating, or to optimise 
the coating solution properties in order to suppress droplet penetration.   
 
 
Chapter 12. 
 
318 
The coating solution properties are important for the agglomeration tendency and the quality 
of the coating layer in general, and two different coating solutions cannot be expected to be 
successfully processed under similar conditions. Both process and coating solution 
optimisation should be carried out with respect to the coating solution characteristics. 
Inorganic salt coating processes, where the solute goes from solution to solid state 
instantaneously, appears to be the easiest to process without much attention to the coating 
solution formulation. The agglomeration tendency during coating as well as the final granule 
properties including morphology and mechanical strength are, however, affected by the 
coating solution dry-matter contents. With the coating solution salt concentrations tested in 
the present research work, it appears that the mechanical strength will improve if the dry-
matter concentration in the coating solution increases. This will at the same time decrease the 
agglomeration tendency.  
 
Other more advanced polymer coating solutions are more difficult to process as the polymer 
typically has a long transition time from solution to solid state during which it remains sticky. 
Optimisations of such sticky coating solutions, in order to reduce the coating solution 
stickiness and contact angle with the core particles, will often be beneficial. Such 
modifications could include the addition of e.g. filler particles, lubricants, surfactants and/or 
plasticizers as well as pH changes etc. An often overseen problem with difficult coating 
solutions is the way the solutions are being prepared, and many apparent process-related 
problems result from improper coating solution preparation. Many polymers are sensitive 
towards the way they are kept and brought into solution, and often careful and extensive 
measures are needed before the coating process may begin. 
 
Process and operating conditions related to the nozzle appear to be perhaps the most critical 
part of the coating process. Not just the nozzle design and position with respect to the 
fluidisation air distribution plate are important, also the implication of the nozzle pressure, i.e. 
the atomisation airflow, is vital for the outcome of the process. All results point toward the 
advantage of a high atomisation airflow as this will distribute the coating droplets far into the 
fluidised bed in vertical direction. This will to some extent suppress any potentially high 
vertical temperature and humidity gradients. In order to avoid high local particle moisture 
contents the spray zone should apparently take up more than 50 % of the expanded bed 
height. This is normally achieved in small pilot-scale fluid beds, but not in larger scales. In 
order to achieve better coating processes in large scale, it is suggested to decrease the distance 
between the air distributor plate and the nozzle outlet or perhaps insert nozzles at different 
vertical positions in the chamber, hereby expanding the vertical extension of the spray zone. 
Further, a high atomisation airflow has the advantages of ensuring good atomisation of the 
coating solution with uniform small droplet sizes to the largest possible extent. Small droplets 
apparently help to reduce the tendency of agglomeration and to improve the mechanical 
strength of the coating layer (i.e. it gives an amorphous, compact and homogenous coating 
layer), although small droplets also increase the chance of droplet spray drying loss and 
sometimes decrease the coating layer homogeneity. In all, the nozzle is a sensitive part of the 
coating system, and it should be operated carefully and kept fixed during the entire coating 
process as even minor changes in nozzle operation may have major effects on the process 
outcome. 
 
The choice of fluidisation velocity should ideally be balanced between two things: The 
elutriation of the particles due to velocities exceeding the terminal velocity, and the 
acceptable level of particle/coating layer attrition and breakage. Depending on the type and 
quality of the granular product, it may most likely be optimal to operate the fluid bed in the 
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high end of this range close to the terminal velocity of the smallest of the core particle 
fractions. This will optimise the drying and fluidisation capacity. A high fluidisation velocity 
has also the advantage that it causes high particle collision velocities hereby helping to reduce 
the tendency of agglomeration for a given liquid spray rate.  
 
When processing heat-sensitive products the choice of the bed temperature and the inlet 
fluidisation air temperature should be balanced between the agglomeration limit and the 
temperature at which the degree of deactivation of the heat-sensitive ingredient becomes 
unacceptably high. Choosing the bed temperature as low as possible (for a given inlet 
fluidisation air temperature, i.e. maximising the temperature difference ∆T = Tinlet - Tbed) will 
ensure the maximum process intensity and the shortest possible coating time. This will, 
however, maximize the vertical moisture and temperature gradients through the bed, and 
thereby increase the chance of agglomeration. Irrespectively of the chosen bed temperature a 
high inlet fluidisation air temperature will always have the largest drying potential, and as 
long as the heat-sensitive ingredient is not deactivated to any unacceptable degree, the inlet 
fluidisation air temperature should be chosen as high as possible in order to optimise the 
process capacity.  
 
The representation of the bed temperature in terms of a single temperature probe located near 
the air distribution plate may only be representative for the temperatures at other vertical 
locations in pilot-scale fluid beds. For larger fluid bed scales such single-point bed 
temperature measurements become increasingly erroneous with increasing scale, due to 
increasing vertical temperature and humidity gradients resulting from large increases in 
expanded particle bed height and poor particle mixing. Even if the temperature probe is 
inserted closer to the nozzle outlet, the measurement error would still remain higher than for 
smaller fluid bed scales. It is suggested not to base process control alone on single-point bed 
temperature measurements in production-scale fluid beds.   
 
The aforementioned guidelines also have implications in terms of future design of fluid bed 
coating equipment. Currently, production-scale equipment is typically much larger in vertical 
size compared to pilot-scale, while the horizontal dimensions are only slightly expanded. This 
results in a significant increase in the expanded particle bed height with scale and leads to 
problems such as large vertical temperature and humidity gradients and long particle cycle 
times. From a fluid bed coating process point of view this scale-up design principle is 
apparently not advantageous as the coating process becomes increasingly sensitive towards 
agglomeration the larger the scale. Furthermore, the granules with the best mechanical 
properties are apparently produced in the smallest fluid bed scales. In order to avoid the these 
problems and to use the advantage of bed homogeneity in the small pilot-scales, it is 
suggested to built upscaled fluid bed equipment by expanding the horizontal dimensions only, 
i.e. in principle to put small-scale fluid beds into series side-by-side. This design principle 
will ensure short particle circulation times, a large relative vertical spray zone as well as small 
vertical temperature and moisture gradients. It will, furthermore, end most problems with 
scale-up as the particles will experience the same process conditions at any scale. Although 
the design of continuous fluid beds in many ways follows this principle, there are, however, a 
number of potential problems that could explain why it is not used in commercial designs of 
batch fluid beds. First of all, the design of large production-scale equipment with similar 
capacities to the present designs would require fluid bed chambers of several meters in 
diameter at the same time having a height of less than one meter. This would give rise to 
mechanical engineering problems in terms of the physical design of the chamber as well as 
the design of the fluidisation inlet air channels and air distributor plate, not to mention most 
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importantly; practical problems with loading/unloading the particle bed. Furthermore, it 
would require more steel to build the equipment as well as larger buildings to house the fluid 
beds than with the present designs.  
 
In all, fluid bed coating process optimisation involves a multi-parameter optimisation problem 
and cannot readily be solved without a proper model that is capable of simulating the coating 
process at the macro-level with the inclusion of a certain degree of particle-level models. In 
terms of scale-up there is probably no simple parameter relationship that simply should be 
kept constant across scale in order to maintain the particle size distribution, agglomeration 
tendency and coating layer properties across scale. Instead each scale should be optimised 
individually with respect to the general guidelines provided above. This could be done in 
terms of a simple heat and mass transfer model as the one presented in this research work. 
The implications of this in an industrial perspective is that pilot-scale trials should be carried 
out in order to optimise and test the granule product properties (e.g. the maximum 
temperature or humidity level without degradation of the active ingredient etc.) and not to 
find proper coating process parameter settings that should be kept constant across fluid bed 
scale. If such product properties can be determined from other techniques than from fluid bed 
coating process trials, the pilot-scale step in industrial production may eventually be skipped. 
 
12.1. Suggestions for future work 
 
Following the conclusion from the obtained research work it seems obvious to suggest to 
continue with the lumped-region modelling approach both in the direction of process 
optimisation and scale-up. The presented model is a one-dimensional discretisation of the 
fluid bed chamber assuming well-mixed behaviour in each control volume. In reality the 
coating solution is not distributed evenly in each control volume, but rather sprayed vertically 
downwards in a cone-shape. An obvious further first step would be to expand the model 
discretisation into three dimensions (or at least into a two-dimensional axisymmetrical model) 
hereby being able to account for the cone-shaped spray patterns as well as differences in 
particle exchange rate with respect to the horizontal position.  
 
Some of the possible further threads that could be taken towards a model optimisation and 
expansion include: 
 
• Implementation of detailed enzyme deactivation kinetics models in order to obtain a 
model that could be used for detailed enzyme coating process optimisation. Such 
models may e.g. be obtained from Differential Scanning Calorimeter (DSC) studies. 
• Implementation of a population balance model accounting for agglomeration, 
breakage and attrition hereby being able to simulate a coating process with a dynamic 
particle size distribution. This would also make it possible to study the coating layer 
distribution with respect to the core particle size distribution. 
• Implementation of a model capable of predicting the droplet size distribution produced 
at the nozzle outlet. This could be applied in order to study possible spray drying 
losses at different process conditions. This could also be expanded with a droplet 
impingement model in order to account for the fact that not all droplets impact core 
particles, but instead end up as spray dried debris. 
• Implementation of detailed particle-level models treating issues such as droplet 
spreading on core particles, droplet core penetration and more. Together with the 
population balance model this would give a more realistic model in terms of 
agglomeration tendency. 
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